City Research Online
City St George’s, University of London

ST GEORGE'S

UNIVERSITY OF LONDON

Citation: Ftenakis, E. S. (1979). Selective oxidation of olefins in stirred gas
fluidised beds. (Unpublished Doctoral thesis, The City University)

This is the accepted version of the paper.

This version of the publication may differ from the final published version. To cite
this item please consult the publisher's version.

Permanent repository link: https://openaccess.city.ac.uk/id/eprint/37564/

Copyright and Reuse: Copyright and Moral Rights remain with the author(s) and/or
copyright holders. Copies of full items can be used for personal research or study,
educational, or not-for-profit purposes without prior permission or charge, unless otherwise
indicated, provided that the authors, title and full bibliographic details are credited, a
hyperlink and/or URL is given for the original metadata page and the content is not changed
in any way. For full details of reuse please refer to City Research Online policy.

City Research Online: http://openaccess.city.ac.uk/ publications@citystgeorges.ac.uk



https://openaccess.city.ac.uk/policies.html
mailto:publications@citystgeorges.ac.uk
http://openaccess.city.ac.uk/

SELECTIVE OXIDATION OF OLEFINS

IN STIRRED GAS FLUIDISED BEDS

by

EMMANUEL .S. FTENAKIS

A thesis is submitted for the
Degree of Doctor of Philosophy
The City University , London

July , 1979



I dedicate this work

<o my family.



ACKNOWLEDGEMENTS

The author would like to express his deep appre-
ciation to his supervisor , Dr L. Mc Grath ,who offered
continuoushelp,encouragement and inspiration at all stages
of the work. I would like also to thank all members of
the Chemistry department who unknowingly influenced the
progress of this research., I am especially grateful to
NN N O D Y A B e ose
comments and suggestions have been a major contribution
in the preparation of this thesis. In addition I express
my graditude to I} I B for his assistance and
technical advice.Finally to all my friends,especially
I EH B, cber of the Mechanical Engineering De-
partment,City University for his valuable discussions on

the various problems associated with the present work.

E. Ftenakis



CHAPTER I.

CHAPTER II.

CHAPTER III.

CHAPTER 1IV.

CHAPTER V.

CHAPTER VI.

CONTENTS

SYNOPSIS:

INTRODUCTION:

LITERATURE SURVEY:

EXPERIMENTAL:

RESULTS:

DISCUSSION:

REFERENCES:

APPENDICES:

Page No

116

155

220

263

279



SYNOPSIS

Experiments in the temperature range 390 % to 537 %
have been carried out for the selective oxidation of propylene
to acrolein and isobutylene to methacrolein quantitatively
in a laboratory scale,shallow fluidised bed of bismuth-molyb-
date catalyst ( particle size 60-80 pm ) ,and the optimum
operating conditions determined. Uniformity of fluidisation
was achieved by use of a stirrer within the catalyst bed. The
minimum fluidisation velocity was derived and oxidation expe-
riments performed at this,and low superficial gas velocities.

Effects of bubble formation on conversion,selectivity
to methacrolein,and yields of the by-products were measured,
Kinetics of the reaction and catalyst studies and their part
in the reactions were investigated., Carbon and oxygen mass

balances were checked in order to determine the experimental

error.
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INTRODUCTION



Since the second world war industrial organic chemistry
has seen two significant changes: completely different base ma-
terials have been used,and a large number of new pro-
ducts have been manufactured. Coal tar, the traditional base
material,has yielded in importance to fractions derived from
petroleum. This means that petrochemistry has become the most
important part of industrial chemistry. The consumption of
petroleum oil has increased tremendously during the last two
decades (1), this increase being not only due to the use of oil
as the main source of energy hut also._due to the growing demand
for its middle distillates.

In this extensive part of industrial chemistry very important
intermediates are the hydrocarbon derivatives containing oxygen
or other hetero—atoms. The demand for these derivatives is very
large and further increase is expected in the futvre .The oxidation
of hydrocarbons by merely burning them is of course undesirable
and the homogeneous gas phase oxidation is unfortunately unsele-
ctive £2,3), and generally gives a complex mixture of molecules.

Only comparatively recently heterogeneous catalytic oxi-
dation enabled the synthesis of new molecules selectively by
changing the chemical structure of the hydrocarbons. Reactions

leading to the formation of commercially important products include:

Benzene + 02 —» Maleic acid on Vanadium pentoxide

Napthalene + 02 —> Phthalic arhydride on Vanadium pentoxide

Ethylene + 02 —= TFormaldehyde on Vanadium pentoxide
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Ethylene + 0, —> Acetaldehyde on Vanadium pentoxide

2

Ethylene + 0, —= Ethylcae-oxide on Silver metal

Rropylene + 02 —> Formaldehyde on Vanadium pentoxide
Propylene + 02 —= Acrolein on Cuprous oxide
n-Butenes + 02 —=  Buta-1,3-diene on Bismuth oxide

Isobutylene + 02 —» Methacrolein on Bismuth oxide

Since the catalytic process includes a number of consecu-
tive elementary steps such as the formation and breaking of bonds
in reactant molecules,and electron transfer between the mole-
cules and the solid catalyst,the electonic properties of cata-
lyst surfaces influence the adsorption processes and hence cata-
lytic reactions.

In general,heterogeneous catalysts contain transition metals
with open inner electronic shells, which however,do not function
in the same way for different types of reaction. The oxidation
catalysts,for example,often have an oxide, ( MoO, , 31203, Cu0
Cu20 ), or a pair of these oxides that are readily interconver-
tible. Furthermore the ideal catalyst for commercial application
shaild be very active,very robust,stable and reproducible.

In the large field of catalytic reactions fluidisation

technology has seen numerous succesful applications in the last



thirty years. Industrialiy,it has been found advantageous to
use fluidised bed reactors for many solid catalysed reactions.
In a fluidised bed a mass of solid particles is made mobile

by means of an upward flow of gas or liquid,and the pressure
drop through the bed balances its weight. The bed behaves like
a fluid and thus the rather uniform agitation within it prevents
the occurence of hot spots and dead regions.

The major disadvantage of a fluidised system is that the
catalyst may be broken by its constant motion,so that there is
continual attrition of the particles requiring continual make=~
up of fresh catalyst.

The largest scale industrial application of fluidisation
is in the fluid catalytic cracking of gas oil fractions to give
gasoline components. During the early part of world-war II,
there was a great demand for high éctane aviation spirit as.a
fuel for the piston driven aircraft of the time. In this process
by which oil is cracked over a catalyst it,carbon
‘i& deposited on the catalyst which soon becomes fouled and has
to be regenerated. The techniques of fluidisation provided the
means whereby the cracking and regeneration reactions could
bhe carried out,and the problem of transferringthe fouled catalyst
from the reactor to the regenerator and back could be solved on
a scale with the very large throughputs involved.

The fluid cracking process still remains the largest scale
application of fluid bed reacting,but fluidised bed reactors
have been developed for many other processes including : the

Fisher-Tropsch synthesis of hydrocarbons,extraction of oil from



shale and bituminous sand,production of alkyl chloride,and phthalic
anhydride hy oxidation of naphthalene,and the oxidation of ethy-
lene to ethylene-oxide,which is further used for preparation of
ethylene glycol and other organic compounds.

The fluidisation techniques have also been widely used in
physical operations such as the transportation of powdered solids,
coating of plastic materials on metal surfaces,drying and sizing
of powdery material,ore roastingjhey ptovide a more efficient,conve-
nient,and economical way for carrying out these processes over
alternative methods.

Howeyer,the difficulties inherent in the design of large
scale fluidised beds have undoubtfedly inhibited their more wides-
pread use,and the expensive failures which have occured following
Qcaleﬂup from smaller units (4), have caused designers to exercise
considerable caution in choosing them for new processes.

In addition,research in the past has given a great deal
of important information related tn fluidisation phenomena,but
the fluidisation field still presents many little understood
problems.

The difficulty of understanding these phenomena and their
various applications can be attributed to the complex hydrodyna-
mics of solids and fluids,to intrusion of physical phenomena on
chemical rate processes in fluidised bed reactors and to compli-
cated geometrical factors associatecd with fluidised beds.

The greatest problem,however,remains that most of the ba-
sic information on fluidisation has been obtained in a rather
limited range of conditions,and for very few fluid-particle systems

which cannot,generally,be applied in all scale—-up situations.
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I1.1  SOLID CATALYSED REACTIONS

In this part we will attempt to classify the reaction steps
that are poésibly involved when a gas phase chemical reaction
actually occurs on the catalyst surface. The determination of
the rate of the reaction depends upon the value at which each
of these possible steps occurs. Although much effort is concentra-
ted on the development of new catalysts and new catalytic pro-
cesses the phenomena occuring during a catalytic reaction are
not completely understood.

The selection and manufacture of catalysts for sﬁecific
purposes is largely based on experience and most information

remains secret to the manufacturers .

IT.1.1 ?hy§ica1‘gs?ggtg of ggtglgsis

The investigation of catalytic reactions and catalytic
processes is normally complicated by the fact that diffusion
as well as chemical phenomena are usually involved; the two are
not easy to separate so as to determine the factors affecting
each,

i. The mass transfer of reactants to the gross exterior
surface of the catalyst particles appears to be the first step
of all solid catalysed reactions. The rate at which the transfer
of reactant molecules to the catalyst surface occurs is determi-—
ned by the mass velocity of the gas stream,the size of the parti-
cles,and the diffusional characteristics of the fluid. Transport

normal to the surface is by molecular diffusion. The overall

=10



process of transfer between catalyst and fluid is proportional
to D?m , where n varies between zero and unity. The diffusion
coefficient for species 1 in the mixture is related to the
binary coefficients by the general equation:
D, = (1-Y, ) (I} 3 i tion II.1.1
1 1 §=2 Dlj equation II.1.

The best method of calculating the diffusion coefficients
for binary gas mixtures is from the theoretical equation based
on the modern kinetic theory and the Lennard-Jones expression

for intermolecular forces (5) .. This is:

; 3/2 1/2
0.001858 T [(Mlm /M 1-1]
e 22 MMy _
D= equation II.1.2
12 g s
12 "4

where D12 is the diffusion coefficient for a binary mixture

of gases 1 and 2 .

T is the absolute temperature.

P 1is the total pressure.

M, is the molecular weight of gas 1

M, is the molecular weight of gas 2

Qd is the "collision integral" and is a function of KI/Elz

€19, 9y, are the force constants in the Lennard-Jones potential
function

Values of ¢ and € , are usually obtained from viscosity
data but where they are not reported they can be estimated by

the empirical equations listed below:



039 =1/2 ( o1%9,) equation II.1.3

o. =1.18 V’U3 equation II.1.4

B

equation II.1l.5
equation II.1.6

KI/gl = 1.30 T/Tc equation II.1.7

where Vs is the molar volume at the normal boiling temperature.

K is the Bolzmann constant.

T, is the critical temperature of gas 1.

For very fast reactions,it is possible that thg overall
rate may hecome limited by the rate of mass transfer to the surfa-
ce. Wheeler (6,7), suggested that equation II.1.8 gives the
first order constant K for external diffusion to the catalyst
surface in a flow system where all the gases have the same

viscosity and Schmidt number:

3 /2 -1

b 1 -
K =30.( Vl / Ma Pt ) sec equation I1I.1.8
ii. When the catalyst is mostly porous and when the reaction
takes place at interior interfaces,the degree of porosity of
the catalyst,the dimensions of the pores,the size of the pariicles,
and the diffusional characteristics will determine the rate

at which the diffusional and flow transfer of the reactants in

_12_



the pore structure of the particle occur.

For catalyst particles with large pores the diffusion
of liquids or relatively dense gases will fall in the category
of bulk-diffusion. The bulk-diffusion coefficient per unit

cross section of porous mass, D ,is given by the expression:
12,eff
DlZ,eff =D, 8 /T equation II.1.9

On the other hand if the gas density is low,and the catalyst
pores very small,the molecules collide with the pore wall much
more frequently than with each other. This type of diffusion is
known as "Knudsen diffusion" . The molecules hitting the wall
are momentarily adsorbed and then given off in random directions.
The gas flux is reduced by the wall "resistance" which causes
a delay because of both the diffuse reflection and the finite
time the molecule is adsorbed. Knudsen diffusion is not observed
in liquidg’ . The kinetic theory provides a# relation for the

Knudsen diffusion in gases in a straight round pore:
1/2 .
DK = 9700 % (T/™M) equation II.1.10

In this equation T, is the pores in cm, T is the absolute
temperature, and M is the molecular weight. The symbols refer
to a single component; since molecular collisions are negligible,
flow and diffusion are synonymous and each component of a mixtu-

re hehaves as though it alone were present.

iii. The adsorption of reactants on the catalyst interface

-13-



will depend upon the characteristics of the catalyst surface,
the extent of the surface and the specific catalytic activity
of the various catalytic systems.

iv. The surface reaction of the adsorbed molecules will
be determined by the activation energies required for the reaction
on the surface and the nature of the catalyst surface.

v. Finally during all solid catalysed reactions the
formation of adsorbed products will ke followd by diffusional tran-
sfer of the products out of the pore structure of the catalyst
particle and then mass transfer of the products away from the

catalyst surface.
TEo1.2 égiggggigg

Although contact catalysis offers many practical advanta-
ges over homogeneous catalysis,its theoretical treatment was
presented only recently. The basic reason lies in the fact that
even though much was known about the active centres of the surface
of solid catalysts,the role of these centres during adsoiption

has been explained only recently. In general,heterogeneous ca-
talysis could include reactions proceeding at a variety of interfa-
ces; however, the most interesting are those between gases and
solids.

The first theory which attempted to explain the phenomena
of heterogeneous catalysis was the theory of the intermediate
compound. This proposed that the reaction takes place between the
bulk solid and a reactant to form an intermediate compound which
decomposed,or reacted to give the products of the main reaction

and to regenerate the catalyst.



At the same time Faraday (8) and Mitcherlich (9) developed
theories to explain the action of heterogeneous catalysts during
a catalytic reaction.

The big change,however,came when Langmuir (10) first re-
ported that hydrogen adsorption on the surface of metal wires
involves a chemical reaction in which strong bonds are formed
and the molecule which is adsorbed is dissociated. This type
of adsorption was named chemisorption to distinguish it from
physical adsorption. However,a clear distinction between them
is rather difficult for some intermediate cases. With his two
latest papers (11,12), Langmuir in 1916 applied a simple
kinetic treatment to adsorption equilibria. He considered the
adsorption of molecules without and with dissociation on crystal
surfaces. When the adsorption occurs without dissociation,Langmuir
supposed that on the surface of the crystal there is a definite
number of sites capable. of holding adsorbed gas molecules.

If each site can adsorb just one molecule,a number of molecules
greater than the number of sites can only be adsorbed by the
formation of additional layers of molecules. Langmuir's conception
of the chemisorption of molecules or atoms in monolayers led to
the derivation of éimple isotherms,connecting the fraction of

the surface occupied with the pressure of the gas being adsorbed.

The expression for equilibrium is:

- < i Ll
eA b PA J ¢ 3% b ?A ) equation II.1.11
Where 3A is the fraction of sites occupied by gas A
b = a'k/ v; 1is the adsorption coefficient

_.15_



PA is the pressure of adsorbed gas A

When molecular adsorption occurs on crystal surfaces with

dissociation,the above expression takes the different form:

1/2 / 1/2

= ' 1 -
N Ca'Ry ) CR N ) equation II.1.12

X | 1
Where o =a K/ v,

This equation is applicable for a dissociative chemisorption
in which two similar fragments are formed. However,recent statisti-
cal studies showed that the number of neighbouring sites around
a given site need re-consideration (13,14), and hence Langmuir's

equation should bhe slightly modified.
II.1,3 Kinetics

In general,the rate of heterogeneous catalytic reactions
involving gases is often controlled by the reaction of the
adsorhed molecules,and not by the adsorption/desorption processes.
Relations between reaction rates and gas pressures were devi-—
sed with the help of mechanisms which regarded a reaction step
within the surface as the rate controlling step.

These mechanisms have become known as Langmuir-Hinshelwood
mechanisms ,and are generally based on the conception that for two
molecules A and B to react they should be adsorbed on adja-
cent sites.

Thirty years later,Hougen and Watson(l5), devised rate equa-
tions for gas adsorption based on Langmuir's theory relating the
rate of reaction with the gas phase pressure of the reactants,assu-

ming that the rate determining step is the surface reaction of

-16—



the molecules. Bearing this in mind the rate for an unimolecu-
lar decomposition reaction, A—> B taking place on the surface

of the catalyst is:

--d.PA /dt = KlKh? / 1+K P +KBP equation II.1.13

Various modifications,depending on the relative values of the

terms in the denominator of the above expression can be applied.
If both the reactant A and the product B are weakly

adsorbed the general equation becomes:

=dr, /dt = K KP, equation II.1.14

and the reaction kinetics are similar to those of a first order
gaseous reaction.
If the reactant is adsorbed strongly,and the product rather

weakly,the rate of the reacticut will be given by:

~dp, /dt = KR, / 1+KP, ecuation 11.1.15

and may well be first or zero order at low and high pressures,
respectively.
In the case when the product is fairly strongly adsorbed

and the reactant weakly,the rate will be proportional to either

'l

K; P&KA / PBKB or 1 PAKA / 14P KB

=17-



I1.2 OXIDATION OF PROPYLENE TO ACROLEIN

The succesful production of acrolein catalytically
over cuprous oxide was discovered by Hearne and Adams(16) in
the 1940's and subsequently used commercially Ly Shell Chemical
gompany. However,the heterogereous oxidation of olefins really
started with the discovery of bismuth molybdate as an oxidation
catalyst. Before this time acrolein has been produced by se-
veral different methods. In 1836 Hefs(1l7) and Redtenbacher(18),
first isolated acrolein during the dry distillation of fats.
and reported the presence of a highly toxic aldehyde. More re-
cently aldol condensation of acetaldehyde and formaldehyde in
the presence of "dehydrating catalysts", or the noncatalytic py-
rolysis of diallyl-ether were used for its industrial preparation.
Since thg 1940's a number of different catalysts have been de-
veloped for its production.

Cuprous oxide used by Shell(19), bismuth-molybdate or
phosphomolybdate(20) by Standard 0il of Ohio, and combinations
of tin and antimony oxides by Distillers Compaiy Limited.

Although many different types of catalysts can be used ~
for this selective oxidation,the choice of the catalyst ( type
and composition ), and reaction conditions ( temperature,olefin/
oxygen ratio,contact time, e t ¢ ) influence directly the reaction
route of the end products. The oxidation of propylene will re-
sult mainly in acrelein,acrylic acid,acetone,propene oxide and
carbon oxides,while the ammonoxidation will produce acrylonitrile

ac the main product,

=18



In 1967 Rubanic and co—workers(2l) studied extensi—
vely the specific catalytic activities of Sn0, 31203 : 3b204 ”
MoO3 , and their binary mixtures in the oxidation of propylene,
and elucidated the relationship between the catalytic properties
of the individual oxides and their mixtures.

The catalysts were prepared from their hydroxides by
precipitation with ammonia,dried at 90 oC, and then were converted
by calcination in air into the corresponding oxides.. The calci-
nation was achieved when the temperature was raised from ambient
temperature to 600 °c over 2 hr and kept at this temperature
for almost 2 hr. The tin and antimony hydroxides were calci-
nated additionally after this treatment for a further 2 hr at
1050 OC, with the temperature previously raised from 600 °¢ to
1050 °C over 3 hr. The determination of the zatalytic activity
was carried out in the kinetic rezion. Propylene was oxidised
in the temperature range 380 °c - 480 °c ,and conversions,selec~
tivities and yields of the various products were reported.

The results ohtained are summarised in figures II.2.a ,
I1I.2.b , IL.2.c , II.2.d and II.2.e , where the specific rates
of product formation,and selectivities towards the main product
are given as functions of the composition of the catalyst. From
these results it was proposed that the optimum binary oxide
systems ( those possesing a maximum activity with respect to the
main products obtained ) at 450 ®c fall into the sequences gi-
ven in table II.2.a , of decreasing specific activity and se-
lectivity.

They finally concluded that the most active and selective

., 1.



Figure 1II.2.a Specific rates of rormation of 1) acrotein 2) 802

3) acids and 4) CO at 400°C as functions of the

atomic ratio of tin to molybdenum.

Sn Catalyst composition,amt 7 Mo

Figure II. 2 b Selectivity of the conversion of propylene into
1) acrolein and 2) acids as functions of the compo-

sition of tin-molybdenum oxide catalysts.
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100

Sn Catalyst composition,amt 7 Mo
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Fignre 11.2.c Specific rates of feimation of 1) acrolein 2) co,
3)the selectivity of the conversion to acrolein

as functionsof the atomic ratio of Sn to Sb
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Figure I1.2.d Specific rates of formation of 1) acrolein 2)CO2
3)the selectivity of the conversion to acrolein
as functions of the atomic ratio of Sb to Mo
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Figure IT.2.e Specific rates of formation of 1)acrolein 2) CO2
3)the selectivity of the conversion to acrolein

as functions of the atomic ratio of Sb to Bi

x 108 moles / m2 sec
acr.

B0 et 5 100
Bi Catalyst composiiion, amt. 7 Sb
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Table II.2.a Classification of catalysts by Rubanic ( 21)

With respect to the specific With respect to the selectivity
rate of propene consumption in the formation of products

of incoPlete oxidation

CATALYST W x 107 CATALYST S %

bofl.es/m2 sec

Bi:Mo  (1:1) 21,64 Bi:Mo (1:1) 94
Sn:Mo  (9:1) 12.55 Sn:Sb  (9:1) 94
SnO2 6,80 MoOa 87
Bi:Sn (1:1) 2.26 Mo:Sb (0.54:1) 86
31203 1.65 Sb204 85
Sn:Sb (9:1) 1.41
Ri:Sb  (0.33:1) 81
[ Bi:sb  (3:1) 1.14
2 Sn:Mo  (9:1) 79
Mo:Sb (0.54:1) 0.64
~M003 0._&6 SnO2 26
Bi:Sb (0.33:1) 0.24 Bi:Sn (1:1) 7
Sb204 0.13 Bi:Sb (3:1) 0
131203 0

-23-




mixed catalysts,the bismuth-molybdenum, tin-antimony, and tin-
molybdenum are obtained by combining an active nonselective
oxide with a selective oxide of low activity. The combination
of two non=selective oxides ( bismuth oxideland tin oxide )
leads to a catalyst with low selectivity. Additionally combina-
tion of two selective oxides of low activity ( antimony oxide
and molybdenum oxide ) gives a selective catalyst but one still

with a low activity.

I1.2.1 Cuprous oxide catalysts

The production of unsaturated aldehydes and ketones from
C3 - C6 olefins started with the use of cuprous oxide catalyst
by the Shell Chemical Company in the 1940's . However,product
selectivity over copper catalyst is strongly dependent on the
operating conditions.

Isaev and co-workers(l), and Popova and Vermell(2), have
reported that the selectively active form of a copper catalyst
appears to be a surface condition which leads to cuprous oxide
in the bulk form. The steady-state condition of the catalyst
may be changed easily due to reaction or oxidation at the tempe-
ratures in the range 300 °c to 400 °c.

Shapovalova et al(3) reported that during the partial oxi-
dation of olefins,change from one olefin to another causes changes
in the catalyst steady-state condition to occur readily, thus it
is not easy to obtain reliable data on selectiwvities,kinetics e t c.
That the reaction could be contrasted with thermal vapout phase
oxidation of propylene at 330 °c - 400 °c was investigated Ly

Kamiya(21,22) in 1962 . It was reported that during the oxidacion

~94—



of propylene over cuprous oxide catalyst .at 12.8 Z conversion

the composition of the products wo.s:

34 %2 acetaldehyde
24 7 propene-oxide
12 2 acrolein

5 % allyl-alcohol

with the main product being carbon dioxide. He deduced that the
catalyst is of crucial importance in making acrolein selectively.

In 1966 Ghorokhovatskii et al(23) attempted to identify
the active phase in a selective copper oxide catalyst.and they
suggested that selective catalysts were composed mainly of copper
oxide or copper oxide plus copper metal.

Modified catalysts using a number of electronegative ele-
ments have been reported(24,25,26) to give higher yields of =cro-
lein over the un-modified copper oxide catalyst. A highly selective
catalyst was ohtained by the use of Se02 in large amounts; how=
ever,introduction of a small amount of Mo and W has been re-
ported by Russian workers(27,28) to have beneficial effects on

catalyst selectivity.
A. Mechanism

Earlier work(29) has shown that oxidation of propylene
over copper oxide catalyst can be well described by a combination

of parallel and consecutive reactions:

—25—-



> H,O
C3H6 C

The rate determining step for Ky is the abstraction of an ally-
lic hydrogen from the olefin(30), which is followed by the forma-
tion of a m-bonded allylic surface intermediate(31,32).

In support, Zhdanova and co-workers(33) wused i.r spectros-
cdpy to study the chemisorption of propylene on cuprous oxide
supported on high surface area ( 200 m2 / g ) alumina. Two types
of surface intermediates were found,one with adsorption correspon-—

ding to those of copper acetate

which was decomposed to give carbon dioxide and another compound

of the type

HZ(\‘" uH-—'---"'-"""""'-'CH2
~

which then gave acrolein.

.—26_



Confirmation and extension of this mechanism was reported
by Adams and Jennings(32,34) using propylene labelled with deute-
rium in various positions. The following model which assumes that
allylic hydrogen abstraction occurs to form an allylic intermediate
followed by hydrogen abstraction from either end was in quantita=-

tive agreement with their results.

H l.'l H
Hé=C-CD
H
/ \ 1°% abstraction
i B WoH
AECH- HC=>C=CD
f/ \\ / 2nd abstrection
B K RED  HHE
C-C=CD HC=C-C HC=C~C acrolein
\ \ / 3rd abstraction
H g H
c=t=CD HC=C~C acrylonitrile

Here the numbers show the relative probability of the preceding
species reacting along the indicated path,where 2z is the discri-
mination isotope effect ( Kj / K; ) related to the probability
of breaking a carbon-deuterium bond relative to that of breaking
a carbon-hydrogen bond under the same conditions.

On the other hand, Margolis(35) has reported a different
mechanism for propylene oxidation from that proposed by Adams
and Jennings. He postulated an allyl hydroperoxide, C,H.OOH,

35

as an intermediate. His following mechanism does not allow for

-27-



a symmetrical intermediate,nor for the required abstraction of two

hydrogens before the symmetry is destroyed.

0 ¢ — 20

2

0 o ity (D)C
0.5 e e ()

2 2)

(.'.3H6 + (02) —( CBHSOOH )

charged complex 1

+ ks +

(C CSHSOOH ) ———= ( (_‘.31{40 s PN H20 )
+

(1 03H40 ) + e —=( CBH&O ) gas

(CHO0 ) + 07—=( C,H,0-0,)
charged complex 2

+
C ‘33“40‘02)_"‘* CO2 - H20 + (RH )

Cru) + 0,——= 0, + H,0 + (R'H 37
+
C3H6 e —mm CBHG)

+ -
( C4Hg)  + 2(0) ——=( C;H,00 )
charged complex 3
[P ttay
( CBHEOO ) C.,H,0 + HCHO
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( C,H,00 )———= ROO + ( R g

' +
(RH)++02——-—~—:-1200+(R"H)

B. Kinetics

Although many attempts have been made to elucidate the ki-
netics of the oxidation of propylenme over cuprous oxide it has
been proved difficult to obtain reliable kinetic data,due to the
large exothermicity of the reaction,the changing character of the
catalyst.and the pronounced inhibition of the reaction by the pro-
ducts.

Popova and CGhorokhovatskii(36,37) in 1964 examined the
effect of steam during the oxidation of propylene. They have re-
porced that at high steam concentrations ( amounts up to 60 % of
the feed mixture ) the rate is approximately first order in olefin
as well as in oxygen. The presence of water vapour has an inhibi-
ting effect on both acrolein and carbon dioxide production rates.

The rate equations proposed were:

equation II.2.1

and

_ELCEZ] = K2 [02] [C3H;| equation II.2.2

dt ( 1+ b" E3H4ﬂ )( 1+ b, l_uzo:l) o N SIS

In an earlier publication Isaev and Margolis(38) concluded
that acrolein and carbon dioxide formation rates are proportional
to oxygen concentration in the gas phase and independent of ole-

fin and acrolein concentrations. They also suggested that carbon
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dioxide is formed completely by post-oxidation of acrolein. In
support of those workers Belousov et al(39) found that reaction

rates could be described by:

dEJHAE_I 7 AR E’z]
dt 1+Db -Eroductﬁ
oo, ]

1 IR .LE’L]
0.7 0.2
dt E:anzﬂ I:C3Hf]

On the other hand, Billingsley and Holland(40) studied

equation II1.2.3

equation II.2.4

the same reaction using a differential reactor at 240 - They
reported that the reaction was limited by oxygen mass transfer.

and proposed the following equations:

d[_E3H‘-’%§I_ 5 0.72K Eiiﬂﬁ:[ [02] &

dt 0.72 E: R e ) Lo

36
o]
dt

equation II.2.5
2

2
s [o,

equation II.2.6
0.72. CBHQ'P 4.5 EJZJ

II.22 Tin oxide-Antimony oxide catalysts

Commercially, tin oxide and antimony oxide catalysts were
developed by Hadley and co-workers (41,42,43,44) for the oxidation
and ammonoxidation of propene and the oxidative dehydrogenation
of butenes to butadiene. There is a considerable literature devoted
to the investigation of the catalytic properties of tin and anti-

mony oxides of various compositions in the oxid-tion of olefins.
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For example ,Belousov and Gershingorina (45) studied the cata-

lytic properties of the following oxides; Sb205 £ Sb204 » Sb203 .
SnO2 5 and. 8n0 . Their results showed that the catalytic acti-

vity of oxide catalysts,the selectivity of the process taking

place on them,the quantitative composition of the reaction pro-
ducts,and the temperature at which the maximum quantity of strongly
chemisorbed propylene is attained all depend on the valency of the . :

cations of the oxide catalysts. The oxides were placed in the fol-

lowing order of decreasing catalytic activity.

sazo> 9520> $6,0,

At low temperatures 55205 was found more active than SnOz. Between
the tin oxides, Sn0 was proved to be a more selective catalyst
than Sn0, but it was concluded that the catalytic properties of
tin-antimony oxide catalysts are determined by the presence in
them of the Sh5+ cation. Thus the presence of Sb5+ and Sb3+
leads to the formation of acids, Sb205 favours the formation
of propionaldehyde,and although acrolein is formed in the presence
of all oxides it was observed with Sb204 only at high tempera-
tures.

In 1968 Codin et al (46) studied the air oxidation of
propylene over tin-antimony oxide catalysts. The activation ener-
gies for propylene oxidation over various catalyst compositions were

obtained and those are summarised in table II.2.b.

-31-



Table II.2.b Activation energies for various catalyst compo—
sitions ( 46 )

Catalyst composn. ( atom Z Sb ) EA ( Kcal/mole )
6.8 12.2
21.4 16.3
50.0 17.1
78.6 13+l
93.7 13:0

They also reported that the addition of only 6.8 Z Sb
to Sn02 increased the conductivity by three orders of magni-
tude to give a semiconductor with a very low temperature coeffi-
cient. This was explained by a mechanism which assumes that Sb5+
substitutes the Sn4+ ions in the SnO2 lattice,creating firstly
Sn3+ cations which act as electron donors thereby giving free
electrons,and a rise in conductivity.
b+ o PR 02- b+ 5+

Sh. Sn Sn 8b | 0

Lt |
Snlex X x 2 iJimest X 2 L

Margolis and co-workers (47) studied in detail the chemi-
sorption of propylene and oxygen on SnO2 and szoh , aiming
to elucidate the changes in electron work function,and electrical
conductivity. At 200 S they reported that propylene and oxv-—
gen are rapidly adsorbed on both surfaces. Adsorption of propy-
lene on SnO2 having already irreversibly adsorbed oxygen on

its surface yields a surface complex having a negative charge
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and containing an excess of oxygen over carbon. However,the adsor-
ption on tin-antimony oxide mixtures yielded a surface complex
with a positive charge and contained an excess of carbon relative
to oxygen. .

A. Mechanism

Studies using llaﬂlabelled prop=l-ene have shown that the
oxidation mechanism of propylene over tin-antimony oxide catalysts
is similar to that over bismuth molybdate catalysts (46). The
mechanism postulated involves the formation of a w-allyl species

and can be described by:

CH, + [ + 0, ——=C,H, + OH

S5+ - b+
Sh - C3H5 —— T C3H5. s el v e DL

CH oo B 420° C,H,0 + S6° 400 + 26 w203

2 OH 5-02'+[]+1120

3+ 2- 5+

1/2 0, + Sb +[] —=0" + Sb

2—

1/2 0, + 2e +[]—= 0

2

where [] = anion vacancy

Further evidence that the oxidation mechanism of propylene over
tin=antimony oxides is similar to that over bismuth molybdate ca-
talysts,involving a chemisorbed allylic intermediate formed through
an allylic hydrogen abstraction from propylene,is given by many
experimentalists (31,48,49,50,51,52) .

In 1975 Pendleton and Taylor (53) used a static reaction
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system to study the oxidation of propylene over tin-antimony
oxides catalyst. The oxidation experiments were carried out in
the temperature range 350 °c - 400 °c ,using isotopic oxygen
containing 95 7 1802 .

The percentage [i?é]acrolein content in the total acrolein
formed was determined as shown in figure II.2.f .

It can be seen at the initiation of the reaction when the lattice
contains no 1802“ anions,mainly [g?é]acrolein is formed,and

the lattice is obviously the direct source of the oxygen in the
aldehyde. A8 the reaction proceeds,reduction of the catalyst is
followed by re-oxidation with 1802 , and therefore the percenta-
ge of [Eéé]acrolein decreases. Similar curves which,however,

do not extrapolate to 100 7% at zero conversions were obtained
for the formation of carbon dioxide and given in figure II1.2.g.

In agreement Cartlidge,Mc Grath,and Wilson (54) reported
that during the oxidation of propylene to acrolein over tin-anti-
mony oxides catalysts,the kinetic model which assumed that reactant
molecules do not compete for active sites best correlates their

experimental data. This suggests that chemisorbed oxygen does

not directly oxidise adsorbed propylene.
B. Kinetics

It appears that the kinetics of propylene oxidation over
bismuth molybdate and tin-antimony oxides catalysts are very si-
milar. The order of the reaction with respect to olefin is first
order,but there is also a dependence on oxygen. This has been
postulated by Belousov and Gerghingorina (55) recently. The
possible participation of lattice oxygen in propylene oxidation
over Sb205 / SnO2 and Sb,0, / Sn0_, oxide catalysts was also

23 2

examined but no evidence found to support this idea.
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Figure II.2.f Percent [160] acrolein in total acrolein formed

in propylene+180 reaction on Sn:Sb (1:3) catalyst

( T= 623 °K )
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Figure II.2 g Percent 160 in oxygen of CO, formed in propene+180

2
reaction on Sn:Sb (1:3) catalyst. ( T= 623 %)
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Recentlf Cartlidge et al (54) have derived a model for
the catalytic oxidation of propylene over tin-antimony oxides
catalysts The catalyst used was prepared by converting tin and
antimony metals into oxides,mixing the oxides in the atomic ra-
tio SbiSn = 4:1 and then calcining at 900 °C. The experimental
conversion data were fitted by means of a non—linear least squares
procedure to several models based on Langmuir isotherms. The pre-

ferred model is given by the equation II1.2.7

d[c i (El KK.. K I:c H] [o ]
34] _ _ CgHg 02| 36] | 2 - equation II.2.7
dt

C1+ Koy [CHEDCL+ Ky ‘_07..] )
For its derivation it was assumed that there are two types of
active sites,one with an affinity for propylene only and the
other for oxygen only. It again assumes that each adsorbed mole-
cule occupies only one active site,and thus the reactants do

rot compete for active sites. The degree of surface coverage

with oxygen varied both with temperature and catalyst age.

I1.2.3 Bismuth-Molybdate catalysts

Bismuthﬂmélybdate catalysts have a very high activity and
produce acrolein with great selectivity with.or without the pre-
sence of oxygen. Other products which are formed include carbon
dicxide,carbon monoxide,acetaldehyde,formaldehyde and smaller
amounts of propionaldehyde,propionic acid,formic acid and acetic

acid.

Adams (56) reported that propylene oxidation over bismuth
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molybdate catalysts shows high selectivity towards the main pro-—
duct at conversion levels as high as 80 7Z . Addition of steam
or hédrogen in the feed mixture had no effect on activity or se-
lectivity of the catalyst.

The excellent catalytic properties of bismuthk -molybdate
haye heen investigated in detail by Lippens and co-workers (57,
58,59). Earlier work (60,61) had indicated no connection between
the presence of the two oxides separately on the catalytic acti-
vity,and this initiated a search for an explanation based upon
the structural chemistry of the catalysts. Results from x-ray
analysis, i.r. spectra and reflection spectroscopy suggested
that the superior catalytic activity of the compounds Bi2032M003
and BizO3 NbOB is connected to the presence of corner sha-
ring Mo--0 octahedra in the bulk of the solid,that give rise
to tetragonal pyramidal Mo--0 sites at the surface also sharing
only corners with neighbors. The promoting influence of 31203 5
then reported,might also arise because of forcing this structure
on the M903 component. Thus if the (_Bi202 )§+ layer is na-
m~rd the B-layer,and the (_MOOZ )i_ A-layer, the structure of
bismuth molybdate catalysts may be schematically represented; -

catalyst 2 Bi 03 MoO ( Bi:Mo = %;1 )

2 3

B OB O A O B O B O A O .ovveennnnne

catalyst Bi, 0, MoO ( Bi:Mo

90y ¥a0, 231 )

BAN0 A 0B 0 T A0S B QL s AT QT S s divaa's
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catalyst B1203 2 HoO3 ( Bi:Mo = 1:1 )

B0 AGQ A OB O A Q A 0 .sessnsvenaie

In compounds which. are rich in molyhdenum, (_31203 MDOB, and
BiZQ3 2 MnO3 ) ,the temminal oxygen will occupy the edges of A-layers.
The presence of some 02*‘ ions will lead to some of the hounda-
ry molybdenum ions being present in a tetragonally pyramidal confi-
~guration,and this was suggested to be the active site. The absence
of anion vacancies connected to molybdenum in the bismuth-rich

compounds lowers the catalytic activity as the catalyst would show

the type of activity associated with Bi203.

A. Mechanism.

An excellent study on the mechanism of the vapour-phase
oxidation of propylene to acrolein was made by Mc Gain and co-
workers (62) in 1963 . 1-13C-propene-1 was oxidised over bismuth-
molybdate catalyst in a closed system. The i.r spectra of the
recovered propylene was used to determine the percentage 130
on the methylene group,thus giving the extent . f double-bond mi-
gration which had occurred.The position of the carbon-13 in the
acrolein product was determined by mass spectrometer.

From their results given in table II.2.¢ ,it can be seen
that although the recovered propylene was only partially isomerised
13 13

3 and 16 % CH2=CH— CH, »
13

however under all reaction conditions the ratio CH2=CH-

13 2 SRR :
total C-acrolein is 0.5 . This result means that at about

at 448 °C ,being 84 % CH,,=CH~CH

CHO /

ol 2 - A S Te s :
4Z0 C the isomerisation of acrolein is not due to a prior iso-
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;
valile T2, ¢ . Oxidation 6F 1220

C-propene-1 ( 62 )

Moles reéctants Tempera— | Contact Lisbelling ot products
X 103 ture time Recovered propene . Acrolein
°c sec 13 13 Ratig
Pro?ene Oxygen pA CH2=CR-CH3 4CH =CH- CH3 CH2=CH~13CH3
Totél 13¢ acr

0.22 0.22 448 0.4 84 16 0.53
0.22 0.29 450 1.1 75 25 0.52
0.25 0.31 450 1.3 73 27 0.48
0.21 0.21 448 3.2 0.51
0.45 0.21 250 101 53 47

0.22 0.21 251 217 0.51

Table II.2.d Oxidation of propene by a deuterated catalyst
at 450°Cc (62 )
Moles r¢actants | Contact Labelling of products
> 103 time Recovered propene Acrolein
sec

Propene |Oxygen Z d0 pA d1 y 4 d2 y 4 db 4 d1 pA d2

0.11 0.15 0.09 99.6 0.4 - 99.1 0.9 #

0.11 0.15 0.34 95.7 4.1 0.2 97.1 2.9 =

0.11 0.15 1.29 89.1 10.2 9.7 95.8 4.1 0.1
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merisation of the propylene,but must be due to the oxidation of
propylene proceeding through a symmetrical intermediate.

They have suggested that the most probable symmetrical intermediate
in the oxidation of propylenme is allyl, but the possibility of iso-

propyl being involved was also considered.

CH =CH-<C

CH2=CH—CH0

¥ LT
\\\\——%’ CH —CH,-"CH3 ’///}'

The results for the oxidation of propene—do over a deuterated

catalyst surface at 450 % ( table II.2:d ) showed that the

acrolein was more than 95 % in the light form in support of

the allyl route. The absence of acrolein~d1 in larger amounts

eliminates the possibility that a proton addition reaction occurs,

during the formation of acrolein.

In support,Adams and Jennings (32,34) oxidised a deuterated
propylene (_ l-propene~3d ) with molecular oxygen over two ca=
talysts,cuprous oxide and bismuth molybdate to give acrolein,and
in the presence of ammonia to acrylomitrile.

Their results suggested that the reaction mechanism of pro-
pyléne oxidation involves a formation of an allylic intermediate
for hoth catalysts. This intermediate undergoes a second hydrogen
abstraction before the incorporation of an oxygen atom to give
acrolein,

Propylene samples,tagged with radioactive carbon, have been

oxidised with molecular oxygen,on bismuth mcl,bdate by Sachtler
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and De-Boer (63)..After an appropriate time,the oxidation run
was stopped,the reaction products separated,and the specific
radioactivities of acrolein,carbon monoxide and carbon dioxide
were determined. The acrolein fraction was .then decomposed pho-

tochemically in a quartz reactor (64,65) :

H20=CH-rCH0 + hy ——= HZC=CH2 + CO

The decomposition products were separated by G.L.C. and their
specific radioactivities were determined.

To study the mechanism of the reaction they assumed that
for the rate determining adsorption on the surface,two possible
mechanisms might be involved.

Mechanism A

Propylene is adsorbed on the catalyst surface by opening

the double bond leading to:

Mechanism B
Propylene is adsorbed on the catalyst surface with disso-

ciative chemisorption,resulting in an allylic adsorbate:



._Z'};...

RS T (' %ane
Expected from
Propylene T r
C3H6 o0 rCZHé Experimental
Mech, A-1 Mech. A-2 Mech. B
HZMCCHCHs 0.99 | 0.447 0.490 ® 0.0 1.0 0.91
H214CCHCB3 0.99 0,437 0.483 o 0.0 1.0 0.91
HZMCCHCH3 0.40 |0.168 | 0.185 uo 0.0 1.0 0.91
14 A

H,  'CCHCH, | 0.252 |0.008 0.243 0.0~ 0.0 0.0 0.03
HchHMCHB 0.504 |0.245 | 0.257 0.0 “ 1.0 0.95

*ausTAdoxd jJo uoTlEpPIXO DI13LTBIEBD
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Their results given in table II.2.e ,strongly suggest an allylic
adsorbate as the true reaction intermediate.

Using a recirculation type of reactor Keulks (66,67,68)
aimed at elucidating the mode of oxygen incorporation into the
oxygen-containing products formed in the catalytic oxidation
of propylene on bismuth-molybdate. The proposed mechanism was
interpreted in terms of the layer structure of bismuth-molybdate
catalyst as proposed by Batist et al (57,59) .For molybdenum-rich
catalysts the oxygen boundary layers occur on ( Mo0,, )i_ layers
which creates anion vacancies on molybdenum atoms. The oxygen
boundary layers serve as a source of oxygen that is incorporated
into the products. The removal of oxygen from the boundary layers

leaves the surface in the reduced state. Re—oxidation of these

2
the bulk rather than the gas phase oxygen was postulated to be

layers by a rapid diffusion to the surface of 0 anions from

the most probable mechanism.
B. Kinetics

A general agreement for the kinetics of propylene oxidation
over bismuth-molybdate catalyst exists,and the reaction is churacte-
rised by first order kinetics with respect to propylene,and zero
order with respect to oxygen if the partial pressure of the latter
is net very low.

Kinetic studies were carried out in the temperature range
410 °c - 500 °Cc using a circulating flow method (69), by Gel'bshtein
and co—workers (70). The catalyst used was a mixture of bismuth
oxide and molybdenum oxide with an atémic ratio of bismuth to molyb-
denum close tq uuity. Analysis of the reactiongroducts for content

of acrolein,acetaldehyde,carbon oxides, e t ¢ was carried out
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by standard chromatographic methods. The combination of the re-
sults of the kinetic.investigation led to a simple equation for
the total rate of conversion of propylene to acrolein and by-pro-

ducts as given by the equation IL.2.8 .

e Kl PC H equation IL.2.8
36
Adams et al (29) studied the same reaction using a flow
system at atmospheric pressure. The oxygen source was a mixture
of 20 vol7 oxygen and 80 vol? argon,while the exit gases

from the reactor were analysed by mass spectrometer. For the reaction:

SRR e e e ERRAR
it was found that oxidation of propylene over bismuth-molybdate
is first order in propylene and independent of oxygen and products,
as illustrated in figure II.2.h. The curve is that calculated for
first order kinetics,with the rate constant chosen to give the
best visual fit. The apparent activation energy over the range
350 °c - 500 °C was estimated to be 20 Kcal/mole.

The effectlof conversion on the selectivity of acrolein was
also determined and the results are shown in figure II.2.i. The
line drawn was calculated assuming all the reactions are first
order and K3/K1 = 0.10 and K2/K1 = 0.25.

On the other hand, Cartlidge,Mc Grath,and Wilson (72) have
taken a different approach in order to elucidate the kinetics of
propylene oxidation over bismuth molybdate catalyst.Using an S.G.S

reactor (71) ,operating under no mass transfer gradients, they
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Figure II.Z.h
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obtained experimental conversion data,which have been fitted tmo
a variety of models based on Langmuir isotherms.

The preferred model was that in which the goodness of fit
most closely approached calculated values of the experimental
error. For acrolein formation the model given in equation II.2.9
with a.mean variance ratio of G% / ag = 1.03 correlate the

experimental data most satisfactorily.

M =% 0 - ¥ KC3H5 I—C3H§-I : 11.2.9
dt

equat.
C,H
6 1Ry et ] BEg [product]

where b equals "average lifetime on the surface of propylene
which desorbs unchanged" versus "average lifetime of propylene
which reacts to give acrolein" .

In deriving the above model the following assumptions were
made ;
i. Propylene is zdsorbed oncto single oxidised sites only and most
of this desorbs unchanged;
ii.Propylene which reacts gives a reduced site and an acrolein mo-
lecule;
iii.The average lifetime on the catalyst surface of molecules of
propylene which desorbs unchanged is greater than the average life-
time of molecules on the surface which react to give acrolein;
iv.The newly formed acrolein desorbs very rapidly due to its
low affinity for reduced sites;

Furthermore the kinetics of carbon oxides formation by post

oxidation of acrolein were determined,and the kinetic model derived:

R



1/2
dl_;:o;;‘_ e l{C_";H‘g,(} E:BHQ_EJ ) A .
- M2 pk E ducd 112 i
dt 1+ Ke1,0 Eaul'o ) ( cn0 [Froduc

Similar assumptions in deriving the above model were also made:
i. Acrolein is adsorbed on oxidised sites,either single sites
or pairs of adjacent sites,most desorbing unchanged;

ii. Acrolein which reacts gives a reduced site or sites and a

molecule or molecules of oxygenated products;

=

ii. The average lifetime on the catalyst surface of the acrolein

which desorbs unchanged is greater than the average lifetime

of acrolein on the surface which reacts to give oxygenated products.

iy. The newly formed oxygenated products desorb very rapidly

due to their low affinity for reduced sites; the reduced sites are
again very rapidly re-oxidised; thus there is an increase of ucro-
lein adsorption due to the surface reaction as there is for pro-

pylene.

II.3 OXIDATION OF ISOBUTYLENE TO METHACROLEIN

Methacrolein is an important raw material for the manufa-
cture of plastics. The main source of its production is isobuty-—
lene which can be converted by gas-phase oxidation on certain
catalysts to unsaturated products.

While demand is increasing a large number of research
publications have appeared during the last decade describing
various catalysts,and different oxidation processes for its pro-

duction.

An extensive study on the catalytic oxidation of isobutylene

.-4?....
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was made by Bretton,Wan and Dodge (73) in 1952. They used va-
nadium pentoxide,under conditions leading to complete oxidation.
The air oxidation of isobutylene has been investigated by Mann
and Rouleau (74) over several supported and unsupported copper
oxide catalysts in an isothermal flow reactor. Mann and Yao (75,
76,77,78,79) have also examined the effect of various modifiers
such\as,sulfur dioxide, telenium dioxide and halogen compounds
with copper oxide catalyst to obtain a highly selective oxida-
tion catalyst.

Recently Kay and Chanda (80) have reported their wowk on
air oxidation of isobutylene over bismuth molybdate catalyst
using an isothermal flow reactor. On the other hand Cartlidge
Mc Grath and Wilson (81) used an S.G.S. reactor for this reaction
and succeded in deriving the rate of the reaction over an un-
supported bismuth-molybdate catalyst.

Furthermore many patents recommended and described the use
of other catalysts for the same prosess. Generally the catalysts
which are said to be suitable for the selective oxidation of iso-
butylene are the oxides of various transition metals (82,83,84,
85) ,and they are basically similar to those for the oxidation
of propylene to acrolein. Although,similarity in the behaviour
of both gases i.e isobutylene and propylene ,is a fact under
conditions of catalytic vapour—phase oxidation,however,signi-
ficant differences do exist. Straight chain Ca—hydrocarbons
do behave differently,and their catalytic oxidation leads to dif-

ferent products.

In table II.3.a some of the most important patented cata-
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Feed-gas composition

Bi+P+K+Mo+0

Catalyst Carrier Temp. Conversion Yield Select. Ref.
composition £e -Gl % i % Z %
Mo+Co+Te+Ca - 440 7.5% 62,5%air 307 28.2 = 82.5 86
Mo+Co+Te+Ca = 460 7.5% 62.5%air 30% 39.8 - 80.8 86
Mo+Co+Te+Ca - 460 7.5% 62,5%air 307 42,2 - 81.4 86
Mo+Co+Te " 435 7.52 62,57air 307 38.5 - 35.6 86
Cu+Li SiOZ—AIZOS - - - - - "high" - 87
AgNO4 v ety Silicon~ 400 60 40 air - - 19 - 88
carbide
V+P+B Alundum or 490 Lo 1% 98.9Zair - - 32 = 85
sic
V205+31203+ Fused A1203 - - - - - 20 - 89
Mo(W)O3
CrgPMo, ,04, - 381 11,172 | 58.9%air 307 12.0 20 < 90
CugTePV,40,, | Porous SiC :;2 13;’2 Ié;zair ;(2);2 "f'o :6 5 91
2 L as i 600 10% 7.5% 827 - 7; - ’
Cu+P205 Alundum A j ] v i 93
V0504+Te02+ i 450 1 14,3 air 9 - 38 49 94
Mo03
Mo, Bi+ _ 450 1 9 air = 91 35 - 95
silic acid % e
Cu+Na+0 Celite 315, e e 3 ¢ : - 96
Sb205+P205 2 450 6.8% 63,2Zair 30% 30 S
Ni+Co+Fe+ - 345 1 242 5 98 70 - 97
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lysts for the selective oxidation of isobutylene to methacro-

lein are summarised.

II.3.1 Cuprous and_copper oxide catalysts

The use of cuprous oxide catalysts for the selective oxi-
dation of isobutylene is one of the first mentioned for this
type of reaction.

The use of bulk metal in forms such as powder,gauze,film,
shavings have been reported (98,99,100) extensively. However,
supported catalysts have been used more frequently. Many supports
have been adopted especially silicon carbide,celite,alundum e.t.c,
which are mostly of high porosity.

The commercial use of this catalyst system began after the
discovery by Hearne and Adams (16,19) that cuprous oxide is very
effective in converting isobutylene to methacrolein selectively.
The presence of a small amount,preferably 0.02-0.08 Z of a vo-—
latile Cl-containing compound was found to increase the yield
of methacrolein. When the catalyst was used in a finely-divided
state,a fluidised bed technique was observed to improve the se-
lectiyity considerably.

Later the use of Cu catalyst,in the presence of S is
mentioned in a British Patent (101) to Contimental 0il Company
in 1958. Furthermore,several patents (102,103,104,105,106) have
recommended the use of copper oxide,supported on silica,silicon
carbide or alumina as effective catalysts for the vapour-phase

oxidation of isobutylene.
A. Mechanism

Experiments on the mechanism of the oxidation of olefins

« N
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with three and four atoms of carbon were carried out by Adams
and Jennings (32). They reported that the reaction mechanism
appears to be the same over both cuprous oxide,and bismuth mo-
lybdate catalysts. The proposed mechanism involves the forma-
tion of an allylic intermediate by abstraction of a hydrogen
from the methyl group followed by further abstraction of this
intermediate.

In order to determine the rate equation that best fitted
their experimental data,Mann and Rouleau (74) in 1964 suggested
that the surface reaction between adsorbed isobutylene and gaseous
oxygen appears to he the rate controlling step in the reaction.
The same authors,in agreement with Adams and Jennings,have sug-
gested that the reaction mechanism of catalytic oxidation of
isobutylene over cuprous oxide is the same as the reaction over
hismuth molybdate catalyst. This conclusion was due to the fact
that the rate equation for the catalytic oxidation of isobuty-
leneoyer bismuth molybdate was similar to the rate equation over

modified copper catalyst.
B. Kinetics

Mann and Rouleau (107), in 1964,studied the air oxidation
of isobutylene to methacrolein over copper oxide catalyst sup—
ported on pumice in a flow system.

They reported that increase in temperature from 350 °C
to 450 °C ,results an a steady increase in the conversion
of isobutylene,while the yield of methacrolein decreases with
temperature. A similar effect of the oxygen ( in the air ) to

isobutylene ratio on the conversion of isobutylene to methacro-
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lein,and the yield of methacrolein reported. They also found

that the conversion was independent of the oxygen to isobuty-

lene ratio and temperature,when the ratio g of catalyst to g-moles
feed per hour was less than 0.2 . They have concluded that the
surface reaction between adsorbed isobutylene and gaseous or

weakly adsorbed oxygen is the rate controlling step in the reaction.
fhey also postulated that the rate of the reaction for the oxi-
dation of isobutylene could be well described by the following

equation;

8 Kiso Piso Pox
r = equation II.3.1
14 K‘iso Piso * Kﬁeth Pmeth

The maximum deviation between the predicted conversion values from
the above equation and the experimental values was found to be less
than + 6 7 .

Ghorokhovatskii et al (108,109) studied the same reaction
under a wide range of conditions. They determined the activation
energies for methacrolein and carbon oxide formation to be 15
and 20 Kcal/mole respectively. They also reported that,apart
from methacrolein.as main product,acetaldehyde,propionaldehyde,
carbon oxides and water were detected.

Similar studies were made by Popova (110) in 1951. Isobuty-
lene was oxidised at 350 °C - 370 °C by oxygen in the presence
of a catalyst consisting of 70 Z Cu20 and 30 7 Cu0 . Experi-

ments were carried out at an oxygen to isobutylene ratio 1:5.6

over a wide range of space velocities. It was found that with .
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a conversion of 3.8 7 isobutylene to carbonyl compounds, 82.5 %
was methacrolein, 7.2 7 propionaldehyde, 6.2 % acetaldehyde and

4.1 7Z acrolein.

1I1.3.2 Bismuth-molybdate catalysts.

Recently much work has been carried out on the use of
bismuth oxide and molybdenum oxide,and their various mixtures for
the selective oxidation of isobutylene to methacrolein. A large
numher of patents (111,112,113,114,115) have described different
methods of preparation and special heat treatment for obtaining
highly selective bismuth molybdate catalysts.

Adams (56) reported that when propylene and butylenes
were oxidised over bismuth molybdate catalyst,selectivities towards
the main product were very high at rather high conversion levels.
Contrarily other olefins containing more than four carbon atoms
lose their selectivity at high conversions.

Tichy (116) in 1972 has studied the air oxidation of isobu-
tylene to methacrolein over various bismuth molybdate czialysts.

The specific surface area of each different catalyst was determined
using x-ray diffraction analysis. It was observed that the
maximum selectivity towards methacrolein was obtained when the
catalyst had a bismuth to molybdenum ratio of 1.25. He also observed
a rapid fall in activity as the ratio approached 2:1 which was
attributed to a less well developed crystal structure by results

from x-ray diffraction analysis.
A. Mechanism

The mechanism of the oxidation of olefins with three and

four atoms of carbon was reported (56) to be the same over both
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cuprous oxide and bismuth molybdate catalysts. The proposed
mechanism involves the formation of an allylic intermediate by
abstraction of a hydrogen from the methyl group,followed by
further abstraction of this intermediate.

Adams (32) refers to a prior overall mechanism which the
oxidation of olefins over bismuth molybdate should obey. This

mechanism follows the steps:

i'. An olefin molecule comes in contact with the surface that

is covered with chemisorbed oxygen atoms.

02 ( gas ) = 2 oads
ii. The abstraction of an allylic hydrogen atom by an oxygen atom
causes the formation of a resonance stabilised allylic interme-

diate and an OH species.

RRR R R &
R-—C=C-ﬁ‘-‘R + Oaa;'_’—"—* R=C~—C=—C-R + OHads Cor LZOads)

The kinetic slow step is the formation of this intermediate; thence
the speed of the reaction is an inverse function of the strength

of an allylic C~~H bond.

iii.Subsequent hydrogen abstraction from this intermediate yields
a conjugated diene,or upon oxygen substitution,a conjugated unsa-

turated aldehyde.

B 'R RiR RRRR
R-C—C--C—-C-R + 0 —» R-C=C-C=C-R + OH
H ads ads
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R R H RRH
R-C——C--C-H + 20 .——————= R-C=C-C=0 + OH
ads a

ds
where R represents either hydrogen or alkyl.

In addition, Uchijima and Oda (117) observed that both
propylene's and isobutylene's oxidation rates are the same over
bismuth molybdate catalyst and from this fact they concluded
that the same mechanism is possibly involved in both oxidations.

Mann and Yao (118) have proposed a mechanism for the oxi-
dation of isobutylene to methacrolein over bismuth molybdate ca-
talyst based on the electron theory of catalysis. They have consi-
dered that the surface of the catalysts consist of two types of
active sites,electron and positive holes on which oxygen and

olefin adsorbed. The surface reaction was assumed to follow the

next steps.
i. Electron transfer from the catalyst to the reactants.

ii. Homogeneous reaction i.e formation of activated complex

and rearrangment of the charged particles on the surface.
iii.Electron transfer from the products to the particles.

On the other hand Ray and Chanda (80) have adopted three
criteria in order to discriminate the reaction mechanism as

follows;

i. Positive values for all rate constants.

ii. Agreement with Arrhenius - law in respect of temperature de-

Ppendence of rate constants.

jii.Small deviation betweeen calculated and experimental conversions

All the possible reaction routes have been considered, i.e
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parallel,consecutive and parallel-consecutive; only the following

parallel scheme was in agreement with the adopted criteria.

Methacrolein
K
K,
Isobutylene D3 CO
K
3
002

B. Kinetics

An interpretation of the kinetics based on their experi-
mental data for the selective oxidation of isobutylene over
bismuth molybdate catalyst was attempted by Mann and Ko (119),
in 1973. These experiments follow their previous work on isobu=
tylene oxidation,with different catalyst Systews using an isother-
mal integral flow reactor. For a space velocity equal to 3.75
and a temperature range 350 % - 560 % ,the selectivity for
methacrolein was found to increase with increased oxygen/isobu-
tylene ratios. They also ohserved that while the conversion of
isobutylene increased steadily with temperature,the selectivity
decreased at all space velocity values. Figure II.2.a illustra-
tes graphically tﬁeir findings.

The kinetic analysis of their experimental data was made
using the approach suggested by Hougen and Watson (15) . In this
method ,various mechanisms which could control the reaction were
postulated based on a single site and two types of active sites.
To determine the rate controlling step of the solid catalysed

gas ,the values for the highest temperature and the highest partial
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Figure II.3.a Variation of conversion and selectivity

with reactants feed ratio
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pressure gradient were calculated. From these values heat and
mass transfer effects were considered as negligible.

Equations for these mechanisms relating the rate of forma-
tion of methacrolein and water,were postulated and checked against
their experimental data. The mechanism which assumes that the
rate controlling step is the surface reaction between charged
adsorbed isobutylene and oxygen,was found to correlate the data

most satisfactorily. The rate expression was;

S B Piso & K‘x
- 150 2 equation I1I.3.2
C1+ Kiso Piso s K'meth P*msat:h.) L Kbx Pox
h .
where KS . Kiso 3 Kheth_ and Kbx are temperature dependent and

can be expressed by the following equations:

1n Kiso = 5,18 <+ 17.79 x 103 ol g equation II.3.3
1n Kmeth = 4.30 + '24.27 % 103 i equation II.3.4
InK = 0.75 + 3.64 x 10° /T equation II.3.5
In Kg = 7.44 < 7.32 x 103 Rk o equation II.3.6

In figure IL.3.b the theoretical conversion values obtai-
ned from the rate equation are compared with the experimentally
olLtained values for a temperaure of 410 % ,and an oxygen to iso-
butylene ratio of 1.2 . The maximum deviation between these va-

lues was found to be only + 47 at low reciprocal space velocities.
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Similar work was carried out by Uchijima and Oda (117)
in 1968, A single pass flow reactor was operated at atmospheric
pressure,and the reaction temperature varied between 400 °c
and 520 °C. The analysis of the products was carried out using
standard gas chromatography techniques. The kivetic analysis of
their experimental data showed that isobutylene oxidation rates
are first order with respect to the olefin and independent of
oxygen concentration, Similar results were found during the ca-
talytic oxidation of propylene over the same catalyst system,
However,the oxidation rate of isobutylene was found to be greater
than that of propylene.

Addition of a phosphorus promoter to the catalyst lowered
the apparent activation enmergy of propylene oxidation but had
no effect on the oxidation of isobutylene. The activation energy
of isobutylene oxidation was calculated as being 27 - 28 Kcal/mole.
They also reported that when the conversion of isobutylene was
increased,the selectivity to methacrolein was steadily decrersed,
and that the reaction deviated markedly from their first order
relationship when the conversions were higher than 30 7Z. This was
attributed to prqduct retardation caused by the reactivity of
methacrolein.

In addition, Ray and Chanda (80) studied the air oxidation
of isobutylene over bismuth molybdate catalyst,using an integral
flow reactor,in the temperature range of 325 ° to 500 °c.
They reported that the conversion of isobutylene and the yields
for both carbon oxides increased with increasing temperature. The

<P : . o
selectivity for methacrolein was found to increase up to 425 “C,
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after which it decreased with further increase in temperature,

To obtain kinetic data the authors carried out experiments,
studying the effect of contact time on the conversion of isobu-
tylene at different temperatures and different feed ratios. They
observed that oxygen to isobutylene moles ratios above 6.0
had no effect on conversion., The reaction scheme which assumes
that methacrolein and carbon oxides are formed from a parallel
route during the catalytic oxidation of isobutylene was closer to

their experimental results. The integrated forms of the rate equa-

tions were given as:

Po=p

Aot G L e e it L X, ¢ equation I1.3.7
P
I,
.__...PM = (K,/ ) E_-—ex ( - t)] ti 11.3.8
: K1 KI P KI equation i
L
P ]
D - (KR ) [1-em (K t)]equation 11.3.9
4?10
'P s
0 o C KS/KI ) [} - exp ( —KI t i]equation I1.3.30
4P
I

where t 1is the time factor defined as the reciprocal of moles

of isobutylene feed per hour per g of catalyst. K1 is the rate

constant for the scheme leading to the formation of methacrolein,

K2 to the formation of CO, and K3 to the formation of 002

KI was chosen to be Kl + K2 + K3 . The values for these rate

constants were obtained by linear regression from their experi-
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Table II.3.b Activation energies and pre-exponential factors

for pseudo-first order kinetics (80)

i i %
e ~ ‘\
Activation energy 10.87 15.11 15.06
Kecal / mole
Preexponential, 62.05 196.4 330.9

g-moles / g h atm

Figure II.3.c Variation of conversion, X, sand selectivities
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mental data.

The values for activation energy and the pre—exponential
factor of the Auhenius equation for each of the reaction rate
constants were determined and are shown in table II.3.b, while
their results are illustrated in figure II.3.c.

The experimental values of conversions and the values cal-
culated from the above equation gave a deviation at each tempera-
ture less than 6 7 .

Recently Cartlidge,Mc Grath and Wilson (81) have attempted
to model the oxidation of isobutylene to methacrolein and carbon
oxides over bismuth molybdate catalyst. They used an §.G.S.
reactor which is considered to operate under conditions of negli-
gible heat and mass transfer effects.

Their experimental data were fitted to a number of kinetic
models based on Langmuir's isotherms. The preferred model assumes

that:

i. The surface of the catalyst has a high affinity for isobuty-
lene; hence Kiso is unity for all the experimental conditions.
Oxygen and isobutylene are chemisobed on different types of active

sites and thus there is no competition for active sites.

ii. Oxygen is chemisorbed on pairs of adjacent sites and most of
it desorbs unchanged. The reaction occurs between oxygen and adja-

cently adsorbed isobutylene.

iii.The average lifetime of oxygen on the surface which descrbs
unchanged is greater than the average lifetime of oxygen which

desorbs as oxygenated products.

iv. The newly formed methacrolein desorbs very rapidly due to its
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low affinity for the sites at which it is formed.
v. All the carbon oxides are formed by post oxidation of metha-
crolein.

The expression for the rate of the reaction which best

fitted the experimental data was given by the following equation:

dE:z.Hea U Bay E’z__]o's N
dt 1+ %o, Ez]o.s" b K, Eroductﬂ Y

equation IT.3.1]

where Eroductﬂ = E&HE»O] +1/4 E:Oil + 1/4 [CO]

_average surface lifetime of 0y which desorbs unchanged
ayerage surface lifetime of 0, which desorbs as products

W = Weight of the catalyst

The absence of an isobutylene term was explained consi-
dering that the surface has very high affinity for isobutylene
under the conditions employed,and that the isobutylene and oxy-
gen do not compete for active sites.

It should be emphasized that the above equation represents
data for the reaction leading to methacrolein formation only over
the range 356 % = 370 °Cc . Above this temperature no equation

has been found to represent the experimental data satisfactorily.
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I1.4  FLUIDISATION

Unfortunately,definition of fluidisation phenomena can
lack a completeness due to the complications involved in a flui-
dised system. Instead,this phenomena can best be interpreted
in terms of a simple operation by which a bed of fine solids
is transformed to a fluidised stage. When a fluid is forced to
pass upwards through a bed of solid particles,a pressure drop
develops across the bed. With increasing flow-rate of the gas
or liquid,the bed of particles will pass through the stages of
a fixed bed, and expanded bed as illustrated in figure II.4.a
With fuwher increase in the upward fluid velocity,the bed expands
and q.stage will be reached where the drag forces will be suffi-
cient to support the weight of the particles. In this state,
the fluid/particle system begins to behave like a fluid and it
will flow under a hydrostatic head; the bed is then considered
incipiently fluidised,or to be a bed at minimum fluidisation velocity
( figure II.4.b ).

In liquid solid systems an increase in flow rate above
the minimum required to produce a fluidised bed usually results
in a smooth,progressive expansion of the bed the particles spa-
cing themselves evently so that the liquid passes smoothly through
the interstices. In this case the average distance between the
particles will become much greater, ( figure II.4.c ) this type
of fluidisation is referred to as "particulate" .

In general,particulate fluidisation occurs with liquid-solid

systems and with gas-solid systems when the particles are very
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fine and over a limited range of velocities.

Gas-solid systems and sometimes liquid-solid systems,
when thé solids are of high density,behave in a quite different
manner. With an increase in flow rate above the minimum fluidi-
sation,the excess gas will pass through the bed in the form of
hubbles. This type of fluidisation is referred to as "aggrega-
tive" . The bed in this case is called an aggregative fluidised
bed,a bubbling bed,or simply a gas fluidised bed (figure IL.4.d ).

When the flow rate is further increased,the bubbles agi-
tate the hed and consequently its height fluctuates due to bub-
bles. With still greater flows the bubbles grow unt11 their
frontal diameters are reaching the size of the diameter of the
containing apparatus; the bed is then said to be "slugging"

(_ figure IL.4.e ).

Eventually at high flow rates the terminal velocity of
the solidsis exceeded,the upper surface of the bed disappears
and particles are carried out of the apparatus. The voidage frac-
tion is then very high and the phenomenon is that of pneumatic
transport. In this last stage the bed is called a disperse,or dilu-
te fluidised bed..

Gas fluidised beds of fine,irregular particles are prone
to channeling. As the fluid velocity through the bed is increased,
instead of the bed expanding uniformly,the fluid opens up channels
thiough the bed. Then having created a path of low resistance,
this path is enlarged with further increase in the fluid flow
velocity. In the extreme case,with gas fluidised beds of fine

particles the bed fails to fluidise at all.
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Certain crystalline materials with axis very much longer
than the others ora vheat grain,will not fluidise stably. However,
they can be handled by spouted bed techniques in which the mate-
rial is entrained in an air jet,which carries it up the centre
towards the top of the bed,where it becomes deentrained and
flows back down the walls of the bed so that vigorous circulation
is maintained (120). These techniques are also of value when it

is impractical to use a conventional distributor.

IL.4.1 Advantages and disadvantages of fluidisation technique
R Tt o ‘\.,——--\-\1—-_— - ——————

The technique of fluidisation has been extensively used
for operations involving solid/fluid contacting,especially
whenever high rates of heat and mass transfer between the solid
and fluid are required. However,the various disadvantages of
a fluidised system should also be mentioned for the purpose of
selecting an optimum overall design. The most important advan-
tages are concerned with temperature control and heat transfer,

continuity of operation,mass transfer and handling of fluidised

beds.

i . Temperature control

The violent agitation of the particles disperses the he;t
throughout a fluidised bed and a temperature uniformity is
quickly established. Since some catalytic reactions are highly
exothermic,rapid heat removal and close temperature control is
required and thus a fluidised bed reactor can be applied succesful-
ly for such catalytic reactions (105,106 ) . The heat transfer
between the fluidised solids and an immersed surface is very

high,hence heat exchangers within fluidised beds require relati-
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vely small surface areas.
ii. Contacting efficiency.

An extremely large area of contact between solid and fluid
gives rise to high overall rates of mass transfer between the so-
lid and the fluid. This can oftan be a considerable asset in
the design of reactors for some industrial processes. The drying
of solid particles with the fluidisation technique has become
widely used recently. Some liquids are dried also on inert bodies
and the dry product is carried away as a fine powder, The usual
operations of evaporation,crystallization,filtration,drying and
pulverisation are replaced by a single process of drying in a
fluidised bed.
iii.Continuity of operation

The behaviour of a fluidised system allows continuous con-
trolled operations. The addition and withdrawal of solid particlcys
from the process equipment can also be controlled and as a result
many batch processes have been replaced by continwous ones,which
have proved to be more economic.

Inherent within the technique are also some limitations:

i. The process demands expenditure of power for fluidisation.
ii. An excessive tendency for particle attrition is shown by

some friable solids. This will produce too many fines by degrada-
tion of the particles which will be lost from the bed.

iii.The formation of "agglomerated" particles too large to flui-
dise,can necessitate a lowering in temperature of operation,
thereby reducing the rate of a chemical reaction quite signifi-

cantly.Also there some materials of such irregular shape that
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they can only be handled by the spouting bed technique.

iv. Operating parameters are limited to within the range over
which the bed may be fluidised. If the fiuid velocity is too
low,the bed settles; if,on the other hand,the flow rate is too
high,there is excessive loss of particles from the bed by

carry over.

v. There is usually a limit to the size of particles which may
be fluidised (. 6500 pm down to a few microns ). This limit is
particularly dependent on the fluid viscosity and particle/fluid
density ratio as well as the fluid flow rate.

vi. The quick equilibration of temperature in a fluidised system
is a disadvantage in those operations where thermal gradients
are required.

vii.The formation of bubbles characteristic of most gas-solid
beds may result in reduced contacting efficiency. This becomes
possible when some of the gas within the bubbles by-passes the
solids and that can be serious when high conversions of gaseous
reactant are required.

iix.For catalytic reactions the movement of porous catalyst parti-
cles which continually capture and release reactant molecules
contributes to a ﬁigh degree of back mixing,resulting in lower
conversions relative to those of an ideal plug-flow reactor.

ix. The dynamics of fluidised systems are not sufficiently well
understood topermit confident scale-up to large scale units wher

reaction conditions are critical.

I1.4.2 Pressure @tgp_in gas_fluidised Leds,and minimum flui-

disation velocity
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When a gas is forced to pass vertically upwards through
a bed of solid particles a pressure drop is caused across the
bed. According to Ergun equation (121) a relationship

between the pressure drop and gas velocity will exist.

(1- em)zpuo l—e:m- p Uz

41-gc = 150 N ¥ 175 3 & equation II.4.1
H gag- g € d
m 's P m s p

The pressure drop in equation II.4.1 represents two factors,the
viscous losses which need to be considered at low Reynoldé numbers,
and the kinetic energy losses at high Reynolds numbers.

In the cases of low and high Reynolds numbers equation II.4.1

simplifies to equations II.4.2 and II.4.3 respectively.

AP £ s Em)z u Ua
——g =150 3 5 NR (®) <:E§ equation I1I.4.2
o € (6 d) .
m - -
Ap T g | p U2 3
—g =1.75 3 S - . NRe (P> 10” equation II.4.3
g € ¢ d
m s p

The linear rélationship between the pressure drop and gas
velocity was initially predicted by Kozeny (122) in 1927 yand
Carman (123) in 1937 based on work in fixed beds.

At the point of minimum fluidisation the gas velocity has
reached such a value that the frictional pressure drop is equal

to the weight per unit area of the particles (124) ,and thus;

=70~



Pressure drop Cross—sectiona Specific weigh Volum
x - X x
across the be area of tube of particles of be

Fracion of

solids
or MPA =W= (A H) (l-c ) Eps“‘ o) g/g;]
and &P = (1 —-gmfl A p.® pg) Hmf g/gc equation II.4.4

It is obvious that the evaluation of the pressure drop
in the above equation necessitates a knowledge of the voidage
fraction , € nf 28t the point of minimum fluidisation. It is
. generally supposed that in a'bed at the onset of fluidisation
the voidage corresponds to the loosest state of a packed bed ..
In this case we would expect a bed of uniform spheres to take
up the cubic mode of packing and therefore at the point of inci-
pient fluidisation the voidage fraction will be g 1/6 ( 6-n)
= 0.476 . This assumption is approximately correct,since voidages .
for uniform spherical particles have been observed (125,126)
being between 0.4 and 0.5 .

Combining the equation II.4.1 with equation IT.4.4
the minimum fluidisation velocity can be determined from the

resulting equations II1.4.5 and 1I.4.6 (124,127)

l 3
.75 |d u 150 1-e L oy ¢ d -0 )
s mf H H

equation II.45

-71-



I

writing NRe Umf pg dp / u

3

p (ps—p ) g d

and Ga = Galileo number = g gz P
i

equation II.4.5 becomes:

lfsmf 1 2
Ga = 150 i NRe s I €3 JNRe equation II.4.6
Ems “mf

However,for small particles of small specific weight equation II.4.1
simplifies to equation 1II.4.2: thus equation II.4.5 gives:
2
(qbsdp} p =p €

=)
Umf = 5 8 g mf NR @) @ equation II1.4.7
150 U 1-€ £

For larger particles equation IL.4.1 simplifies to equation II1.4.3;

thus equation II.4.5 gives:

1/2
g I ¢s dp Ps pg 2 83 NRe§§5>’103 equation II1.4.8
mf 1.75 Py 3

m
Assuming that for uniform spherical particles the voidage
fraction at the point of incipient fluidisation is about 0.42,

equation II.4.6 can be modified thus:

-g
Npe = 25.7 G/{ + 5,53 x0T Ga~ 1) equation IIL.4.9

which give: the minimum fluidisation velocity for the whole

range of Reynolds numbers when the voidage fraction and the

_72 -



sphericity are unknown. This was suggested by Wan and Yu (128)
who reported that for 284 data points in the whole range of
Reynolds numbers the expression predicts the minimum fluidi-
sation velocity with a standard deviation of 34 Z.

Generally a pressure drop through the bed of particles
versus gas velocity graph is used for the determination of
the minimum fluidisation velocity. An ideal case of a well
fluidised bed of uniformly sized particles is shown in figure
11.4,f (124) ,established by Shirai (129).

At relatively low gas flow rates in a packed bed a li-
near relationship between pressure drop and gas velocity exists,
and will be well described by equation II.4.2 . At the point of
minimum fluidisation ,U__, the gas velocity will result in
a pressure drop equal to the weight per unit area of the particles,
AP = W/A., and this pressure drop remains practically constant
with further increase in gas velocity, However,ideal circumstances
are very difficult to achieve and as a result = pressure drop
versus gas velocity diagram would give a useful rough indication
of the quality if fluidisation. In beds of small diameter,where
the wall effects may be important,according to Richardson (127),

" Because of the tendency of the particles to interlock with one
another,partial bridging can occur; thus it is possible for pres-
sure drop to exceed its theoretical value and the pressure drop
velocity curve,will pass through a point of maxlmum pressure drop,
ﬁgmax"’ On the other hand,non fluidised regions in a gas fluidised
bed may exist if the strmcture of the bed is not completely uni-

form, As a result the minimum fluidising velocity is lower, than
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Figure II.4.f Ideal pressure drop in fluidised beds a29)
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Figure II.4.h The slugging phenomenon ( results by Hiraki (30 ) )
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the velocity at which the bed weight is fully supported by the

fluid ’Ufs’ as shown in figure II.4.g (127). In deep narrow flui-
dised beds there is a tendency for bubbles to grow and coalesce

as they rise through the bed until they occupy the whole cross—sectio-
nal area of the tube and so a slugging bed is formed; the slug ri-

ses through the tube carrying particles ahead of it and causes

largepressure fluctuations within the bed, figure II.4.h (124).

I1.4.3 Modes_of flgi@igapiqn

Since the mode of fluidisation is basically dependent upon
the properties of the particles and the gas velocity,many experi-
mentalists attempted to relate the behaviourof a fluidised bed with
the gas characteristics and particle properties.

Early studies by Wilhelm and Kwauk (131) ,suggested that
the transition hetween particulate and agregative behaviour as
shown by non-bubbling,and bubbling beds,could be explained in terms
of the Houdemumber, equation II.4.10. This implied that if the
fluid could lift tne particles,particulate fluidisation occutted,
and that the gas passed through an "expanded bed" stage. If the
gas was unable to lift and separate the particles then bubbles

were formed throughout the bed.

2

Np. (Umf) =W / dp g equation II.4.10
If NFr (Umf) <:::'0.13 particulate fluidisation
If NFr (Umf) ;:::> 123 aggregative fluidisation

When the ratio of solid to fluidising fluid does not exceed
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two or three,particulate fluidisation generally takes place,

until solid transport occurs. The régime of "particulate flui-

disation", has examined in detail by Richardson and Zaki (132,133)
They showed that the ratio of superficial gas velocity of a particle,

was a function of the voidage to a power n , where n is a

function of the Reynolds number,depending on the range of the latter,

equation TII.4.11.

-

U n
e = e equation II1.4.11
U,
i

where log U, = log e d/D

Happel et al (134,135) showed that a modification was necessary
for the very dilute phase. This means that the equation II.4.11
applies only up to a voidage of 0.95 ,which was the experi-
mental range of Richardson and Zaki (132). It is mentionable also
that this value is the upper limit{ in the most practical,applica-
tions of fluidisation.

The above relationship has been found to apply to beds of
fine particles , dpf 55 ym , fluidised with air at values up to
about three times the minimum fluidisation velocity by Richardson
and Davies (136) in 1966. This is because beds of fine particles
expand considerably before bubbles appear,and in the expanded
state they are similar to liquid/sviid beds,that is,they are be-—
having in a particulate mamnmer (137).

On tke other hand,when the ratio of the densities of solid
and fluidising fluid is about 10 to 1 ,the nature of the flui-

disation changes,the most obvious difference being the appearance
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of bubbles containing 0.4 — 0.6 volZ of solids as suggested
by Kunii et al (138). The remainder of the solids comprise the
dense phase which has a voidage approximately that at minimum
fluidisation. The dense phase is therefore similar in structure
to a fixed bed, except that gross solids movement occurs as each
bubble rises.

Geldart (139) in 1973 had classified solid particles into
four characteristic groups. This classification enables identi-
fication of the mode of fluidisation according to the sizes,and
density of particles,as shown in figure II.4.i.

Particles of group C have basically very high surface
forces. Thus,fluidisation cannot occur or is extremely difficult.
For the particles which belong to group A ,fluidisation can
occur. However,considerable dense phase expansion exists before
bubbling commerces. For such particles the bubble rising velocity is
greater- than the emalgion phase “velocity and cross circulation of the powde:
occurs even when few bubbles exist. It is a facc that most of
the information on fluidisation is based on particles of group
B ,indicating a need for additional investigation of particles
belonging to other groups. The behaviourof a fluidised bed with
particles of group B is different from that of a bed fluidised
with particles of the other groups,and bubble correlations ba-
sed on group B particles should not be extended to other types
of particles without careful consideration of particle properties.
Fluidisation in this group occurs easily,and little or no powder
circulation exists due to convection effects. For most of the
bubbles,the rising velocity is greater than the average gas velo~

city in the emulsion phase. Eventually, in group D we reach
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Figure II.4.i Classificationof solid particles by Geldart ( 139 )
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the extreme where the bubble rising velocity is smaller than
the average gas velocity in the emulgion phase.

As previously mentioned,the state of fluidisation will
vary widely between systems of large and fine particles. A flui-
dised bed may be opérated close to the particulate mode in some
instances,or it can be operated in highly aggregative mode in
many others.

Nomden and De-Jong (140) in 1974 observed that when fi-
ne particles are fluidised,there is a region in which the bed
expands without formation of bubbles. Instead,when larger particles
are fluidised this bubble free region disappears. Figure 1T.4.3
illustrates graphically their findings. The relation between the
gas velocity and the fraction 63 / 1 - & for different particle

sizes is used to obtain this bubble—free region.

II.4.4 Fluidised bed reactor models

e

The difficulty of describimgaccurately the pattern of gas—
flow through a bed of fluidised particles and the complexitity
of the physics of the fluidisation process does not help the
derivation of realistic models of fluidised bed reactors. Only
comparatively receﬁtly a number of models have been proposed to
describe the behaviout of gas solid contacting and the fluid-mecha-
nical behaviow within a fluidised bed.

The formation of gas—bubbles and the circulation of the so-
lid particles will result in de.reasing the overall reaction effi-
ciency as compared to a fixed bed operating under the same condi-
tions. In an ideal plug-flow reactor equation IT.4.12 will pre-

dict theoretical conversions during gas solid catalytic reactions;



: 3 5
equation II.4.13 gives conversions in a completely-mixed flow reactor.

- T
A= 1n e g equation TIT.4.12

X= 1~ 1/ 1K' equation II.4.13

where , K' = K PW/F , is the dimensionless number of reaction

units.

A. DISPERSTON MODEL

Since the plug flow and the completely mixed models do not
correlate fluidised bed data very well,various other models have
been postulated to account for the deviations from these idealised
cases.

The dispersion model developed by Danckwerts (141) assumes
that the flow of gas through a bed involves some axial mixing which
is characterised by an effective dispersion coefficient.

The steady state differential equation in dimensionless form is:

R ) T T { O

e : - Rf(z) = O equation IIL.4.14

NEe dz dz

where the dimensionless Peclet group contains the dispersion coefficient.
If the above equation solved analytically (142) for a first order
catalytic reaction,the result is equation II.4.'5 which predicts
theoretical conversions in a catalytic reactor,where the gas flow

involves some partial mixing in the dense phase.

* All kinetics refer to a first order catalytic reaction

...81—.



) 4a
X = 1 - 3 - 2 equat. IT.4.1%
(1+a)” exp EFW( 1-a) IZEJ - (1-a)"” exp EFN (1+a) IZEE']

A i
where a=\/1+4& Kr T Eg/ﬂ{'

The two limiting cases, Eg —P» 0 , and Eg —b o will
result in solutions for equation II.4.15 identical with those of
the plug flow and perfectly mixed models,respectively. This is il-
lustrated graphically in figure IIL.4.k.

Ishii and Osberg (143) used equation IT.4.15 to represent
the performance of a fluidised bed packed with open—ended 14 mesh/in
stainless steal screen cylinders ( wire 0.024 in in diameter ) ,
of two sizes ( 0.2 x 0.2 and 0.4 x 0.4 in ). The reaction studied

was the catalytic isomerisation of cyclopropane to propylene.

/ \K silica alumina crack. catalyst
H2C CHZ 150 - 200 Tyler mesh H C3H6

The order of the reaction and the rate constants were determined

from conversion data obtained inra fixed bed at different reactant
flow velocities. They reported that the reaction follows approxima=
tely a first order process,and an overall activation energy of

15.7 Kcal/mole was calculated from the slope of the curve log K
versus 1/T . It was found that the dispersion model could not cor-
relate unpacked fluidised bed conversion data,however,when packing

was used the dispersion model been applied to correlate the conversion
data obtained from the 6 in reactor.

In figure II1.4.1 a comparison of their experimental data for two
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Figure II.4.k Application of the dispersion model (170).
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Figure I1.4.1 Test of data with the dispersion model (143).
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different settled bed heights, ( 1.8 and 1B-11 in ), and two
gas velocity ranges , ( 0.03-0.2 and 0.1-0.52 ft/sec ) ,with
the dispersion model is well illustrated.

Tn a fluidised bed most of the early work showed that almost
comlete mixing of solids takes place. Singer and co-workers (144)
showed almost perfect mixing of catalyst in a commercial catalytic
cracking unit,and Overcashier,Todd and Olney (145) reported that
the solids mixing observed in a 5-compartment baffled fluidised
bed,was equivalent to that for three perfect mixers in series.
Gilliland and Mason (146,147) showed that solids mixing was rapid emough
in a gas fluidised bed,to maintain a uniform temperature distribution.

Furthermore Brammer et al (148) have applied Danckwerts
model to correlate experimental data in a bubbling fluidised bed
reactor ,but the agreement between the dispersion model and expe-

riment was good only at low superficial gas velocities,where the ave-

rage bubble size was very small.
B. ORCUTT-DAVIDSON-PIGFORD TWO PHASE MODEL

The simple two-phase model was first suggested by Toomey
and Johnstone (149) in 1952 ,and it was developed by Johnstcne et
al (150,151,152) ,Mathis and Watson (153) ,Lewis et al (154) ,and

May (155) . This model may be set up considering a fluidised bed

system consisting of:

i. A dense phase in which the flow rate is equal to the flow rate
of the gas for minimum fluidisation i.e the voidage fraction is

practically constant at me s and

ii. A lean or bubble phase which carries the additional flow of

fluidising fluid.
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This situation is illustrated in figure II.4.m. The evidence
of this picture of a fluidisedbed is considerable,and it finds
support for instance in the work of Morse and Ballou (156), Yasui
and Johanson (157) ,Baumgarten and Pigford (158) ,and many others.

In 1961 Davidson (159) postulated that bubbles in a flui~-
dised hed existed as if they were in an inviscid liquid. He derived
a velocity potential for the particle motion and a stream function
for the flow of fluidising fluid for both two and three dimensio~
nal beds.

In béds of coarse particles where bubbles rise at a velocity
lower than the particulate phase fluid velocity,the theory predicted,
that the bubble acts as a low resistance path for the particulate
phase gas. The gas flows in at the base of the buubble,and out at
the top,with no circulation. In beds of fine solids where bubbles
rise at a velocity greater than the interstitial gas velocity,the
theory predicted a circulation of gas from the nose to the base
of the bubble within.the limits of a’ spherical cloud..In particular
for isolated bubbles rising in beds where the particles are smaller
than about 400 pm in diameter,bubble gas contacts only particles within
the cloud-overlap.region »depending strongly upon the value of
Uy, / U, | »as illustrated in figure II.4.n.

Subsequently Orcutt,Davidson and Pigford (160),were the first
to include the results on the relation between bubble rising velocity
and the bubble size and the gas velocity in their two-phase fluidi~
sed bed reactor mod-l.

In this model the Bubhle rising velocity is considered pro=

portional to the square root of the bubble radius, U

= 1/2
&= 0.711 LgDe) 5

following Davies and Taylor (161) ,where the equivalent bubble diameter,
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De = (6V / m )1’3 .The upward velocity of the particulate
phase above any bubble must be U - Umf »$0 that the absolute

rise velocity of each bubble will be:
Ua = (U - Umf ) + 0.711 \/g De equation II.4.16

It was also considered that all but the gas required to incipiently
fluidise the hed passes through the bed as uniform and equally distri-
buted bubbles. If the number of bubbles per unit volume is N and

the bed expansion, H - H.mf »is due entirely to the presence of bub-

bles it was calculated that:

N Vb Ua = U= umf equation II.4.17
and N Vb H = H- Hmf equation II.4.18

Assuming that within each rising bubble there is complete
mixing and no reaction, and there is an exhange of gas between the
two phases,the following model was derived to give the conversion
when a first order,catalytic reaction takes place in a fluidised
bed where the dense phase gas is completely mixed;

C1- 8™k )?

X=1~ Be 'k + = equation II.4.19
K' + (1-8e k)

An analogous derivation,which assumes complete mixing within each
rising bubble,but plug flow in the dense phase,gave a second order

differential equation the solution of which is:
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1 m, U m, B
Xiwm s e m, e ™ g | _._l__Eﬁﬂ) - m e 2 (1 - 2 mflﬂ
m2"m1 My Uo nk Uo

equation II.4.20

where my and m, are the roots of the quadratic equation:

m2 - ( n + &Yl =-Bim + K! n /] 1 -8 =0 equation II.4.21
where B=1- Une / U, equation II.4.22
and o= g B u Vb equation I1.4.23
If the gas exchange between the bubbles and the dense phase is
described as a combination of the "cross flow" of the gas and

convective diffusion (162) ,then the total gas exchange between

the bubble and the dense phase is:

2 1/2 1/4 2 .
q = 3/4 Umf W(De) + 0.975 Dg (g/De) / T De equation II.4.24

and thus equation II.4.23 becomes:

6.34 H .-
m

n = £ s [:Umf R Dl/Z (g/De)l/{] equation II.4.25
D, (D) F

The limiting conditions of equation II.4.19 and TII.4.20 are:

Lim ( K'=—>» @ ) ) i O ( fast reaction )

Lim ( K'——=0) X=0 (no reaction )

1-1/1+K' 'very fast '
Lim ( ﬁk~—* 9 j ————ﬂ<::: X' exchange
X =1l-e through bubbles
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Figure II.4.m

The two phase model

Dense phase

€t

Bubble phase

no particles

mf

.—88-




Figure II1.4.0 Test of Orcutt's results with the bubble model
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Figure JTT.4.q Tést of Orcutt"s results with the bubhle model

cel/ci

6 in diameter

= 0.12 ft /sec
o

i 1 | 1 1 i L 1 |
2 4 6 8 10 12 14
Kl
Figure II.4.r Test of Orcutt's results with the bubble model
o 6 in diameter
ot
o = 0.23 - 0.34 ft / sec
-0.4
02
5 A 3 8 10 12 15
Kl

.-90-.



These reactor madelswere compared with experimental conversions
obtained by Orcutt (163),during the catalytic decomposition of ozone
over iron-enriched silica alumina catalyst of particle size 20-

60 pm . The results are illustrated in figures II.4.0 JII.4.p
IT.4.q and II.4.r. ,in the form of graphs shcwing thg fraction
of unconverted ozone,as a function of the dimensionless number

of reaction units ,K' . The dashed lines represent the best fit
curve through his data points,while the solid lines represent
theoretical conversions calculated from the bubble model assuming

1) Piston flow ( equation II.4.2C ) ,and 2) Complete mixing (equa-

tion I1.4.19 ) of the gas in the dense phase.
€. BUBBLE ASSEMBLAGE MODEL

Although the formation of a slug within a fluidised bed
is an extreme case,however there is reasonable evidence (164,165
166) ,that coallescence of bubbles does occur; thus,bubbles increase
in size as they rise through a fluidised bed.

Variations in bubble sizes were determined by measuring
the bubble frequency at various flow rates and different bed le-
veis in a 6 in diameter fluidised bed by both Lancaster (167)
and Toor (168) ,using the experimental technique suggested by
Angelino et al (169). They postulated that bubble frequencies
were practically independent of the gas flow rates and could

well be estimated from the following relationship.

[ e R R e E equation II1.4.26

Including the effect of “ubble growth as described in the
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above expression with the two-phase theory Calderbank and Toor (170)
derived the "coalescence models" . These fluidised bed reactor mo-
dek predict the fractional conversions during a catalytic reaction
- within a fluidised bed where the gas is considered 1) completely
mixed ( equation II.4.27 ) yand 2) in plug flow (equation II.4.28 ),
while the bubble size increases as they rise through the bed mostly

due to coalescence.

= U U

X=1-= _( 1 -.':l..‘“i ) Cepled yt (_;‘.‘E) C cp/ci)h=1{] equat, II.4.27
i Umf Umf

X D om0 e w SN R R

For equation II.4.28 the following boundary conditions were

taken:
s ch =c; at h=0
: & 8 dr_h/dh =0 at h=0

In deriving the above models the following assumptions

were made;

i. Bubbles within a fluidised bed are formed from the excess gas

above the minimum fluidisation velocity.

ii. The bubble size is increasing due to coalescence with rise
through the bed,and the rate of bubble growth is given by equation
IX.4.26.

iii.The bed expansion, H - Hmf ,is due entirely to the presence

of hubbles. The bubbles are completely devoid of particles and
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therefore no reaction takes place in them.

iv. The absolute rise velocity of bubbles , Ua s 1s the sum
of their natural velocity Uy » and the upward wlocity of the particulate

phase between them.

v. The total gas exchange between the bubbles and the dense phase
is attributed to a combination of the gas crossflow, and mass tran-

sfer from the bubble to the dense phase.

Experimental conversions obtained during the catalytic de-
composition of ozone were compared directly with conversions pre-
dicted from the bubble asseblage model by Lancaster (167) .and
Toor (168) . The variation of the unconverted fraction of ozone,
ce/ci , in the fluidised bed reactor with the dimensionless
number of reaction units ,K' , is shown in figures II.4.s ,II.4.t
IT.4.m and II.4.w.

The solid lines were calculated from the models represented
by equations II.4.27 and 1I.4.28 ,while the dashed line repre-
sents the best fit curve through the experimental points estimated

from the following expression.

c 1 Kt . K2 k'™
= = +a ( )" + a $rivet a il
c T LA S 2 (4kn)3 m, (AR
equation II.4.29
giving the limits Lim ( K'—0 ) ( ce/ci) =1
¢, L )
Lim ( K'==ex ) (—)-—— = a,
c; 1+K'

In addition,many other more sophisticated models have been
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Figure II.4.s
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Figure 1II1.4.u Comparison between experimental data and

the bubble assemblange model (170)
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proposed in the last ten years to describe the performance of
fluidised bed reactors. These models may be classified according
to their level of sophistication and complexitity into two
_ groups. In one group of models,a fluidised bed is considered to
be composed of two parallel single phase reactors with cross-
flow between them. Such models are basically variations of the
two phase models containing more than three parameters,two of
which specify the degree of back-mixing in the individual phases,
and a third which defines the rate of cross—flow between them.

In the second group the models are based on the properties
Qi single rising bubbles and normally the average bubble dia-
meter becomes the key parameter in these models. The absolute
and normal bubble rise velocity,cloud formaticn,throughflow
of gas in the bubbles e.t.c ,are also considered in certain
models. A summary acrording to the above classification of the
most important fluidised bed reactor models in the |j-terature

are given in tables II.4.a and II.4.b .

I1.4.5 Mass transfer in_fluidised beds

Reference has been made to the fact that mass transfer is
accepted as one of the basic steps during solid catalysed reactions.
Hougen and Marsall (171) proposed the first exhaustive treatment
of mass transfer control for the process of adsorption from fluid
streams by fixed beds.

Gamson ; Thodos and Hougen (172) ,and Wilke and Hougen (173)
correlated experimentally measured mass and heat transfer for a
bed of granular solids,as empirical functions of the Reynolds
number and Schmidt number. This method was extended by Hurt (174)

to cover heterogeneous catalytic reactions in a fixed bed by
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Key to tables 1II.4.a and II.4.b

A.

B.

Ct

F-

Gl

Gives the way of dividing the phases within the fluidised bed.
i. 3-phases bubble phase-cloud phase-emulgion phase

bubble phase-( cloud phaset+emulsion phase)

%

ii. 2-phases

( bubble phase+cloud phase )~emulsion phase
Describes the type of flow of the gas within the bubble phase

Describes the type of flow of the gas within the emul ion

phase ,i.e the degree of back-mixing

Describes the gas exchange between the phases.
. Considers the effect of jet formation in.the model.
Considers the effect of cloud formation in the model.

Considers the bubble wake in the model.
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Table II.4.a Fluid-bed reactor models " GROUP I "

MODELS DESCRIPTION

A. Two phases,bubble phase completely free of

Shen and
Johnstone particles.
(151) B. The flow of the gas in the bubble phase is assumed

to be the gas flow in excess of that required at
minimum fluidisation.

C, The gas flow is considered either in plug-flow
or perfectly mixed.

D. The mass transfer coefficient Letween the two
phases is calculated on the basis of chemical re-
action data.

E. Is ignored

F. Is ignored

G. Is ignored

A. Two phases,dilute phase inc¢luding solids but not
Mail B specifically cloud or wake solids.

B. The gas flow is assumed to be the gas flow in
Watson
153) excess of that required at minimum fluidisation
C. The gas is considered in plug flow
D. The mass transfer coefficient between the two
phases is calculated on the basis of chemical
reaction data.

E. Is ignored

IF. Is ignored

G. Is ignored - --




MODELS

DESCRIPTION

Lewis et al

A.

Two phases, dilute phase including solids but not

specifically cloud or wake solids.

(154)

B. The gas flow is considered to be the entire flow
through the bed.

C. The gas flow is considered either in plug-flow
or perfectly mixed.

D. The m;ss transfer coefficient between the two
phases is calculated on the basis of chemical
reaction data.

E. Is ignored

F. Is ignored

G. Is ignored

A. Two phases,bubble phase completely free of

May  (155) particles.
B. The gas flow is assumed to be the gas in excess

of that required at minimum fluidisation

fthe flow of the gas in the dense phase is cha-
racterised by an axial dispersion coefficient, Eg’
and it is a variable parameter.

The mass transfer coefficient is a variable pa-
rameter.

Is ignored

Is ignored

Is ignored
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MODELS

DESCRIPTION

Yen Desubter A. Two phases,bubble phase completely free of
(197) particles

B. The flow of.the gas in the bubble phase is a
variable parameter.

C. The flow.of the gas in the dense phase is consi-
dered either in plug-flow or a downward moving
flow.

D. The mass transfer coefficient is a variable pa-
rameter.

E. Is ignored.

| F. Is ignored

G. Is ignored.

Lanneau (198)| A. Two phases,dilute phase including solids

B. The flow of the gas in the bubble phase is a
variable parameter.

C. A downflow of dense phase gas is permitted

D. The cross—flow between the two phases is based
on a mechanistic expression and is a variable
parameter.

E. Is ignored

F. Is ignored

G. Is ignored
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MODELS

DESCRIPTION

Muchi (199,

A.Two phases,bubble phase completely free of

200) particles
B.The gas flow is assumed to be the gas in excess
of that required at minimum fluidisation.
C.The flow of the gas in the dense phase is consi-
dered similar to that as Tanks in series model.
D.The mass transfer coefficient is calculated on
the basis of chemical reaction data.
E.Is ignored
F.Is ignored
G.Is ignored
Kobayashi A.Two phases,dilute phase including solids.
et al (201) B.The flow of the bubhle phase gas is considered

either the excess gas of that required at minimum
fluidisation or the entire flow of the gas.

C.The gas flow is considered either in plug-flow
or perfectly mixed.

D.The mass transfer cqefficient is a variable pa-
rameter

E.Is ignored

F.Is ignored

G.Is ignored
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MODELS

DESCRIPTION

Mireur and

Biscoff (202)

A.

Two phases,bubble phase completely free of
particles.

The gas flow is assumed to be the gas in excess
of that required at minimum fluidisation.

The flow of the gas in the dense phase is cha-
racterised by an axial dispersion coefficient, E ,
and it is a variable parameter.

The mass transfer coefficient is obtained by
independent gas mixing studies or it is calculated
on the basis of chemical reaction data.

Is ignored

Is ignored

Is ignored
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Tahle 1I1.4.

h Fiuid-bed reactor modeis '' GROUP II "

MODELS

DESCRIPTION

Orcutt-David-—
son-Pigford

(160)

A. Two phases,bubble phase completely free of
particles

B. The gas flow is assumed to be the gas in excess
of that required at minimum fluidisation,and is
considered perfectly mixed.

C. The gas in the dense phase is considered either
in plug flow or perfectly mixed.

D. The mass transfer between the lean and the dense

phase is attributed to a combination of the gas

"ecross—flow" and convective diffusion. The transfer

across cloud-emultion bondary is considered fast.
E. Is ignored
F. Is ignored
G. The wake is ignored or treated as part of the

gverall dense phase.

Rowe_(203)

A. Two phases; a cloud-unit phase which includes
bubbles and their associated clouds,and an emul¢ion
phase which includes the remainder of the densé
phase.

B. The gas flow is assumed to be the gas in excess of
that required at minimum fluidisation.

C. The gas in the dense phase is ronsidered in plug

flow

R R )
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MODELS DESCRIPTION

D. The mass transfer across bubble-cloud interface

is very fast,and is assumed that there is no gas

transfer across cloud-emul¢ion boundary.

E. Is ignored

F. The effect of cloud is considered,and the gas
within the cloud is assumed perfectly mixed.

G. The wake is treated as part of the cloud.

Toor and A. Two phases,bubble phase completely free of
Calderbank particles,
(204) B. The gas flow is assumed to be the gas in excess

Qf that required at minimum fluidisation,and is
considered perfectly mixed. The tubble growth is
accounded in the model.
C. The gas in the dense phase is considered either
in plug-flow or perfectly mixed.
D. The mass transfer between the lean and the dense
phase is attributed to a combination of the gas
“eross—flow" and convective diffusion. The tra;sfer
across cloud-emulsion boundary is considered very
fast.

. Is ignored
ﬁ. Is ignored

G. Is ignored
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MODELS DESCRIPTION
Kunii and A. Three phases; bubble,cloud and emulsion phase
Levenspiel B, The flow of the gas in the bubble phase is assu-
(124) med to he the ges in excess of that required at

minimum fluidisation with through-flow between
the phases.

C. A downflow of the gas in the dense phase is
permitted.

D. The mass transfer across bubble-cloud interface
is a combination of diffusion with throughflow.

E. Is ignored

F. The effect of the cloud is considered,and the
gas flow within the cloud is assumed perfectly
mixed.

G. The wake is treated as part of the cloud.

Rowe and A. Two phases; a cloud-unit phase which includes
Partridge bubbles and clouds,and an emulsion-phase. .
(205) B. The gas flow is assumed to be the gas in excess

of .that required at minimum fluidisation.

C. The gas in the dense phase is considerea in plug
flow

D. Mass transfer coefficient is calculated on the basis
of chemical reaction data,and the transfer across

bubble-cloud interface is assumed very fast.

E. Is ignored
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MODELS

DESCRIPTION

The effect of cloud is considered,and the gas
within the cloud is assumed perfectly mixed

The wake is treated as part of the cloud.

Mori and Wen

(206)

Two phases; the bubble + cloud ,and an emulsion
phase.

The flow of the gas in the bubble phase is consi-
dered to be the entire flow of the gas.

The flow of the gas in the dense phase is consi-
dered similar to that as Tanks in series model.
Mass transfer is a variable parameter.

The effect of jet formation is considered in

the model

The effect of cloud formation is also considered

Is ignored.

Chiba and
Kobayashi

(207)

A.

C.

Two phases; a cloud-unit phase which includes
hubhles and their associated clouds,and an
emulsion phase which includes the remainder of
the dense phase.

The gas flow is assumed to be the gas in exnéss
of that required at minimum fluidisation.

The gas in the dense phase is considered in plug

flow
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MODELS DESCRIPTION

D. Mass transfer coefficient is calculated on the
basis of chemical reaction data,and the transfer
across bubble—cloud interface is assumed very fast.

E.:Is ignored

F. The effect of cloud is considered,and the gas flow
within the cloud is assumed perfectly mixed.

G. The wake is treated as part of the cloud.

=107=



defining the height of a reaction unit equal to the sum of

the height of transfer units,and height of surface reaction unit.
Amundson (175,176) ,Kasten et al (177,178) ,and Rosen (179),
developed mathematical treatments for succesive mass transfer,
and intraparticle diffusion in fixed beds.

In fluidised beds it is impractical to apply the fixed
bed theories simply because the solids are always in a state of
rapid movement,and mixing. As a result,all the solids become
partially saturated with adsorbate gas as soon as the fluidi-
sation process starts, The activity of adsorbate at the gas/solid
boundary depends on the type of gas and solids mixing,and the
postulates of the two phase theory of fluidisation make the
kinetics more complicated.

Usually,in many physical and chemical operations occuring
in fluidised beds,mass transfer is excellent,and therefore mass
transfer steps are not generally the rate determining ones.
However,in fluidised bed reactors,kinetic data can easily be
misinterpreted unless knowledge of the mass transfer resistances
are taken into consideration.

Although the formation of bubbles is the main characteristic
of fluidised beds,however,the mass transfer between the wall,and
the bed,and between particles and fluid have to be considered in
the absence of phase segregation. On the other hand,mass transfer
between the lean and the dense phase in fluidised beds has to
be examined carefully during "aggregative fluidisation" where

the bubhle phase has an influence on the transport rate.

A. Mass transfer between a fluidised bed and a wall.
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In particulate fluidisation,the mass transfer coefficient,

KGw » for bed-to—wall transfer can be predicted from the following

equation:
K y L I Ty
= e.N:/J - ¢ |22 equation IT.4.30
U = v(1-€g)

This relationship predicts that the product of the Stanton number,
NSt = KGW / u , and N§£3 »1s a unique function of the Reynolds
number ,based on the voids and their mean hydraulic diameter (180).
Mass transfer coefficients theoretically obtained from the above
equation are in fair agreement with experimental values obtained
by many investigators (181,182,183).

In aggregative fluidisation the particles do not follow
the fluid turbulence at all,unlike small particles in a liquicl
fluidised bed. This difference in turbulent motion of the particles
in both cases undoubtedly will have some influence on the overall
mass transfer coefficients.

Gupta and Thodos (184) reported that during transfer to
a packed bed of spheres,the formation of an "aggregative bed" ,
~ resulted in measurable changes of the mass transfer rates.

Ziegler and Holmes (185) in 1956 measured mass transfer
from a fixed vertical plate of naphthdene to a gas fluidised
bed. Unfortunately their data are inconsistent with other reported
data. This lies in the fact that possible adsorption of naphtha-
lene on the particles increased the transfer rates considerably.

Only at the point of minimum fluidisation were: their mass transfer

coefricients - in agreement with other data. That can be
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easily explained by the fact that at low gas velocities the
?articles are still restricted in their movement and are not

free to migrate.
B. Mass transfer between the fluid and solids

A large number of reports deal with the mass transfer
between the particles and the fluid. Most of the data obtained,
are for particles somewhat larger than those usually employed
with gases. In general the mass transfer coefficients for fine
particles are very difficult to measure accurately.

The first step towards comparing fluidised bed mass
transfer data with those of fixed beds,was presented by Chu,
Kalik and Wetteroth (186),studying systems of naphthalene coated
celite cylinders,and glass beads fluidised with air. When the
mass, transfer factors were plotted against Reynolds number,
the fluidised bed data were lower than the fixed bed results,
for the same system,and a characteristic line existed for each
particle size in agreement with earlier reported work (187,188).

Gas to particle mass transfer,has been examined by many
investigators (189,190,191), and their work suggests that the
only diffusional resistance of importance,is between the walls
of the bubhle and the gas inside.

Richardson and Bakhtiar (192)reported that equilibrium
between fluidised solids and effluent gas is very nearly reached
when air containing toluene is passed at 0.3-6.0 cm/sec through
only 0.2-7.0 cm bed depth of a fluidised granular toluene
adsorbent in the size range mostly of 40 - 80 um particles.

| Correlations and statements of existing data on mass

transfer in both fixed and fluidised beds are given by several
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authors (193,194,195) .However,the problem is that in the cor-
relations proposed not only the influence of the velocity is
hidden But also the voidage fraction of the bed on the mass
transfer coefficient.

Chu et al (186) suggested that a modified Reynolds number
containing the voidage in the denominator plotted against the
mass transfer factor,correlated their fluidised bed data with
the hody of fixed bed data. It is therefore unfortunate that
voidage is a difficult parameter to determine accuyrately for
low solids density beds,especially bubbling gas fluidised beds.

Richardson and Szekely (195) used the adsorption of carbon
tetra-chloride from air streams in fluidised beds of activated
carbon in a non-bubbling system. They showed that the mass
transfer coefficiont was a maximum at the start of the process
and decreased as the resistance to transfer in the pores of the
solid increased. It was established that the back-mixing was
more important at low Reynolds numbers,probably due to the move-
ment of gas in the boundary layers surrounding the individual
particles,as bubbles were not present. They postulated the fol-

lowing correlation for the mass transfer coefficients.

1.18
KGP a4 Y a7 8. p
P = 0.3?4 _P_o_.. L ;
equation II.4.31
D u
for 0.1 <¢RE(P) <15
. 0-5
KGP Ay d Uﬁ o]
and '_p = 2.00 |—E_2 __ equation II.4.32
D M



Figure II.4.w Correlation of data on mass transfer.
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Correlations of reported mass transfer data in both flui-

dised and fixed beds are given in figure II.4.w ,which shows the

2/3
Sc

= dp c/u (1-¢).

abscissa , ( KGP / G]:'Jl ) N ,as a function of the Reynolds

number NRe

Line A-A 1is that of Chu et al (186),representing data
from various sources on gas-solid and liquid-solid systems in
fixed and fluidised beds. Line B-B represents a later corre-
lation by Sen Gupta and Thodos (196).

The data of Fan,Yang and Wen (189) for expanded or partly
fluidised beds of 8 - 24 mesh benzoic acid particles in water,
fall considerahly below line A-A ;suggesting the possibility
that figure II.4.w predict too large values of ip = KGP/GM 5

for expanded beds. A recent correlation by Recetti and Thodos (190)

using the same coordinates agrees closely with line A . .
C. Mass transfer between lean and dense phase in fluidised beds

The way that phase segregation influences mass transfer
rates between particles and fluid is rather complicated,and is
mathematically difficult to express the transfer coefficient in
terms of the exhange resistance between the two phases unless
the relatively simple two phase theory is adopted. The two phase

model assumes that:
i. All particles are present in the dense phase.

ii. The lean phase nccupies a fraction Eb of the bed and there-

fore a fraction (1 - Eb ) of the bed is occupied by the dense

phase.
iii.The fluid in the dense phase is considered to be in plug—flow

iv. The lean phase does not contain any particles and is in
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plug flow too.

v. The rate of exchange between the lean and the dense phases
per unit volume and per unit of driving force is KG ay ,where
KG is the exchange coefficient and a, the surface area of the
Bubbles per unit yolume.

For tﬁis simple model,the degree of eqilibrium at the exit
between the particles and the effluent, X ,can be expressed in

terms of the following four dimergionless groups (180):

» O o= Umf /U equation II.4.33

This parameter is the reciprocal of the fluidisation number. When

a fluidised system is operated in the neighbourhood of the inci-
pient fluidisation régime ( a —> 1 ) the influence of phase
segregation on the transfer process can be neglected. Instead

the degree of mixing in the dense phase becomes important. At
ﬁigh.fluidisation numbers ( a—>1 ) the degree of mixing in the
dense pﬁase is irrelevant as long as the transfer resistance at the

interface is still important.

2. = (1~ €p ) Eg/ UOH equation II.4.34
The influence of dispersion in the dense phase on the transfer pro-

cess is given by the parameter , B , which is proportional to the

dispersion coefficient , Eg "
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3. Y =U0d/ 6(1-E)KGPH = U/KGPaH equation II.4,35

The parameter , y, 1is the reciprocal of the number of transfer
units that would have been present in a uniformly fluidised bed.
When a catal?tic reaction is taken place in a fluidised bed,the
mass transfer resistance between the fluid and the particles

has to be replaced by the sum of this resistance,and the resistance
due to chemical reaction at the particle. Consequently this pa-
rameter for a first order catalytic reaction of the type

A—> B is given by:
Y =(U/H) (l/KGPa + 1/K) equation II.4,.36

4. § = Ke a / Kep @ equation II.4.37
the ratio of the transfer resistance in the dense phase and the
resistance Between the two segregated phases is given by the pa-

rametexr §. Similarly this parameter in the case of a first order

catalytic reaction will be modified to:

§ = KG ay (l/KGPa + 1/K) equation II.4,38.
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ITI.1 APPARATUS

The catalytic oxidation of isobutylene to methacrolein and
other products was carried out in a bed of bismuth-molybdate catalyst
fluidised with a gaseous mixture consisting of the olefin together
with nitrogen and oxygen.

The inlet gases were taken from cylinders through molecular
sieve drying columns,and the flow rate of each gas was adjusted
using fine control needle valves,and measured by means of mercury
mancmeters.

Back pressures across the reacler were measured with a CCL4
manometer,fitted in the outlet of the reactor. The glass reactor
was equipped with a stainless steel paddle stirrer with electric
motor drive. The furnace in which the reactor was mounted verti-
cally was fitted with a temperature controller,while the oven
temperature was measured accurately by three Cr-Al thermocouples.
Before passing to the analytical section the product gases were
led through a cyclone system,where deposition of any entrained
catalyst particles could be estimated,

Experiments in the temperature range 390-535 °C were car-
ried out and percentége conversions,selectivities and yields of
the products were determined using two PYE-UNICAM 104 chromatographs
one fitted with a flame ionization detector,the other with a katha-

rometer head.

The gas mixture was finally passed through a methacrolein
trap and thence to the atmosphere. All parts of the apparatus were

connected with copper tubing(1/4"),and the post-reactor part was
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Key to the Figure III.l.a

02, NZ’ C4HB Gases from cylinders
A Molecular sieve drying columns

B Flow rate control needle valves

Mixing chamber
CCLA manometer

Stainless steel stirrer

- O

Furnace
H Reactor
gk Cyclone system
J  Chromatographs

K Aldehyde trap
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Figure III.1,a Schematic diagram of the experimental settp for the oxidation experiments



Plate III.l.a Laboratory layout of the apparatus.
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bound with electrothermal heating tape and kept at a temperature
of 120°C, This is required to prevent condensation of any poly-
mer produced which can cause blockages.Heating tape at 70°C was
‘also fitted to the reactor inlet to ensure homogeneity of the
reactant upstream of the mixture,

The apparatus used are illustrated in the schematic dia-
. gram of figure IIT.l.a,while plate III.l.a shows the actual la-
horatory layout of the apparatus.

ITI.1.1 Inlet gases,drying columns

The inlet gases,oxygen free nitrogen and oxygen were sup-
plied by the British Oxygen Company while analytical grade iso-
butylene was supplied by the British Petroleum Company,

The drying columns were made of pyrex glass tubing of
dimensions 25"x1" and were fitted with molecular sieve 4A pre-
activated. at 450 °C for 24 hours.

IT1.1.2 Flow rates and control valves

The flow rates of the inlet gases were adjusted using
fine control "MF" series needle valves,supplied by Negretti
Aviation Ltdjequipped with digital meters in conjuction with
three mercury manometers. These valves have been designed to
operate at pressurés down to 1x10_8 torr and up to 2000 lbfinz.
However,total pressures of 15 1b/in2 for the oxygen and nitrogen
and 10 lﬁlin2 for the isobutylene was usually applied to each
needle valve from the cylinders.

The calibration results for the three flow rate control

valves are given in table III.l.a.
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Table ITI.l.a Calibration table of the flow-rate control valves

Meter NITROGEN OXYGEN ISOBUT NE
value flow-rate flow-rate flow-rate
ml/min ml/min ml /min
0 0.00 0.00 0.00
20 = 3.00 1.45
30 - 6.40 3.00
40 - 12.3 5.45
50 - 17.8 7.32
60 - 28.0 11.5
70 - 40.0 16.6
80 - 54,5 22.2
90 2 71.4 28.8
100 80.50Q 90.2 36.1
110 313.2 - 45,1
120 137.9 - 55.0
130 E53:8 - 65.9
140 196.7 - 76.9
150 226.4 = 86.9
158 255.0 - =
160 266.6 - -
165 285.7 - -
170 333.3 = -
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ITI.1.3 The reactor system

The reactor design was similar to the reactor "B" used pre-
viously to study the effect in the free board zone on the extent
of conversion to acrolein and for kinetic measurements(zoé). It
was made of pyrex glass tubing of 33mm diameter and 180mm long.
The preheated homogeneous mixture of reactant gases passed through.
the inlet tubing (10mmx400mm) located into the furnace and thence
was distributed uniformly within the catalyst bed.

The distributor was a pyrex glass sintered disc of poro-
sity B.S No 2. At the top of the reactor an opening was especially
designed for the stirrer and was located at the centre of the
reactor,while the stirrer paddle was kept vertically within the
catalyst bed 5mm above the distributor. The stainless steel stir-
rer was driven by a motor supplied by Citenco motors Ltd,which
could rotate the stirrer in the range 0O to 300 r.p.m.

The reaction products were led for amalysis through a se-
cond opening located at the top of the reactor after passing the
cyclone system,where deposition of any entrained particles
were collected and estimated.

The pressure drop across the reactor was measured with a
CCL4 manometer fitted in the inlet of the reactor. Usually the back
pressure during experiments was constantj;but unusual increases
were caused from blockages of the sintered plate by fine powder.

The reactor system design is shown analytically in

figure III.1l.b.

III.2 ANALYSIS
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Analysis of feed and products were carried out using stan-
dard gas liquid chromatography techniques.
| Two PYE UNICAM 104 chromatographs were used in the present
studiesf Initially the total effluent from the reactor (300ml/min)
was passed through the two G.,L.C. units. It was observed that
high back pressures across the sampling loops were due to this
high flow rate. To reduce anomalies on the exit flow rate,caused
by changes in the back pressure,the exit gas mixture from the
reactor was split before entering the sampling loops and the 1/8"
copper tube was replaced with 1/4" tube. The size of the sample
loops was selected to give the optimum semsitivity without over-
loading the columns. The chosen size was 0.5 ml but eventually
those were replaced with 1 ml loops, in order to reduce errors
in the amcunt of gas being injected,which could easily result
from random changes in the back pressure or temperature of the
sampling loops. The method by which standard volumes of gas
samples were injected into the column packings is shown in:
figure III.2.a.

For quantitative analysis it is necessary to know accurate-
ly the volume of sample being injected. This has been achieved.
by determining the weight of mercury required to fill the loop.
Furthermore,the maintenance of gas flow through all parts of
the valve at all times,eliminates "dead volume". The operating
knob was turned to the "fill" position ten seconds after the
sample gas had been swept from the sample loop and into the column,
This procedure was found to give generally better peak shapes

for major components.
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Figure III.2.a Functional diagram of gas sampling valve
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To avoid condensation of liquid aldehydes,the sampling
loops were heated with electrothermal heating tape at 120 %%.
However,the high yields of methacrolein being produced often
caused blockages in the loops. Acetone was forced through the
loops and then air was passed until the solvent was completely
removed. This cleaning procedure was found very effective and
was used regularly to avoid blockages in the sampling system.

The output signals from the detectors were recorded with
two Mitsui Rikadenki recorders and the areas of the peaks
obtained were measured with a magnifier eye-piece which could
give a good estimation of peak width.

The operating conditions for both chromatographs are
summarised in the table III.2.a. A gas chromatography recorder
chart for a typical run is given in figure IIT.2.b.

I11.2.1 G,L.C. separation-columns

The empty glass columns were five feet in length and were
supplied by PYE UNICAM.

For the identification and analysis of the reactants and
the oxidation products many column packings can be used sati-
sﬁactqrily. To obtain a good separation and identification in
a; short a time as possible,the following three column packings
qére adopted as the most suitable,

A. The column packing chosen for the analysis of the
oxygen,nitrogen,and carbon monoxide was molecular sieve 5A(209)
The column was packed under vacuum and activated at 475 °C

for twelve hours(210) with nitrogen passing continuowly at

about 25 ml/min. Since many decomposition products may cause
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Table III.2.a Operating conditions for the chosen column packings

Katharometer head

Feature F.I.D. head
Column I Column 2 Column 3
15%,
oxydiopropio- Molecular Porapak Q
Packing

nitrile on sieve 5A

Chromosorb P

( 80-100 Mesh )
Column oven 2 o o

70 C a0 e 80 =16
temperature
Carrier gas Nitrogen Helium Helium
Carrier gas
B natd 25 ml/min 40 ml/min 40 ml/min
Detector head
o o o

temperature 200 C 200 C 200 C
Detector
supplies:
Air. 600 ml/min - -
Hydrogen 25 ml/min - -
Bridge current - 200 mA 200 mA
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Figure ITT.2.b Typical chromatogr um.
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contamination of the packing the efficiency of the column was
regularly checked and calculated from the chromatogram using

the following formula;

Efficiency = 16 (¥/X)}% @11)

where X=width of base of peak

Y=retention time of peak
1f the efficiency was smaller than the efficiency of a normal
column i.e 500 theoretical plates, the packing was replaced
with reactivated material.

B. From many Porapak column packings Porapak Q is
thought to be the most suitable for the analysis and detection
of propene,isobutene,carbon dioxide,and water.The column was
packed under vacuum and activated by preheating to remove the
residual low boiling materials before they could contaminate
the detector and give rise to an unstable baseline.

The use of porous polymers beads as a packing material
was reported by Hollins(212),and Cross(213) in 1966. They
have used such columns for the separation of permanent gases
and Cl—C2 hydrocarbons. Furthermore,Hollins and Hoynes(214)
have independantly described a procedure for separation of
hydrogen—air-carbon dioxide-water and 61"04 hydrocarbons
using Porapak Q packing with operating conditions similar to
our own.

C. The column packing chosen for the analysis and detection
of the olefins,and the other oxidation products ( propene,iso-

butene,acrolein, methacrolein,formaldehyde,acetaldehyde,propion -
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aldehyde,acrylic acid,methacrylic acid,methanol,ethanol and
acetone ) was g—-8 oxydipropionitrile 157 on Chromosorb P solid
support.

This packing was prepared by dissolving 8-8 oxydipropio-
nitrile ( 7.5 g ) in methanol ( 150 ml ) contained in a 500 ml
flask. Chromosorb P (42.5 g ),was then added followed by suffi-
cient methanol to cover the solid. The mixture was shaken for
several minutes and the flask was connected to a cold-trap
i.e dry ice/acetone and a vacuum. The flask was heated gently
to assist the removal of the solvent. Then the column was packed

under vacuum and activated under the conditions of analysis.

ITI,2.2 Calibrations

From the three columns mentioned previously, the mole-
cular sieve 5A,and Porapak Q columns were used with the chroma-
tograph equipped with a katharometer detector,while the "ODPN"
column was operated with the G.L.C. unit equipped with a flame
jonization detector. Before the calibrations the operating condi-
tions for both units were established and are summarised in
table III.2.a.

Since,generally,detectors measure the number of molecules
eluted from the columns and not percentages,the.variables which
can affect the number of molecules present in the sampling loops
should be considered. The back pressure across the loops compres-
ses the gas and hence the number of molecules increases. Thus
the peak areas vary depending on the back pressure. The following
relation was used to correct the peak areas obtained due to

pressure within the apparatus:
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760
760+back pressure

Corrected peak—-area=measured peak—area X

the similar relation:

273+tempr. of sample loops

Corrected peak—area=measured peak-area x 273

was applied to correct again the peak areas due to the heating
of the sampling loops to a temperature considerably higher than
the amhient temperature, |

It is emphasized that if the above corrections have not
been taken into consideration the error produced is greater
than 97 .

A. Calibration of the ODPN column.

Small quantities ( 30 ml ) of methacrolein were purified
by vacuum distillation over MgSO4 .The product was confirmed
to be pure by gas-liquid chromatography,and N.M.R. spectra.

Figure III.2.c shows the proton spectra obtained for
distilled methacrolein.

Standarts consisting of 5% w/w, 10% w/w, and 157 w/w so-
lutions of pure methacrolein in petroleum ether were prepared.
The G.L.C. analyseé of these solutions.was performed immediateﬁly
due to known instability of the methacrolein.

The standard methacrolein solutions ( 0.3, 0.5, and 0.8ylit )
were injected and analysed at different attenuations. Peak heights
and peak areas were found to vary greatly for Identical,conse-
cutive injections. This inaccuracy was attributed to the sampling
technique. Eventually the following procedure was found to give

consistent peaks.
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i. Regular check on flow rates
ii. The syringe was cleaned between injections to avoid blockages
from column packing or polymer deposits.
iii.Before sampling,ensure that the syringe is not blocked. by
discharging some liquid.
iv. Withdraw liquid into syringe ( after flushing with sample 2
or 3 times ),about 0.1 yl more than required.
V. Adjust to the required volume. Then if a bubble is in the end,
remove it from the syringe exit.
vi, Inject into the column packing and press the topof the syringe
twice rapidly.
vii,Rapid sampling was also preferred over a long term injection
since the latter caused the solvent peak to broaden considerably
and produce a slight difference on the methacrolein peak.

Similarly all the other aldehydes,ketones and acids were
purified,identified and calibrated in order to obtain the re-
tention time and the concentration in gmnles/mm2 of each
component.

B. Calibration of the molecular sieve 5A column,

The oxygen,nitrogen,and carbon monoxide were identified
and calibrated on the molecular sieve 5A column. All the gases
were supplied from standard gas cylinders ( the gas cylinders
contained mixtures of carbon monoxide,carbon dioxide with nitrogen
and oxygen with nitrogen.). They were injected through the
sampling loops and the retention times and the concentration of
each compount were obtained.

C. Calibration of the Porapak Q column.
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Table TIII.2,b Calibration factors for compounds identified
by F.I.D, gas chromatograph
Compound Retention g-moles / mm Attenuation| Column
time 10
sec z
Propylene 33 50x10
Isobutylene 36 50x10&
Unknown 62 = -
4
Formaldehyde 125 0.9262 leq 15% 8-
Acetaldehyde 134 1.3476 SXIOQ oxydipro—-
Propene-oxide 145 0.9379 ixlOa pionitrile
4 on Chro-
Propionaldehyde 200~ 1.1342 5x10 RS T
Acrolein 270 1.0110 10){104 ( 90mesh )
Acetone 285 2.0930 10}:104
Methacrolein 300 0.6135 10x104
Acrylic acid 340 3.2345 10x104
Methaerylic acid 420 2,5986 10x10"

Table III.2,c Calibration factors for compounds identified
by katharometer gas chromatograph.
Oxygen 75 14,284 x20
Nitrogen 104 13,296 x20 Molecular-
Carbon monoxide 252 0.73615 x1 sieve 34
Nitrogen 60 10.655 x50
Carbon dioxide 68 2,9553 x5
Water 195 1,4396 x1 Porapak Q
Propylene 325 2,9876 x5
Isobutylene 900 3.4732 x10
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The Porapak Q column was used for the identification
of nitrogen,carbon dioxide,isobutylene,and water. The retention
time and the concentration in gmoles/mm2 of each gas were

calculated by injecting standard mixtures through the sampling

loops. Liquid injections of distilled water were used for the
identification and calibration of the water.

The calibration factors and retention times for compounds
formed in the catalytic oxidation of isobutylene are summarised

in tables III.2.b,and III.2.c.

ITII.3 COMPUTING PROCEDURE

FORTRAN IV computer programes were developed and used for
the calculations,statistical analysis and modelling of the experi-
mentally ohtained results,

A. Figure III.3.a shows the program used for the calculation
of carbon mass balance,oxygen mass balance,conversion percentages,
selectivity towards methacrolein,and yields of the various by-products,

The mean carbon mass balanc: and the mean oxygen mass balance
were calculated for each temperature and a statistical analysis
carried out on the calculated values,

The variance ( equation IIT,3.1 ) for each set of experiments
is the sum of squares of the deviations of the observed values
from their mean,devided by one less than the total number of obser-
vations. The square root of the variance is the standard devia-

tion (. equation III.3.2 ),thus
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2 N

o = ¥ 1/8-1 ( x.=x )2 equation III.3.1
i=1 *
5 o L2
and ¢ = 3 IMN-EK X=X ) equation III.3.2
i=1

The mean of the variances over the temperature range of the two
balances,( cz+c§ ) / 2, was taken to be the experimental error
for a given block. For ease of reference, (.g§+c§ Y /:23a
represented by U: ’

The calculation of the conversion as percentages was based
on the moles of olefin reacted over the moles of olefin in feed,
while selectivities and percentage yields were calculated from
the moles of compound formed over the moles of olefin reacted.

B. Determination of various physical quantities and
other parameters involved in a fluidised bed reactor,or those
reactor models being examined was obtained from the program
given in figure III,3.h.
| The input data for this program consist of the reactor
temperature for each set of experiments,the partial pressure
of olefin in feed,and the reciprocal of the olefin flow velocity.

I The quantities calculated are:
i. The rate constant of the reaction according to Arrhenius
law ( equation III.3.3 ),in respect of temperature dependence.
e-Ea/RI

K = A

e equation IIT.3.3

ii. The dimensionless number of reaction units, thus:-—

=138



K' = K _PW /| F equation III.3.4

iii. The diffusion coefficient of clefin into air based on the

Lennard-Jones expression for intermolecular forces ( equ. III.3.,5 ).
0.0018581°>/ 2 [(“1"“2) /MIM?J i
P ofs R

D equation III.3.5

s e s

iv, The equivalent mean bubble diameter ( equation III.3.6 )
was estimated from bed expansion data,but this value was only
initially used for the determination of the number of transfer
units ( equation IIT.3.7 ) in the Orcutt-Davidson-Pigford

fluidised bed reactor model.

H U-uU
De= 1/g € HT; 6 §T§ )l/2 equation III.3.6
mEe -
6.34 U
e T Umf+ 1.301/2 ( g/D )1/4 equation III.3.7
D \/&D_ g ¥

If all the above mentioned values are available then conversion
can be predicted theoretically assuming different patterns of
flow of the gas.

C. Two NAGF library subroutines were combined and mo-
dified in order to fit a set of experimental data points to
chosen equations.

This routine performs a multiple linear :iegression in

order to fit a curve of the form

Y = b1f1(K)+b2f2(K)+........+bmfm(K) equation ITI.3.8.
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to the following data points:-—

(fua(), fZI(K),........,fMI(K), 1)

), ), ) evennsensl, ()5 X, )

(LS00, 2 (R sens EL RS X

The input data consists of the number of cases,N (rows),
on which the regression is based,the total number of variables
dependent and independent in the regression, ( M+l ),the number
of independent variables in the regression,M,and finally the

values of N observations for each of the variables given as

an array:-
A A AR (N>2 )
£La0E)
i i e e (M>/1 )

The quantities calculated are::

1. Means:

Ll 5

£ =<

5 P APYCOT F

ii, Standard deviations:

g. =JET

J

He b1 2

= 2 3
=1( fij(K)—fj(K) ) J=1’2’."f’M+1
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iii. Sums of squares and cross—products about zero:

N
8., = L $ . AR
: ij 1

Jk (K) j’k =1,2,ao.-c,M+1
1=l

k

iv. Correlation-like coefficients:

s,
ik 3ok =1,2,0 0000 ,M+1

‘/éjjx gkk

if sjj or s,, is zero, Rjk is set zero.

v. The inverse of the ( MxM ) partition of the matrix of cor-

relation-like coefficients, RZ, involving only the independent

variables: h
vi. The modified inverse matrix, CZ = [ij],where
i -
Cij = A' i’j=1’2’.-....,M
Sij
~ij

where r° is the ( 1,j )th element of the inverse matrix of
RZ as described above. Each element of CZ is thus the cor-

responding element of the matrix of correlation-like coef-

ficients multiplied by the corresponding element of the

inverse of the matrix,divided by the corresponding element

of the matrix of sums of squares and cross—products about

Zero,

vii. The regression coefficients:

M

where sj(M+1) is the sum of cross—products about zero for
the independent variable fj(K),and the dependent variable Y.

The routine calculates the regression coefficients, bl’bz"""
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bM’ by minimising

Whe.re ei= Yi'-(_ blflj (K)"' bzfzi (_K)"'- PR o beMi (.K.) )

iix. The sum of squares attributable to the regreséion, SSR,
the sum of squares of deviations about the regression, SSD,

and the total sum of squares, SST:

SST = s : »,the sum of squares about zero
(1) GiL) for the dependent variable, Y;

M

SSR =% b. s.
j=1 j jO+l)

SSD = SST - SSR

I

ix. The degrees of freedom attributable to the regression, DFR,
the degrees of freedom of deviations about the regression, DFD,

and the total degrees of freedom:

DFR = M
DFD = N-M
DFT = N

x. The mean square attributable to the regressiom, MSR ,

and the mean square of deviations about the regression, MSD:

MSR = SSR / DFR
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MSD = SSD / DFD
xi. The F-value for the analysis of variance:

F = MSR / MSD

Xii, The standard error of estimate:

S = ( MSD )1/2

xiii.The coefficient of multiple correlation, R,the coefficient
of multiple determination, Rz,and the coefficient of multiple

- F =2
determination corrected for the degrees of freedom, R":

R= (1 - SSD/SST )1/2

2
R=1 - SSD/SST
R%= 1 - SSD x DFT/SST x DED
xiv. The standard error of the regression coefficients:

se(bi) = ( MSD x Cii)1/2

i=1,2,....,M
xv. The t-values for the regression coefficients:

t(bi) = b, / se(bi) T T TN

The calculation of these statistical values determines
how well the regression is performed,while the fitting error
could be estimated from the values of the residual sums of

squares according to the expression:
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o] = Pl ——— 100
F Ty B |:vF ]

and the '"goodness of fit" relates to the ratio

2 -
7

This latest routine is given in figure III.3.c ,while

a

computer plots were obtained with the GINO-F routine shown

in figure III.3.d.
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.Figure I1I.3.a Data processing computer programm,
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Figure TIII.3.b Calculations computer programm
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Figurz [iI.3.c Regression analysis roucine.
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TERMINOLOGY

moles of isobutylene reacted

Conversion %= moles of isobutylene feed

x 100

moles of methacrolein produced

R x 100
Selectivity Z2 = " f isobutylene reacted

moles of CO produced

1 ¥ x 1/4 x 100
Vield of €O %= o 7es of isobutylene reacted

moles of 002 produced 1/4 x 10

) L X x 100
Yield of €O, Z moles of isobutylene reacted

t
moles of acetone produced x 3/4 x 100

Yield of CH,CHO * = “moles of isobutylene reacted

moles of formaldehyde produced

: i -x 1/4 x 100
Yield of HCHO 7 moles of isobutylene reacted

moles of acetaldehyde produced x 1/2 x 100

Yield of CH,CHO Z = T c=0F isobutylene reacted

i B o



Key to figures

E] Conversion
Zﬁ& Selectivity
() Yield of carbon dioxide

Yield of carbon monoxide

Yield of acetone

Yield of formaldehyde

BRI

Yield of acetaldehyde
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IV.1 CATALYST PREPARATTON AND_PROPERTIES

Most important considerations for the selection of a ca-
talyst system are correct size and surface area.

ihe greater the surface area the greater the amount of
reaction per unit weight. When the catalyst is porous the active
surface area is not just the geometric surface but includes
the surface inside the pores which is generally much greater
than the geometric surface area. The smaller the pore size the
greater the active surface area per unit volume ;and hence the
greater the activity. But the greater the activity the more
likelihood pore diffusional effects will occur. Hence there is
an optimum surface area for each chosen catalyst system.

Furthermore,a very important property of a catalyst is
its selectivity. The selectivity of catalyst should be high
and its heat treatment has a great effect on it. It is also
necessary that the catalyst gives reproducible results.

Bismuth Molybdate catalyst of Bi:Mo = 1l:1 was prepared
by heating 125.36 g of ammonium molybdate; ( NHA)GHO 0 4H20

7 24

with 135.85 g of bismuth nitrate; Bi ( NOB)BSH 0, in air

2
at 600 °C for 20 hours in a platinum crucible. The yellow

oxide mixture was then ground and screened to give a fraction

of B.S sieve 180-240 Mesh., The average size of the product

solid particles was also estimated from photomicrographs. Randomly
choosen samples were dispersed in methanol within glass plates

and photographs were taken with a polaroid camera on different

fields of the samples through a microscope. The average particle
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Plate IV.l.a Photomicrograph of a sample of Bi:Mo catalyst

Magnification x 89.4

Plate IV.1.b Photomicrograph of a sample of Bi:Mo catalyst

Magnification x 103.8
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diameter of 67 ym was determined after carrying out a statistical
analysis on a number of particles,as shown in plates IV.l.a and VL ebs
Surface area measurements according to the method of
" Brunauer ,Emmet ,Teller and their collaborators in the 1930's (215,
216217 218 219 ) was carried out and linear regression of
the obtained results was performed to calculate the specific
surface area of the catalyst. The value which according to the

following equation

P e Tl c-1 P :
W Py - MC *%c X7 equation IV.1l.1
a o a a (0]

gave the best fit to. the data points was 1.77 mZIg ,as given
in: table IV.1.a .

The voidage fraction of the particles at the point of
minimum fluidization was experimentally found to be 0.58.
The experiment was based on loading the reactor with a known
weight of catalyst, it was momentarily fluidised and then
allowed to slowly settle to the loosest packing case. By mea-
suring the actual volume occupied by the catalyst the m}nimum

fluidization porosity was determined by the formula

_ Weight/ p
(Height) (Area)

Emf = 1

equation IV,1.2

Determining the voidage fraction for normal packing of
the catalyst particles,the graphical correlation between sphe-
ricity and voidage fraction proposed by Brown et al (220 ),

was used to achieve the value of 0.48 for the average spheri-
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Table IV.1l.a Determination of surface area.

Bi:Mo particles 67 pm

Catalyst weight after outgassing 144 mg
Values of P/Ma(PO—P)
Weight loss 0.16 mg
OBSERVED FITTED DIFFERENCE Z GAS ADSORBED mg
0.671 0.614 8.555 0.08
1.450 1.500 -3.446 0.09
2.912 3.013 =3.477 0.10
3.771 3.677 2,486 0.10

SURFACE AREA 1.774 mzlg

STANDARD DEVIATION 4,977 %

-162-
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city of the particles.

As shown in figures IV.l.a and 1IV.l.b the i.r spectra
of the catalyst were also obtained to give an indication of
the composition of the oxide mixture,

A summary of the particle studies on the bismuth mo-

lybdate catalyst are given in the following table.

Table IV.l.b Physical properties of Bi:Mo catalyst,

Average particle diameter 0.0067 cm
Particle density 5.44 g / cm;
Bulk density 223 gl e’
Voidage fraction at Umf 0.58

Average sphericity 0.48

BET surface area Y705 m2/ g

IV.2 OPTIMIZATIGi CONDITIONS OF THE FLUTDISED BED REACTOR

IV.2,1 Minimum fluidisation velocity

Values for the minimum fluidisation velocity were dete-
rmined by measuring the pressure drop across the catalyst bed
for increasing and decreasing velocity of the gas mixture of
composition N2:02:CQH8 in the ratio 8:1:1, Table 1V.2.a
summarizes the results obtained at constant bed height,while
figure IV.2.a illuscrates the relationships and shows the
effect of a stirrer within the catalyst bed.

When the gas velocity was increased above the minimum

fluidising point,the stirred bed expanded without any observable
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bubble formation until a gas flow-rate of- 510 ml/min was
reached,at which point a freely bubbling bed was obtained;
the un-stirred bed gave rise to serious channelling. Moderate
variation in stirrer speed did not affect seriously the re-
sults and therefore an average speed of 40 r.p.m which has
been used previously (208),was adopted for the process.

When the catalyst bed was 30.12 g the minimum fluid-
sation velocity was observed to be 310 ml/min. For our reactor
( 33 mm diameter ), the minimum fluidisation velocity in

em/sec is equal to;

Umf( cem/sec )= Umf( cm3/min ) / ecross sect. areaf sz)KGO( sec/min

s 2
but cross sectional area = MR = 8.05

substituting this value in the above equation g-ve:

U . = 0.606 cm/sec
mf

Theoretically (124,128), for small uniform particles the
gas velocity at the point of minimum fluidisation can be pre-

dicted from the equation:

3 42 & (o0 8

€
g mE s D g

nf 150 ( 1-e_) w

equation IV.2.1

Our gas fluidised bed had the following physical properties:

d = 0.0067 cm

. 3
Tl 5.47 g | cm

Pg = 0.001204 g / cm3

=166—



( e mﬁg ) 931BL MC[T SBj
00Ss 00% 00€ 007

30.1 g )

IV.2.a Pressare drop variation with gas velocity
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=

i STIRRER ON STIRRER OFF
velocity Pressure [Minimum Bubbling Pressure {Minimum Bubbling
ml/min drop fluidisation| velocity OBSERVATTIONS Hrop fluidisation |velocity OBSERVATIONS
mm CCL, _velociFy ml/min mm CCL, velocity ml/min
_ ml/min ml /min
86.9 9.0 14.0
107.1 10.0 16.0
131.8 11.0 17.0
155.8 12.0 18.0
190. 4 13.0 19.0
216.2 15.0 20.0
2 :Z 2 ii 2 FIXED-BED j‘ g FIXED-BED
279:6 1?:5 290 510 TRULAERD 22.5 310 = E;EIDISED—
307.7 18.0 e 23.0
324.0 18.0 BUBBLING 23.0 CHANNELLED
363.0 18.0 FLUIDISED 23.0 FRIERESED
4158 18.0 BED 23.0 il
460.0 18.0 | 23.0
480.0 14.0 23.0
520.0 17.5 23.0
540.0 17.0 23.5
560.0 16.5 =

1sf1E]
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p = 0.,000185 g / em x sec
g =981 em / sec2

;mf= 0.58

¢s = 0,46

Substituting these data into equation IV.2.1 gave a value for
the minimum fluidisation velocity of 0.836 cm / sec.
Comparison of the theorgtically obtained minimum fluidi-
sation velocity with the experimentally obtained value gives
an error of 27.5 % .
The generalised equation which predicts the minimum
fluidisation velocity for the whole range of Reynolds numbers
( all different sizes ) has been devised by many authors (@24 ,

127 . In general,this gives a quadratic in Unf .

2 2
1.75 d° 186 ¢ T~e 3 | e &)
L L wel % 0o = i ppg( Rs Pgl® £y
6 e3 2 mf ¢2 53 mf 2
s mfp s nf M L

equation IV.2.2

Substituing the same data into equation IV. 2.2 gave a value

of Umf = 0,842 cm / sec.

Comparision of this value with the experimentally obtained
value for the minimum fluidisation velocity gives an error

of 28-02 z .

IV.2.2 _Attrition loges

Transport of catalyst out of the reactor during the oxi-
dation experiments was investigated by measuring changes in ca-
talyst weight when the stirred bed was fluidised at different gas

velocities. Results in table IV.2.b show that no appreciable
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Table 1IV.2.b Catalyst transport at varying gas flow-rate

( Weight of catalyst 30.1 g )

Cas Time Mass transport J
flow-rate min of total bed weight
ml / min

248 60 0.00

266 60 0.00

307 60 0.00

363 60 0.03

413 60 0.04

514 60 0.07

620 60 0.10
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particle transport occumed until a gas flow-rate of 363 cm3/ min

was attained.

IV.2.3 Bed expansion and bubble diameters.

On the basic assumption of the two phase theory,that the
~excess gas above that required to incipiently fluidise the bed
by-passes the particles in the form of bubbles’many reactor
models have been proposed to theoretically predict conversions
during catalytic reactions within fluidised beds.

The main parameter in these models is the equivalent bub-
hle diameter and its size determines the degree by which the
reactant gases will by-pass the bed in the unreacted state.

Expansion in bed height as the gas flow rate increased
above the minimum fluidisation point to about 500 cm3/ min.
was measured employing a simple photographic technique (221,222 ) .
The bubble eruption diameter was also measured directly from
the enlarged photographs (222,223,224) at this flow-rate and
its value,Q.76cm"as ° prefered to the value estimated from
the bed expansion data,according to the method proposed by
Davidson (159). This method has been considered inaccurate
for our studies because of (:) the increase in bed height at
these low superficial gas velocities is small and (:) the
complications caused by the application of the stirrer.

‘Typical photographs used for the estimation of - the average

bubble diameter are shown in plates .V.3.a , Vv.3.p » V.3.c

and V.3.d .
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IV.3  HOMOGENEQUS REACTION IN THE CATALYST-FREE REACTOR

Before any catalytic studies were attempted it was consi-
dered important to study the extent of the homogeneous reaction
in the empty reactor. Three different gas mixtures with CAHS:OZ
mole ratios of 0.983, 0.467, and 0.272 were passed through the
reactor at a velocity equal to the minimum fluidisation velocity
at temperatures of 387, 420, and 437 %. Figures IV.3.a, IV.3.b,
and IV.3.c 1illustrate graphically the variation of conversion,
selectivity and yields with temperature for all the three dif-
ferent ratios.

Table IV.3.a summarizes the results obtained for the gas
phase oxidation of iscbutylene at the different temperature levels,

From the results obtained it is observed that conversion
increases steadily as the temperature increases at all feed ratios.
At 0.983 feed ratic the total conversion increases from 1.700%
to 3.0557 as the temperature increases from 387 to 437 °c
( Figure IV.3.a ). For the ratio 0.467 the lowest conversion
18 Y. 7778 ‘ar. 381 oC, the maximum observed being 2.5517% at
437 oC.( Figure IV.3.b ). The results for the third ratio,0.272
showed that the conversion varied from 1.4927 to 3.029%7 ( Figure
IV.3.c ).

The main product of the homogeneous oxidation of isobutyleune
is acetone, It is formed in high yields which decrease with
increasing temperature ( figures IV.3.a, IV.3.b, and IV.3.c ).

The maxirum observed yield of acetone was 81.1 Z , while the

minimum was 66.C Z . Instead the yield of acetone generally

decreases when the reactant feed ratio decreases ( Table IV.3.a ).
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Tempe~ | Oxygen ! Yield Yield Yield i Selecti~ Yield Yield Carbon Oxygen
rature to Tota% ; of‘ of of vity of . of mass mass
izziu- Conversion Cd3COCd3 CHSCHO HCHO co 002 balanee balance
% | %acte 7 z Z 7 z 7 7
387 0,983 1.70 81,1 0,000 15,63 3.239 0,000 0,000 100,0 97.3
387 0,467 3 P 7§ 78,1 0,000 . 18,52 3,344 0,000 0,000 100,0 99.3
387 0,270 1.49 76,2 1,177 17.45 5.143 0.000 0,000 100.0 98.9.
420 0.983 | 2.00 74,1 | 0,000 16,79 5.019 0,000 0.000 99.9 99.3
420 0,467 1,96 75.3 1,362 17.86 3.465 0.000 2,103 100,0 100,3
420 0.271 1.88 69.6 2,814 20,29 4,981 0.000 ' | 2.308 100.0 99.5
432 0,983 2,75 76.5 8 S 13.82 7.033 0,000 0,000 100,0 101,3
432 0.466 2,40 73,0 2,238 16,65 5,336 0,000 2.759 99,9 100.9
432 0,272 iy 27 71,4 2+229 19,55 4,266 0,000 2,325 100.0 99.0
437 0,983 3,05 72,9 2,971 13:72 7,364 0,000 3,079 100.0 97.6
437 0,467 2,52 71,6 2,668 17,21 5.616 0,000 2,969 . 100.0 97.6
437 0,272 3,02 66,0 2,042 17.23 4,747 0,000 2,433 99,7 99.2
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Figure 1IV.3.a " Conversion,selectivity and yields variation -
with temperature during the gas phase oxidation

of isobutylene. ( 04H8/02 = 0.983 )
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Figure 1IV.3.b Ccnversion,selectivity and yields variation
with temperature during the gas phase oxidation

of isobutylene. ( 64H8/02 = 0.467 )
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Conversion,selectivity and yields

Figure 1IV.3.c Conversion,selectivity and yields variation
with temperature during the gas phase oxidation
of isobutylene. ( CQHSIO2 = 0.272 )
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On the other hand,formaldehyde is formed as a second
main product. Its yield increases with decreasing olefin to
oxygen ratio. This can be understood easily in relation to the
" variation of acetone formation.

The formation of methacrolein occurs in rather small
yields. However,they increase slightly with temperature. The
by-products are mainly acetaldehyde and carbon oxides,formed
in very small yields and only at higher temperatures are they

present in measurable quantities.

IV.4 KINETIC STUDIES AND DETERMINATION OF THE RATE OF THE

REACTION

Determination of the kinetics and the reaction rates for
the oxidation of propylene and isobutylene,over mixed oxide
catalysts to the corresponding unsaturated aldehydes has been
achieved in this laboratory using the S.G.S tjpe of reactors.
Although S.G.S reactors have proved more suitable for kinetic
measurements,an isothermal continous flow reactor operating
at atmospheric pressure has been used simultaneously with the
fluidised bed for direct comparison of the conversion data
obtained between the three different reactors.

The reaction system consisted of a pyrex—glass tube
with a preheater,while the pre-reactor part is siwilar to that
mentioned in page 118 . The preheater was 1.5 m in length
and 20 mm diameter pyrex glass tubing wound around the reactor.
The catalyst bed ( 5 cm3 volume ), was placed in the centre

of the reactor tube. Two chromel-alumel thermocouples measured
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the temperature of the catalyst bed at the centre and adjacent
to the reactor wall’respectively.

IV.4.1 Oxidation of isobutylene to methacrolein

All the experiments were carried out at a constant isobu-
tylene : oxygen ratio of 1:1 .Thie ratio was chosen to avoid
over—oxidation of isobutylene,and eliminate the possibility of
catalyst reduction. A catalyst weight of 2.5 g diluted with
glass spheres to give a total volume of 5 cm; was used in all
the experimental runs. Conversion data were fhen obtained at
different contact times, W / F . Three temperatures were inves-
tigated in. the range 405 to 462 OC, and the results obtained

are sumparised in tables 1IV.4.a, IV.4.b, and IV.4,.c .

The order of reaction in isobutylene was tested using
the appropriate integrated forms of the zero,first and second
order rate expressions.

Between them,the iwlegrated form of a first order ra-
te expression, -ln ( 1-X ) = K, W/F, gave the best fit to the
experimental conversion values as can be seen in figures IV.4.a,
IV.4.b, and IV.4.c .

The values of the rate constants were obtained by a li-
near regression method from the experimental conversions,while
the activation energy and the pre—exponential factor of the
Arrhenius equation for each of the reaction rate constants were
then determined hy a linear estimation technique ( Table V.4 a).

In figures IV.4.a, IV.4.b, and IV.4.c computer plots
for the relation between - ln ( 1-X ) , against contact time,

W / F , are given. In each of these figures the solid straight
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Temperat.y W / F Conversion |[Selectivity Yield of |Yield of Carbon i Oxygen
mass mass
co co
% ¢ hr/moles 2 balance balance
% Z A Z % 7
7.56 6.25 98.5 0.92 0.0 98.5 96.2
5.23 4.36 98.3 0.60 0.0 99.6 98.5
3.42 2.90 100.0 0.0 0.0 103.5 102.1
405
2,85 2,42 100.0 0.0 0.0 104.0 98.0
1,61 1,36 100.,0 0.0 0.0 97.2 103.6
1,58 1.30 100.0 0.0 0.0 98.1 102.7
Mean carbon mass balance 100.1 Variance for carbon 8.4
Mean oxygen mass balance 100.2 Variance for oxygen 9.2
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Temperat.{ W /T Conversion [Selectivity Yield of |[Yield of Carbon Oxygen
co co mass mass
0 2 balance balance
c g hr/moles
Z 4 % y4 Z %
12,93 22,0 96.7 2.700 0.089 103.2 96.5
5.29 9.90 96.9 3.070 0.066 BEY 100.5
4.48 8.40 9723 1.985 0.043 100.5 87.2
445
2.47 4,80 98,2 1.562 0.000 97.8 102.5
2527 4,40 100.0 0.000 0.000 99,3 96.8
15kl 2.10 100.0 0.000 0.000 102.1 97.5
Mean carbon mass balance  100.3 Variance for carbon 4 14
Variance for oxygen 5,92

Mean oxygen mass balance  98.5
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Temperat.y W /T Conversion [Selectivity Yield of |Yield of Carbon Oxygen
mass mass
CO Cco
OC : e ) balance balance
A VA Z Z 4 %
11,56 27,0 95,6 3.92 0.105 97.5 96.2
Taal 18,0 96,9 3+ 15 0,0890 10245 973
462 3.46 9,00 97,2 2.80 0.,0710 99.5 104.6
2,91 1552 97.3 2.59 0.0680 97.2 102.5
15372 4,60 g97.1 2,65 0.0650 100.0 97.2

Mean carbon mass balance 99.3

Mean oxygen mass balance 99.6

Variance for carbon 4.59

Variance for oxygen 13.8
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Figure

IV.4.2

Isothermal first order plot for the oxidation

of isobutylene to methacrolein ( T = 405 % )
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Figure

IV.4.b Isothermal first order plot for the oxidation

of isobutylene to methacrolein ( T = 445 °% )
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Figure

IV.4.c Isothermal first order plot for the oxidat—

ion :of isobutylene to methacrolein {( T = 462 %g)
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lines represent the best fit curve between the data points
obtained by the method of least squares.

The reaction order in oxygen was tested where the oxy-
gen partial pressure in the feed mixture was varied but no

detectable difference in conversion was observed.

IV.4.2 Oxidation of propylene to acrolein

The same reactor and conditions,as reported above,were
used to investigate the kinetics of the catalytic oxidation‘
of propylene to acrolein over bismuth molybdate catalyst.

In general conversions of propylene to acrolein were lower

than those found for the oxidation of isobutylene under si-
milar reaction conditions. Maximum conversion towards acrolein
was 5.55 7 ,while the highest value during the oxidation of
isobutylene was 27.0 7Z ,both obtained at the highest tempera— .
ture and longest contact time.

The amounts of carbon dioxide in these experiments were
too small, ( no carbon monovide was detectable ), to make quanti-
tative comparisons possible between individual runs.

The results obtained are summarised in tables 1V.4.d,
IV.4.e, and IV.4.f . Again, linear regression . technique was
used to obtain the rate constants from conversion data, using
the integrated form of a first order rate expression.

The first order plots =-1n ( 1-X ) against contact time,
W/F, are given in figures 1IV.4.d, IV.4.e, and IV.4.f .

Values of the apparent activation energy and the pre—exponential
factor of the Arrhenius equation estimated for each of the reaction

constants are given in table V. 4.b.
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Temperat.] W/ F Conversion |[Selectivity Yield of |Yield of Carbon Oxygen
mass mass
0 COZ Ga balance balance
(6 g hr/moles
% Z % y4 4 %
5.80 1.309 100.0 0.0 0.0 100.9 103,2
4,60 1.158 100.0 0.0 0.0 102.5 96.5
3,171 0.0880 100.0 0.0 0.0 98.5 97.5
405
1:95 0,0462 100.0 0.0 0.0 99.6 100.9
123 0.0293 100.0 0.0 0.0 975 96.5
1,10 0.0000 = . - - =
Mean carbon mass balance 99,8 Variance for carbon 3.88
Mean oxygen mass balance 98,9 Variance for oxygen 8,99

qe

D, SOY

( B3ep P3G-POXIF )

°Tqe],

UIa]0108 03 2ueTAdoid JO UOIIBPIXQ P ¥ Al



—£81=

Temperat.{ W/ F Conversion [Selectivity Yield or |Yield of | Carbon ‘| Oxygen
% g hr/moles COZ 0 b:izice E:i:nce
% A Z Z % 4
6.20 4,23 97.4 1,234 0.0 98.7 99.6
5,80 4,07 97.8 2,538 0.0 98.2 98.5
4,48 3,04 100.0 2,173 0.0 100.5 1025
445 3.61 2,40 100.0 0.0 0.0 99.3 98.1
2,24 1.50 100.0 0.0 0.0 100,0 96.2
1,62 12 100.0 0.0 0.0 99.1 93.8
1.50 1.00 100.0 0.0 0.0 99.8 97.5
Mcan carbon mass balance 99,3 Variance for carbon 0,712
Mean oxygen mass balance 98,4 Variance for oxygen 7,52

je

"0y SY

( BIBP PRg-poxIF )

2°H AT I[qQe]

d yJo~tuoTIlEpIIQ

10x°e 03 suaiddo

uie



=881=

Temperat, | Ww/r Conversion Selectivity Yield of |Yield of Carbon Oxygen
. mass mass
co Co ol e
OC g hr/moles 2 balance balance
yA Z % % % %
5,90 55D 96.9 3.03 0.0 102.8 102 .4
5.00 4,52 97.5 2.85 0.0 100,5 96.2
4,50 4.02 96.9 32 0.0 101,2 102.5
4,20 3.96 96.7 3.22 0.0 101.8 98.6
462
3.36 3.27 96,9 3,03 0.0 105,2 94.9
2420 1.98 100.0 0.0 0.0 100.4 94.8
1.65 1.50 100.0 0.0 0.0 100.6 99.2
1.48 1,45 100.0 0.0 0.0 99,5 101,5
Mean carbon mass balance 101,5 Variance for carbon 3,22
Variance for oxygen 10.1

Mean oxygen mass balance 98.7

e

"0, T9Y

( BIBp poq peox1r )

3 % AT °19BL

uiafoxoe 03 suafldoad jo uorl®pIXQ



Figure 1IV.4.4 Isothermal first order plot for the oxidation

of propylene to acrolein ( T = 405 °c )
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Figure 1IV.4.e

Isothermal first order plot for the oxidation

445 9¢ )

of propylene to acrolein ( T
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Figure IV.4.f Isothermal first order plot for the oxidation

of propylene to acrolein ( T = 462 on,v
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IV.5 OPTIMIZATION OF CONDITIONS FOR THE SELECTIVE

OXIDATION OF ISOBUTYLENE TO METHACROLEIN

When the optimum fluidising conditions had been establis-
hed and also other relevant parameters such as catalyst reacti-
vity and reproducibility examined,attempts at isobutylene oxi-
dation in respect of maximum conversion to methacrolein were
then planned and carried out by varying isobutylene to oxygen
ratio at different temperatures ranging from 387 to 535 °.
The catalytic bed was a shallow ( H=1.2 em ) ,gas fluidised

bed consisting of bismuth molybdate particles with an average

diameter of 67 pm .

IV.5.1 Conversion data at minimum fluidisation velocity

Oxidation of isobutylene to methacrolein over bismu-

th molybdate catalyst varying the reactant feed ratio were carried
out at different temperatures.

The temperatures examined were 402 0C, 442 OC, 453.5 0C,
463 °c, 469.5 °c, 471 °c, 500 °c, and 537 °C, and the results
obtained are tabulated in tables 1IV.5.a, IV.5.b, IV.5.c, IV.5.d,
IV.hie, IV.5. £, IV;S.g, and IV.5.h .

Mathematical treatment of the results in the present work
was based on the assumption that the catalytic oxidation of iso-
butylene to methacrolein and carbon oxides over bismuth molybdate
catalyst is a first order reaction with respect to olefin concaontra-
tion. Only those conversion data which justified the assumption

of pseudo first order kinetics (208) ,were selected for subsequent
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Tempera— | Isobutylene, Carbon Oxygen
ture to oxygen Conversion | Selectivity Yield of |Yield of mass mass
o moles 002 co balance balance
C vattn Z % % 4 4 %
2,003 29,52 88.6 4,232 1.604 99.6 98.2
1.040 28.34 88.9 4,675 1.452 99.0 101.6
0.983 27.96 90.9 4,352 2.020 100.3 99.2
402 0.707 19.23 90.4 4,520 1.893 100,5 97.4
0.468 15.43 93.5 4,820 1.870 99.9 99.2
0.419 15.15 92.6 5.030 2,016 100.3 100.0
0.270 20.27 9157 5.022 1.960 100.4 100.5

-

Mean carbon mass balance 99.9

Mean oxygen mass balance 99.4

Variance for carbon 0.290

Variance for oxygen 1.840
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Tempera= ‘| Isobutylene, Carbon Oxygen
ture to oxygen Conversion | Selectivity Yield of |Yield of mass mass
moles 002 co balance balance
¢ ; A 7 % % Z %
ratio
2.025 81.3 88.5 12.76 2.604 100.9 96.5
2,005 80.9 84.9 12,28 2.605 98.6 97.9
1,036 81.0 85.5 11.75 2.506 102.5 99.5
0.983 81,0 86.1 11.65 2.123 102.6 96.7
442
0.701 68.3 85.8 11.64 1.850 104.5 99.0
0.465 44,6 86,6 11:17 1.930 100.1 100.0
0.269 25,0 85.2 11.90 2253 99.5 101.2
0. 260 24,6 87.9 12.08 e OB IS o 9 L AL

Mean carbon mass balance 101,3

Mean oxygen mass balance 98.6

Variznce for carbon 3.712

Variance for oxygen 2.395
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Tempera— ‘| Isobutylene.. Carbon Oxygen
ture to oxygen Conversion | Selectivity Yield of |Yield of mass mass
g moles 002 co balance balance
c ratio A % % x * z
2.015 85.6 85.2 13.62 2,701 100.0 98.5
2,001 83.4 85.4 13131 2.803 99.2 101.2
0.983 83.2 86.6 12,92 2.750 98.4 100.5
453,5
0.703 62,2 86.9 11,92 1.795 101.4 105.7
0.465 41.3 88.0 10.57 1.624 99.6 95.1
0.270 25,6 87.9 12.67 1.860 100.1 100.3

Mean carbon mass balance 99.7

Mean oxygen mass balance 100.2

Variance for carbon 1.018

Variance for oxygen 12.01
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Tempera— ‘| Isobutylene,. Carbon Oxygen
ture to oxygen Conversion | Selectivity Yield of |Yield of mass mass
moles 002 co balance balance
°c : % A A % X %
ratio
2,000 74.8 80.0 14.43 3.658 99,2 101.9
0.983 73,6 80.3 14.63 3332 98.4 100.6
0,710 58.2 80.8 13.02 2.200 101.3 110.6
463 0.465 42,2 84,5 12,11 1.523 99.6 100.6
0.420 36,03 85.1 12.65 1.650 100.1 98.8
0,270 34.74 91.5 9.62 1.198 99,2 102.3
0.210 34,01 90.4 6.010 1.304 102.2 102.5
Mean carbon mass balance 100.0 Variance for carbon 1.756

Mean oxygen mass balance 102.5

Variance for oxygen 14.46
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Tempera- ‘| Isobutylene,. Carbon Oxygen
ture to oxygen Conversion .| Selectivity Yield of |Yield of mass mass
moles CO2 co balance balance
it : % 4 2 % % %
> ratio
2,001 78.5 70.0 24,60 5,356 100.2 98.6
0,983 5T 80.7 15,22 3.920 101.5 99.2
0,698 60.0 84,3 12,01 2.643 102,5 97.6
469,5
0.465 41.3 85.5 11.65 2.730 100.5 98.2
0,270 31.07 83.9 13.13 1.871 98.7 9555
0,234 27,24 85,0 11525 1.462 99.4 99.0

Mean carbon mass balance 100.4

Mean oxygen mass balance 98.0

Variance for carbon 1,866

Variance for oxygen 1.838
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Tempera~ ‘| Isobutylene.. Carbon Oxygen
ture to oxygen Conversion | Selectivity Yield of |Yield of mass mass
moles 002 co balance balance
°c : : - A Z 2 y 4 Z
ratio
2,005 78.5 87.6 12.46 3.032 102.3 97.3
0,983 75,2 89.0 11.65 2.734 103.3 103.3
0,703 60,0 89.9 10.63 2.862 102.0 102.0
471
0,467 41.3 90.0 9.45 1.760 101.7 101.7
0,270 31,05 L 7.49 1.480 101.2 101.2
0,240 27.24 90,4 .51 1.893 101.1 101.1

Mean carbon mass balance 101.9

Mean oxygen mass balance 101.1

Variance for carbon 0.660

Variance for oxygen 4,098
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Tempera~ ‘| Isobutylene,. Carbon Oxygen
ture to oxygen Conversion .| Selectivity Yield of |Yield of mass mass
moles 002 co balance balance
% . Z % % % % 2
ratio
2.001 723 735 21.66 5.87 107,2 99.8
0.984 71.8 80.7 13.82 5.36 100.2 99.1
0.930 70.2 81.v 14,53 4.37 106.5 95.4
0.702 60.4 84,1 12.25 3512 103.0 103,22
500
0.465 45,2 86,2 i1 P i 2,81 101.5 101.5
0.402 39.5 85.3 11,92 2.81 102.1 97.6
0.270 25,3 86.2 § 5Bl 1.47 100.2 99.0
0.255 27.0 84.2 11.16 2,67 101.6 99.2

Mean carbon mass balance 102.7

Mean oxygen mass balance 99.3

Variance for carbon 7.09

Variance for oxygen 5.59
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Tempera=~ ‘| Isobutylene. ‘Carbon Oxygen
ture to oxygen Conversion | Selectivity Yield of {Yield of mass mass
moles 002 co balance balance
e ; A % 7 % % %
ratio
2.085 F3is2 66.6 25.06 8.05 105.7 100.2
0.983 72.0 1743 16.63 5.47 101.5 104.4
0.730 60.6 84.9 10.86 3.62 100.3 106.2
537
0.465 42.4 87.1 10,41 3.24 101.7 100.8
0.270 24.7 86.0 10,45 2,63 99.5 100.8
0.240 20.5 88.6 9.98 2,32 98.9 98.9

|

Mean carbon mass balance 101.2

Mean oxygen mass balance 101.8

Variance for carbon 5.94

Variance for oxygen 7.81
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mathematical treatment.

Conversions experimentally determined for the incipiently
fluidised bed are plotted in figure IV.5.a ,as a function of
the dimensionless number of reaction units, KTW / F ,where Kr

"is the reattion rate coefficient determined from the Arrhenius
equation, W is the weight of catalyst ing , and F is the
molar rate of feed gas mixture in moles/hr . The two solid
lines represent theoretical conversions calculated assuming
1) piston flow of the gas and 2) a perfectly mixed bed without
by-passing. The dashed line represents the best fit curve
for the data points. Goodness of fit and other statistical pa-

rameters are given in table V.5.a .
A. Effect of reactant feed ratio

The effect of reactant feed ratio on the conversion of
isobutylene,selectivity to methacrolein,and yields of carbon
oxides was examined at constant temperatures varying the molar
ratio of isobutylene and oxygen in the feed. In general,the
results show that the conversion of isobutylene increases
with olefin to oxygen ratio,reaching a maximum value at higher
ratios. The selectivity towards methacrolein decreases slightly
while the yields of both carbon oxides increase steadily with
increasing feed ratios.

Graphs showing decline in methacrolein selectivity with
conversion are given in figures IV.5.b, IV.5.c, Iv.5.d, IV.5.e,
Iv.5.f£, IV.5.g, IV.5.h, and IV.5.i . It can be seen that se-

lectivity decreases slightly with increasing conversion but at

)



Figure IV.5.a Comparijion of experimental with theoreti=
cally predicted conversions ( Results at mi-

nimum fluidisation velocity )
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Figure IV. 5.b Effect of conversion on selectivity and yields
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Figure IV.5.c

Effect of conversion on selectivity and yields

( T= 442 %)
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Figure IV. 5 d Effect of conversion on selectivity and yields

( T= 453.5 °%c )

[;b»
>

- 80

%
'
o
o

y and yields

40

SeLFctivit

20

.Y
N

2 7 Z

L X 1 o L

20 40 Conversion % 60

=205~




4

Selectivity and yields

Figure IV.5.e Effect of conversion on selectivity and yields

( T= 463 %)
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Figure IV.5.f Effect of conversion on selectivity and yields

( T= 469.5 °Cc )
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Figure IV.5.g Effect of conversion on selectivity and yields
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Figure IV.5.,h Effect of conversion on selectivity and yields
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Figure IV.5.1

Effect of conversion on selectivity and yields
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high conversion levels there is considerable decline in methacro-

lein yield
B. Effect of temperature

Variation in isobutylene conversion,methacrolein selecti-
vity and yields of carbon oxides are given in figures 1IV.5.j,
IV.5.k, and IV.5.1 .

In figure 1IV.5.j, the seléctivity towards the main pro-
duct decreases from 91 7 to ahout 77 Z ,when the temperature
increases from 400 °C to 537 2C. On the other hand, the
yields of carbon oxides steadily increase with temperature.

The conversion of isobutylene shows a sharp increase from
19 Z to about 82 7 ,when the temperature increases from 387 %
to 450 °c. At higher temperatures the conversion decreases

slightly to reach a value of 72 7 at temperatures higher than

500 °c.

In figure IV.5.k ,the maximum conversion is 44 7,
however,the selectivity is slightly higher than quoted above,
varying between 85 Z and 93 7 . The yield of carbon dioxide
increases rapidly from 5 Z to 12 Z with increasing tempera-
ture,while carbon monoxide is formed in lower yields increasing
from 1.8 Z to about 3.5 Z at higher temperatures.

In figure IV.5.1, the conversion of isobutylene increases
smoothly from 17 Z to 35 7, with a temperature increase
from 400 °C to about 444 °cC ; with the temperature conti-
nuing to increase the conversion decreases slightly to reach

the value of 25 Z at higher temperatures
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Figure IV.5.j Effect of temperature on conversion,selectivity

and yields. ( 04H8/02= 0.983 )
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Figure IV.5.k Effect of temperature on conversion,selectivity

and yields. ( C4H8/02= 0.465 )
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Figure IV.5.1 Effect of temperature on conversion,selectivity

and yields. ( C&H8/02= 0.270 )
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IV.5.2 Conversion data at_ low superficial gas velocities

Experimental conversions for two chosen reactant feed
ratios were obtained at constant temperatures varying the ve-
" locity of the gas mixture. The gas mixture flow rate was varied
from 100 ml/min to 500 ml/min, so the particle bed passed
. gradually through the stages of fixed bed,expanded bed, and
bubhling fluidised bed.

The results for the three temperatures investigated
are given in tables IV.5.i, IV.5.j, and IV.5.k . It is ge-
nerally observed that the conversion of isobutylene decreases
when the gas velocity increases above the point of minimum
fluidisation. Similarly,the selectivity increases up to an
optimum point and then remains practically constant as the
gas velocity continues to increase.

Again,only those data which justified the assumption
of pseudo first order kinetics were selected for subsequent
mathematical trealment. Conversion results for two low
superficial gas flow rates, 400 and 500 ml/min, are plotted
as a function of K'= K{H/F in figure IV.5.m . The solid
line represents conversions theoretically calculated assuming
perfect mixing without by-passing ,whilst the dashed line
represents the best fit curve for the data points. Goodness

of fit and other statistical quantities are shown in table V.5.b .
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Tempe- Oxygen to Gas : _ Carbon Oxygen
rature Isobutene Velocity - Conversion Selectivity | Yield of Yield of ‘ mass mass
o Molar ml/min co co balance balance

C Ratio % A 2

: 4 % % %
400 1,118 100 26,89 72.9 27,23 11,30 104.8 97.7
400 flp & 300 26,74 85,3 10,70 4,206 100,0 98.5
400 1,118 310 25,00 90,1 2326 2,126 99,6 . 99,2
400 1,117 400 1T.53 86,3 11,25 4,673 100.0 98.6
400 1,118 500 7.69 82.3 11,26 7,023 99.5 - 98,7
400 2,126 100 23,10 64,6 29,07 12,52. 105,3 99.5
400 2,126 300. 20,51 7343 18.47 7.669 99,8 98.5
400 2,124 310 25,93 75 17.56 ~7.002 98.5 100.4
400 A e 400 15,38 712.3 18,27 10,52 100,1 100.5
400 2126 500 14 28 71,3 17.38 9,019 99.6 100.4
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Tempe~ Oxygen to Gas Carbon Oxygen
rature Isobutene Velocity Conversion Selectivity Yield of Yield of mass mass
Molar co co balance balance
° Ratio “ml/min 7 7 72 7 7 7
463 1,050 100 73,5 78.4 23,72 10,51 101.4 £9.5
463 1,050 300 75.7 75.5 14,34 9.67 99,7 98.7
463 1,050 , 310 75,6 78,5 16,81 5,336 102.8 100.7
463 1,050 400 58,7 76,5 12,28 7.866 98.0 101.2
463 1,050 500 48,7 80,3 13.86 6,216 100.7 98.9
463 2,060 100 66,6 71,9 17.43 9.92 99.6 99.5
463 2,060 300 69,6 69,3 21,80 9.61 100,5 96.6
463 2,063 310 76,6 7753 16,81 9.50 103.8 97.2
463 - 2,064 400 62,8 77.5 12.74 10,27 99.7 98.4
463 2,059 500 56,6 69,6 17,43 9.92. 98.3 100.8
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Temper Oxygen to Gas Carbon Oxygen
rature Isobutene Velocity Conversion | Selectivity | Yield of .| Yield of | mass mass
o Mola? o CO2 co balance balance
Ratio ml /min V4 A Y4 Y4 Z %
505 1,043 100 66,2 60,1 29,44 7.33 | 97.9 98.6
505 1,045 300 68,6 80.9 13,25 8,208 |101,6 98.7
505 ° 1,043 310 71,9 81,0 14,55 4,370 99.9 99.0
505 1,043 400 66,8 85,1 9,21 4,337 99.8 96,5
505 1.044 500 62,2 74,8 20,55 6,765 |102.5 96.9
505 2,086 100 66.4 39.0 43,77 17,04 99,9 99,9
505 2,086 300 69,1 70,2 19,85 11,04 100.7 99,6
505 2,086 310 72,3 72,4 21,58 5,863 999 98.7
505 2,087 400 65.8 63,1 20,61 15,51 99,5 96,7
505 2,087 500 62.3 61,2 28,94 10,64 99.8 99.2
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Figure 1IV,5.m Comparison of cxperimental with theorecically
predicted conversions ( Kesults at low super-—

ficial gas velocities )
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DISCUSSION
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V.1l CATALYST STUDIES

Although the surface area for the bismuth-molybdate cata-
lyst used throughout the work is relatively small ( 1.77 m2/g )
for particles with average diameter 67 ym ,the experimental
results ( Figures IV.5.b ,IV.5.c ,IV.5.d ,IV.5.e ,IV.5.f
Iv.5.g ,IV.5.h ,and 1IV.5.i ) showed that during the oxidation
of isohutylene, methacrolein yields were very high at all conversion
levels. Calcination of the catalyst in air at 500 °C gives a
catalyst with higher surface area,while the weight loss due to
dehydration occurs in the temperature range below 500 °%.
Increasing the calcination temperature to 600 °C for 20 hours
leads to a considerahble decrease in the surface area,however,
without loss in weight.

An attempt to examine the cuemical structure of the catalyst
was made by means of its infra-red spectra. The spectra obtained
are shown in figures IV.l.a and 1IV.1.b . The region above
1050 cm_l shows some of the nujol absorption peaks,and the region
below 1050 cm-l shows the characteristic bismuth molybdate

absorption peaks.
1

Bismuth oxide produces a broad absorption band around 400 cm
The catalyst sample also shows a strong band at 840 cm_l ,and
a smaller band at 720 cﬁ-l .The centre of the resonances at about
800 cmfl possibly represents the tetrahedral Mooi_ » arrangemmt
of the surounding oxygen. ‘

Clark and Doyle @25) have recorded similar infra red spectra

on a number of molybdates and tungstates,either having the metal
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ion in tetrahedral or in octahedral oxygen suroundings.

Batist et al (57,58,59,60,61) also used the KBr disc
technique to obtain the infra-red spectra of bismuth molybdate
catalyst using different Bi:Mo ratios. The spectrum of the
catalyst with similar heat treatment and a ratio Bi:Mo close
to unity showsbroad peaks; some of the absorption peaks of his
spectra look quite similar to those obtained in the present work.

Previously used (208) tin-antimony oxide catalyst proved
highly reactive towards acrolein; however,bismuth molybdate cata=-
lyst is more selective in the formation of products of incomplete
oxidation. For olefin oxidation , MoO3 , alone shows a high
actiyity but poor selectivity; 31203 is relatively inactive
and nonselective, hut a combination of the two oxides gives a
highly selective and active catalyst. The mixed oxides are active
over a wide range of Bi:Mo ratios,but in agreement with our re-
sults,it has been reported (21,70) that bismuth molybdate ca-
talysts)with_an atomic ratio of bismuth to molybdenum close
to unitysis the most active catalyst with respect to the speci-
fic rates of conversion of olefins and the most selective with
respect to aldehyde formation.

Contrary to the behaviour of tin—antimony oxide catalyst,
loss in reactivity and colour from yellow to dark brown were
Qbserved with hismuth molybdate. Studies using isotopic oxygen
(57,59,66.67,68) have provided strong evidence for the parti-
cipation of lattice oxygen during the oxidation of olefins.
Although the diffusion of oxygen from the surface into the bulk

and from the bulk back to the surface must be rapid,reduction of

the catalyst with time is expected until all the lattice oxygen,
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is totally consumed.

Nevertheless,the reduced catalyst regains part of its
activity on replacement of the lattice oxygen which seems to ta-
ke place by atmospheric oxygen to a certain extent,when the
dark powder is treated at 500 °c for 2 hours;the catalyst re-
gains its original colour,turning to a yellowish powder.

Highly reproducible values for the solid particle densi-
ties were obtained from different prepared batches,and this
was a good indication that the method of preparation followed
could well reproduce the same catalyst.Ray and Chanda (80)
have reported the demsity of a differently prepared catalyst
of the same composition ,and their value ,5.66, lies very
close to that obtained in these experiments ( Table IV.1.b )

Studies of the microphotographs obtainel (Plate IV.l.a
and 1IV.1l.b ) showed that the oxide mixture consists of irre-—
gularly shaped particles,which were found to be very friable
and thus susceptible to attrition. Attrition is a major disa-
dvantage of some gas fluidised bed systems,since it results in
a wider size distribution of solids leading to changes in the
mode of fluidisation and may cause transportation of fines.

All these mechanisms resulting in reduction of the solid
size,except those due to chemical reaction,are named particle
attrition. The term includes abrasion among solid particles,
bed walls and internals,and also abrasion caused by circulation
of particles due to fluid-particle contact.

The spherical particles in general show the highest attri-
tion resistance. Since the sphericity of the prepared bismuth

molybdate particles was very low , 0.48 ,it was expected that
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these particles would be susceptible to attrition. High size
reduction, resulting wide size distribution was avoided by conti-
nual make—up of fresh material and replacement of the reduced
catalyst particles,for the experiments carried out at gas ve-
locities greater than the minimum fluidisation velocity.

It has been reported that in many instances a better
"quality" of fluidisation can be achieved by using a wider range
of particle sizes. Ikeda (226) pointed out that particles below
44 yum  are especially important in maintaining smooth flui-
disation,and called such particles the "good fraction".

However,there are a few design problems associated with
the use of having a wide size distribution. Zenz (227) suggested
that much particle/particle contact is likely to occur when beds
of irregularly shaped particles of wide size distribution are
fluidised. Also,although the minimum fluidisation velocity and
the mode of fluidisation is quite clearly defined for closely si-
zed,regularly shaped particles,it can never be so precisely de-
termined for irregular material of wide size distribution.

Further studies (222) were attempted with larger size
particles. Although conversion data were obtained only with the
Eb = 67 ypm particles,the greatly pronounced influence of
particle size on the physical behaviouzof the fluidised bed was
examined by Iacovides (222) in combined studies. The physical
properties of bismuth molybdenum particles employed in this exe-

rcise are given in table V.l.a .
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Table V.1l.a Physical properties of bismuth molybdate catalyst,

- B,S. 410 Mesh No.| 60-85 85-120
Physical
Properties
Mean particle diameter, Ep 239 m 169 m
Voidage fraction at fixed bed, € 0.59 0.59
Voidage fraction at Umf » €of 0.60 0.62
Average sphericity , ¢s 0.54 0.53
Bulk density , p 1,966 2.015
s 3
g/cm g/cm
- 3
Density , Py 5.54 g/cm
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V.2 MINIMUM FLUIDISATION VELOCITY-STATE OF FLUIDISATION

Values for the minimum fluidisation velocity were determined
by measuring the pressure drop across the catalyst bed,for increa-
sing velocity of the gas mixture of composition N2=02:04H8 in
the ratio of 8:1:1 . The experimental value for the minimum
fluidisation velocity without stirrer , 290 cmafmin , Was in
reasonable agreement with the calculated from theoretical equa-
tions (124,127) in which an absolute error of + 34 Z is ac-
ceptable. Additionally to obtain reliable results,the pressure
drop was measured as the gas flow rate through the bed was prog-
ressively reduced. Before hand,the bed was momentarily fluidised
in order to hreak down any internal structures remaining from
the fixed bed stage.

Experiments were also carried out with larger particles
and various bed heights (222). For Ep = 169 pm ,the minimum
fluidisation velocity is found to be 2.04 cm/sec ,while
for Ep = 239 pm the average Umf for two bed heights used
was 3.11 cm/sec .

Although the pressure drop versus gas velocity plot for
the Ep = 67 pm phrticles ( Figure IV.2.a ) suggested the pre-
sence of non-fluidised regions within the bed however,the plot
for the bed of larger particles showed a characteristic "hump",
which was more clearly defined for the greater bed depth. The
observed values of the minimum fluidisation velocity for the two
larger particle sizes (222) are considerably smaller than the

theoretically calculated,exceeding the accepted deviation of +34 7.
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Bergougnou (228) reported that the presently existing correlations
for minimum fluidisation velocity differ considerably from each
other,and prediction errors,in certain cases,can be as much as 100 %.

Difference between predictions based on different corre-
lations reflect the problem of making allowances for particle
shape and size distribution effects,and all of the present corre-
lations are inadequate in this respect.

Godart and Richardson (229) reported that the term minimum
fluidisation velocity only has a meaning for those systems with
a sharp transition from the fixed to fluidised bed state. It
has also strongly been suggested (230) that with fine particles
the transition is very indistinct or else the value indicated
from pressure drop versus gas velocity plot is so high that severe
chanefling must already be occuring.

On the other hand,when there is a wide size distribution,
the shape of the pressure drop versus gas velocity characteristic
curve may exhibit several minor peaks.

Since the catalytic system bismuth oxide and molybdenum
oxide used for the oxidation of olefins is of high density,the
catalyst particle size is extremely important in order to achieve
smooth fluidisation. Extra fine particles will lead to a consi-
derable dense phase expansion before the onset of bubbling,and
additionally it is fossible that much gas will by-pass due to
cloud formation (231) .Instead,largc particles will require a higher
gas velocity to achieve fluidisation,which is certainly undesi-
rable for the oxidation process.

The bismuth molybdate catalyst particles employed , dp= 67 um,
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gave rise to a condition in which the bed expanded above the
minimum fluidisation without bubble formation, The appearence of
this bubble~free region is in agreement with previous findings
(136,139, 140) ,

Without stirring,a smooth bubbling régime was imposible to
establish but preferential changﬂingf of gas through the catalyst
bed always occurtred.As figure 1IV.2.a shows,the application of
stirring enabled the formation of a freely bubbling bed at low
superficial gas velocities. .

It has been previously reported (232) that for large
closely sized particles,the ratio between the minimum bubbling
velocity,and that for minimum fluidisation is small; however,for
smaller irregular particles it will be much longer, 2.8 , was
the value for 55 pm particles.

Rowe (233)pointed out that it would require a 20 % incre-
ase above the minimum fluidisation,before there is sufficient gas
flow to support a stream of bubbles of 5mm diameter in a bed
of fine particles whereas,with bigger heasier particles,a much
smaller percentage in the total gas flow would be sufficient to
support free bubbling.

Geldart in 1573 (139) classified solid particles into
four characteristic groups. This classification enables identifi-
cation of the mode of fluidisation according to the size and densi=-
ty of the particles, as shown in figure II.4.i .

Groups A and B are the two groups most frequently encoun—
tered in fluid bed operations. For the particles belonging to group
A considerable dense phase expansion exists before bubbling com-

merses. Particles within group B exhibit much less stable bed
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expansion,and free bubbling commences at or a little above mi-
nimum fluidisation velocity.

Geldart (139) also postulated that a simple relationship
exists between the gas velocity through the bed at which bubbles
begin to become apparent, U sand the mean particle diameter,

mb
d 5 Ehus:
P

el

U = 0.095

S > equation V.2,1

where the gas velocity is in mm/sec ,and the mean particle dia-
meter in prm.
Recently Baeyens and Celdart 234 ) reasoned that for a

powder to belong to group B the Umb must be greater than Umf'

<f//1 equation V.2.2

They also reported,using a correlation for the minimum fluidi-
sation velocity from a range of published tests in small scale

equipment,that a particle would belong to group B if:

1.17 = > -
([’S gg) dp/906,000 equation V.2,3

7

with the densities expressed in kg/m3 and the bed is fluidised
by air at room temperature and atmospheric pressure.

Although two of the catalyst fractions used , Ep= 169 pm
and Ep = 239 Vm , satisfy equations V.2.2 and V.2.3 ,and

thus belong to group B ,the Ep =67 pm ,particles occupy a
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place near the bo rderline of groups A and B ; however,equation

V.2.1 predicts values for the Umb lower than the values of

minimum fluidisation velocity experimentally determined.

V.3 ONSET OF BUBBLING

The common method of calculating the equivalent mean bubble
diameter from bed expansion data (159) proved inadequate for the
shallow bed of fine particles and thus the only available technique
was to measure the bubble eruption diameter as illustrated in
plates V.3.a ,V.3.b ,V.3.c and V.3.4 .

The bubble eruption diameter is assumed to be the size of
the bubble @n the fluidised bed,considering that the bubble size
remains constant during their rise through the fluidised bed and
that no bubble coalescence takes place. It is also assumed that
there is only one bubble rising through the fluidised bed, i.e
there is no interaction between rising bubbles and that during
measurement,bubbles are considered as being spherical.

Bed expansion was determined for larger particles, Ep = 169 pm
and Ep - 239 pm »in combined studies (222), Data were taken at
various air flow rateé,increased in stages by about 76 cmalmin
above the minimum fluidisation velocity up to about 5U . ,di-
rectly from the photographs obtained,since the reactor dimensions
are exactly the same as thoge used in the experiments.

The excess gas velocities and the ratio of the expanded bed

height to bed height at minimum fluidisation , H/H

g swere also

calculated,as it can be seen from the plots of figures V.3.a and

V.3.b.
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Geldart (235) and Streatfield (223) used expansion data
to calculate bubble diameters from the two phase theory and they

compared their results with measured bubble eruption diameters,

as shown in figure V.3.c = . » The comparision of the
ratio of surface eruption diameter ,Dbs s to calculated bubble
diameter , D, ,for fine,medium and coarse sand (235) ,in fi-

b

gure V.3.c shows that this ratio was greater than one for fine
sand, approximately one for medium sand and less than one for coarse
sand, The correlation implies that bed expansion data used to ca-
leculate bubble diameters,according to the two phase theory only

give good agreement for particles of about ZOO'Fm. Further evi-
denee on the applicability of the two phase theory for different
size fluidised particles is given by Mc Grath and Streatfield,who
classified solid particles in the categories of small ,i.e::>200 pm

and large particle systems ,i.e <i§60 pm.

V.3.1 Small particle_systems

For the catalyst particles 85 - 120 mesh of which the
mean particle diameter is Ep = 169 pm ,the observed eruption
diameter is about 2.6 times the theoretical one predicted by
the simple two-phase theory. In this case the bubble rise velocity
is greater than the dense phase velocity and recirculation of
gas occurs to the bubble. Thus due to cloud formation it is like-
ly that the eruption diameter is larger than the bubble diameter
in the bed,because the cloud erupts with the bubb'e, Bubble dia-
meter calculated from the two phase theory may well be a reasonable

estimate in this case,but the measured bubble eruption diameter

is too large as illustrated in figure V.3..d.
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It can also be seen that for low excess gas velocities
the ratio Dbs/Db is very close to the two phase line which
means that in this case the two phase theory applies more ef-

fectively,

V.3.2 Large particle systems

For the particle system Ep = 239 pm ,the observed bubble
diameters were consistenly smaller than the theoretically calcu-
lated ( figure V.3, e) . In this case the bubble velocity is less
than the dense phase gas velocity and the theory of Davidson (159)
predicts a through flow of gas in the bubble equal to three times
the minimum fluidisation velocity for a three dimensional bubble,
Thus,a fraction of the excess gas does not contribute directly to
the bubble phase volume,

In this flow régime the bubble is well defined because
there is no recirculation of gas to the bubble. Thus’although,the
values of calculated bubble diameters are too high and make the
ratio shown in figure' V.3.d and V.3.e 1less than unity.in agreement
with the results quoted by McCGrath and Streatfield (224 ) ,the bubble
eruption diameter is probably a good estimate of the bubble diameter
in the bed because oflthe well defined nature of the latter.

Finally it was generally observed ( 22) that the application
of the stirrer driven at 40 r.p.m and located at 0.5 cm abo-
ve the distributor,led to smaller bubble eruption diameters and was

observed for all particle sizes investigated.
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Figure
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Figure

V.3d:b

Relationship between bed expansion ratio and excess
gas velocily for mv =239 m ( 60-80 mesh )
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Geladart (19067) Streatfield (1970)
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Plate V.3.a Photograph No 3a ,particle d jameter Hp = 169 pm ,

height of fixed bed 1.926 cm ,U-Umf = 210 cm/min
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Plate V.3.b Photograph No 5b ,particle diameter Ep= 239 pm

= 304 cm/min

height of fixed bed 2.506 cm , U—Um

f
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LPlate V.3.c Photograph No 7a ,particle diameter EP= 67 Hi

height of fixed bed 3.855 cm , U~Umf= 80 cm/min

Wi Fikestemirtio i

-

Plate V.3.d Photograph No 8c ,particle diameter Ep=67 pm
i

height of fixed bed 3.855 cm , U‘*Um 135 em/min .

f
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V.4, STUDY OF THE KINETICS OF THE PARTIAL OXIDATION OF . | 2

PROPYLENE AND ISOBUTYLENE OVER BISMUTH MOLYBDATE
CATALYST.

The investigation of the kinetics for the catalytic oxi-—
dation of olefins is normally complicated by the fact that dif-
fusion as well as chemical phenomena are usually involved; the
two are not easy to separate so as to determine the factors af-
fecting each. In addition)the large exothermicity of these reactions
introduces the problem causedbythe liberation and distribution
of heat.

Studies in -the chemical kinetics need to be acquired free
of physical transport limitations,if possible in order to interpret
the results correctly,and have some knowledge of dealing with
the data if mass transfer effects become important.

Kinetic models have been postulated without adequate appre-—
ciation of the problem (23§ 237), but recently. ‘anconventional
type-of reactors have been postulated to operate under negligible
heat and mass transfer effects.

Kinetic measurements have been carried out in this labo-
ratory using an S.G.S. reactor ,aﬁd mathematical models of
olefin oxidation over oxide catalysts have been derived ( 54, 72,
81 ) . A direct comparison of these models with experimental
conversions obtained for a fixed and a fluidised bed was made in
the present studies. ( pages 177 to 191 ) .

Kinetic measurements were carried out in the temperature
range 405 °% - 465 °c in a packed fixed bed by a continous flow

method. This guaranteed isothermicity of the catalyst layer,
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in spite of the large heat effect of the processes. Preliminary
experiments showed that it was difficult to achieve completely
-isothermal conditions within the bed. However,by the use of a
diluent ,glass spheres, temperature gradients were minimised
within the bed. Radial temperatures were generally highest in the
centre ,decreasing towards the wall . The maximum recorded tempe-
rature difference between the bed centre and the wall was 4 .
The average temperaure of the bed was taken as the mean of the
three - thermocouples readings. All experiments were performed
at an olefin : oxygen ratio of 1.0 . This ratio was chosen to
avoid over-oxidation of the olefin and is well above the lowest
possible oxygen level at which reduction of the catalyst can ta-
ke place ( page 178 ) . The effect of the reciprocal of space
velocity , W/F , on the conversion of both olefins was studied
at different reactor temperatures. An increase in temperature
increases the conversion ,whereas an increase in the overall olefin
flow rate causes the conversion to decrease ( Tables 1IV.4.a ,
IV.4.b , IV.4.c , IV.4.d , IV.4.e , and 1IV.4.f) .

Variation of the amount of oxygen in the inlet stream by
a factor of three did not affect the rate of the reaction,and thus it
was concluded that the reaction is independent ( zero order ) on
oxygen concentration. This is an agreement with previous findings
C 80, 56, 72, 29).

However ,during the catalytic oxidation of isobutylene over
bismuth molybdate catalyst, Mann and Ko (119) reported that,while
the selectivity for methacrolein increased with increasing oxygen:

isobutylene ratios,the conversion decreased with increasing feed

ratios,contrary to our experiments. The most probable explanation
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for this was that their data were taken in a very small range.of

reactant feed ratios ( O 1.2 - 2.4 ) ,where the diffe-

g ¢ C4H8 =
rences between the recorded conversions were very small.

The order of reaction in olefin was tested using the ap-
propriate inte ‘grated forms of zero,first and second order rate
expressions, by the linear regression method from the experimental
conversion data.

The rate equation for a catalytic reaction in a flow sy-
stem may be written as:

P VF (dx/dW) = ¢ dx / d(W/F) equation V.4.1
Thus ,the rate of conversion corresponding to any given value of

W/F will be given by the slope of the tangent to the curve Xy
versus W/F at that point.

On the assumption that the total moles of gas undergo no
change during the reaction,the reaction follows first order ki~

netics for which the equation is:

£y . K& CL=ix) equation V.4.2
when the equation V.4.2 is substituted into equation V.4.1 and
integrated for an idealised piston—-flow reactor the rate constant
will be given by:

In (1 -x) =-K (W/F) equation V.4.3

The above expressica gave the best agreement with the experimental
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data,relative to those of zero,and second order expressions. However,
the "goodness" of fit for the experimental data obtained during
the catalytic oxidation of propylene is rather poor,relative to
"that of isobutylene oxidation. This is because the experimental
error for propylene is smaller than that of isobutylene,which can
be seen from the tables V.4.a and V.4.b.

It is mentionable that if the experimental error is too

- - - a -
big any kinetic orreaztor model can fit.

V.5 OPTIMIZATION OF CONDITIONS FOR THE SELECTIVE OXIDATION

OF ISOBUTYLENE TO METHACROLEIN

To obtain high values for the selectivity of the conversion
of isobutylene to methacrolein,the catalyst weight,stirring,fluid
flow rate and total pressure in the reactor were kept constant,
while the reaction temperature was varied in the range 400 % -
537 °C and the fuel : oxygen moles ratio in the feed by a fac-
tor of 10.

The maximum conversion recorded was 85.6 7 at 453.5 oC,
while the selectivity towards the main product was 85.2 7 ,with
by ‘products being mainly carbon oxides. Similar high values for
selectivity to methacrolein were recorded at all conversion le-
vels ( Table TV.5.3 ;IVD.b ;IV.5.¢ ,TV.5.4 ,IV.5.e IV.5.£ JIV.5.g,
IV.5:.hs

Combination of bismuth oxide and molybdenum oxide with an
atomic ratio close to unity leads to a highly selective catalyst
system,for the oxidation of olefins to unsaturated aldehydes in

agreement with previous suggestions (57,59,60,29).
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Furthermore the suitability of the reactor as previously
investigated (208) ,did have a beneficial effect on the selecti-
vity of the total conversion of isobutylene to methacrolein. The
optimum ratio, bed height : total height of the reactor = 1 :7 ,
was established (208) to minimise the effect of the free board
zone volume on the conversion of olefins to unsaturated aldehydes,
It is important to state that,at the temperature range where
maximum values of conversion.and selectivity are attained,rela-
tively high gas phase oxidation of olefins to mainly acetone.and

carbon oxides occurs. If the latter could have been .avoided, it

would result in even higher values of selectivity to the main product.

V.5.1 Effect of temperature and reactant feed ratios.

The conversion-selectivity plots given in figures IV.5.b ,
IV.S.e 5IV.5.d4 ,IV.5.e ,IV.5.f »IV.5.g ,IV.5.h and 1IV.5.i ,show
a general decline in selectivity at higher conversions,but they
do not seem to extrapolate to 100 £ at zero conversions. It is
my hypothesis that if thisis true the carbon oxides are formed by
post oxidation of methacrolein as well as from the oxidation of
the initial olefin . Thus,the proposed (56) combination of paral-
lel and consecutive reactions for the oxidation of propylene
appears to be the most probable reaction waeme for the vapour

phase oxidation of isobutylene over bismuth molybdate catalyst.

1
C4H8 S C4H60

Co
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With increasing CAHB : 02 moles feed ratio the conversion
of isobutylene to products increases steadily,while the selecti-
vity to methacrolein decreases.up to the value C4H8/02 = 2.0 .

At higher feed ratios the conversion was observed to be unaffected
although a steady increase of isobutylene consumption was expected.
This can be explained in agreement with previous findings (58,59,
66,67,68) ,from the fact that the main source of oxygen for the
reaction is the bismuth molybdate catalyst alone.

We suggest that,at low 04H8/02 ratio values , i.e gaseous
oxygen partial pressure is above the minimum point at which re-
duction of the catalyst is expected, the reaction proceeds through
the lattice oxygen of bismuth molybdate,which leaves the catalyst
in a reduced state. However,catalyst is fast re—oxidised by a
rapid diffusion to the surface of 02_ anions from the chemi-
sorbed oxygen.

With increasing reactant feed ratios the conversion increases
steadily,as expected,due to the rate of the reaction dependence
on the partial pressure of gaseous isobutyleme ( page 178 ).

We further suggest that as-the value C4H8/02 =20 " is
attained , i.e gaseous oxygen partial pressure is about the lcwest
possible level at which reduction of the catalyst is avoided,
re~oxidation of the temporarily reduced catalyst does not occur
and thus the catalyst loses progressively its activity until
the lattice oxygen is totally consumed.

With increasing temperature from 390 ° to 465 °C the
conversion increases and selectivity to methacrolein decreases.
Contrarily,the effzct of temperature on the yields of carbon oxi-

des is the opposiie to that observed on the selectivity
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( Figures IV.5.j ,IV.5.k and 1IV.5.1 ) . Nevertheless,much
overoxidation does not occur as is evidenced by rather low
yields of by-products.

With further increase in temperature above 400 °c ,higher
conversions of isobutylene to products were not obtained as
could be expected.

The most probable explanation for this behavioutr is that
bismuth molybdate catalyst,strongly dependent upon the structure
and the arrengment of the atoms within the crystal ,loses its
activity,apparently because of structure collapse. A total loss
of its activity was observed when the catalyst was heated above

650 °C to support previous findings (29,30).

V.5.2 _Effect of fluidisation behaviout

During previous investigations in this laboratory (208),
kinetic data of propylene oxidation over mixed oxide catalysts
in afluidised bed reactor,within the temperature range 380 % -
545 °C were obtained; mathematical treatment of the experimental
data was not carried out . The reason lies in the fact that in
fluidised bed reactors heat,diffusional and mass transfer effects
should be considered,even though these effects could be limited
to some extent,if the reaction is carried out in a one-phase
model ( fluidised bed at minimum fluidisation ). .

It was expected and subsequently found that in an incipi-
en+ly fluidised bed no gross by-passing occurs. However,the effect
of stirrer and reactor wall are considerable and lead to a rather
high degree of back-mixing in the particulate phase. As a result

all the conversion data at minimum fluidisation and below fall
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on the same single curve approwhing the completely mixed li-
ne ( figure IV.5.a ) . The data were fitted to a least-square
curve according to equation III1.3.8 ,where the right hand side
‘of this equation was expressed as a combination of the following
terms , e—K' ( conversion for a plug flow reactor ) ,and
1 / 1+K' ( conversion for a perfectly mixed reactor ) . The
fitting error from the regression was tested over the experimen-
tal error calculated from the carbon.and oxygen mass balances
and the "goodness" of fit was related to the ratio , U:/ UE 3
as given amongst other statistical quantities in table V.5.a .
Since the conversion values obtained for an incipiently
fluidised bed are higher than conversions calculated assuming
perfect mixing the degree of dispersion in the dense phase was
estimated from Dankwer;‘s dispersion model (141) ,which gives
the degree of conversién assuming that the passage of gaseous
reactants falls between the ideal states of piston flow and
complete back-mixing. Axial mixing through the bed is assumed

and is characterised by an effective dispersion coefficient. The

modified equation for a pseudo-first order reaction.is:

b4a

b S B equat.

(1+a)2 exp -FW(l—a)/ZEg - (1+a)2 exp -F‘W(1+a)/2Eg

where a= V1 +4 Kr ( Eg/FW )

Values for the axial dispersion coefficient were assumed,
and a figure of 72.3 g mole hr 1 gave the best agreement for
the experimental curve ( dashed line ) in figure V.5.a ,when

compared with the ideal case of a perfectly mixed reactor ( solid
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Table V.,5.a Analysis of variance and regression table

( Results at minimum fluidisation velocity )

2 2

g 6.94 0y = 8.50
2ics 25

Op = 8.50 GF = 7.81

Sum of squares total

Sum of squares of regression table
Sum of squares of residuals
Standard error of estimate

Corrected R2

lo

g

e N

N

1.008

9.030
8.837
0.194
0.078

0.979

Table V.5 b Analysis of variance and regression table

( Results at low suferficial gas velocities )

g, = 1,72 G ™ 9.35
v 2 Al
o = 5.5 Op = 7,76

Sum of squares total

Sum of squares of regression table
Sum of squares of residuals
Standard error of estimate

2
Corrected R

=257=

0.709

2.463
2.453
2.0101
0.0278

0.9959



Figure V.5.a Test of experinental data with the dispersion model °
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line ) .

Since bubbling commemced at low gas velocities the expe-
rimental conversions were lower than those obtained from the
incipiently fluidised bed otherwise operating under the same
conditions,in agreement with Knudsen and Gilliland's (238) findings.
The conversions were found to be 20 Z less than the case of a
perfectly mixed reactor indicating that the degree of by-passing
is relatively high at the low superficial velocities used (fi-
gure IV.5.m ) .Again the dashed line in figure IV.5.m repre-
sents the least squares curve with the data fitted according
to equation III.3.8 ,where the right hand side of this
equation was expressed according to the simplified polynomial
due to Calderbank and Torr (170) ,initially suggested by Orcutt
et al (160). "Goodness" of fit and other statistical quantities
calculated from the regression table are given in table V.5.b.

As the formation and growthif bubbles lead to an overall
lower efficiency of contacting in terms of selectivity,a less
selective oxidation would naturally result at higher fluidising
fluid velocities.

From the results obtained for the homogeneous oxidation
of isobutylene ( Figure IV.3.a ,IV.3.b and 1IV.3.c ) ,it was
found that acetone and formaldehyde are formed as the main
products and some acetaldehyde,methacrolein and carbon oxides in
smaller quantities,in agreement with published work (239,240)

Since rising bubblescontain only a small amount of parti-
culate material,it is expected that the reactant gases within
the bubble will react homogeneously,and to a lesser extent hete-

rogeneously,without considering any interchange between lean
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and dense phases and consequently the overall selecivity is re-
duced. We suggest that,during the catalytic oxidation of olefins,
the maximum selectivity of conversionfﬁounsaturated aldehydes
will be obtained by minimising the void volume within the bed,
i.e the size of the bubbles ,and maximising the ratio volume
of bed : total volume of the reactor. The application of internals
or stirring devises will result in bubbles smaller in size,as
combined work reported (222) ,in agreement with previous extensive
studies (241,242) ,and thus will increase the ratio conversion
due to heterogeneous oxidation : conversion due to homogeneous
oxidation and thecefore increase the overall selectivity of the
raection. Additionally all fluidised bed reactor models combine
the rate of the reaction with the rates of most 6f the physical
phenomena involved in fluidised bed operation ,but exclude the
rate of the heterogeneous reaction. This may be significant if
the rat€ of the gas phase oxidation is relatively high within
the employed temperature range. Especially the probability of
homogeneous reaction within afluidised bed should be considered
when the rate of the heterogeneous reaction is low.

The maximum proportion of propylene conversion in the
gas phase at 437 °c ,using a fluidised bed reactor of total
height : bed height = 7 :1 jand propylene to oxygen ratio of
3 :1 was recorded at 5.9 Z (208). Although, gas phase oxida-
tion did not affect seriously the total conversion and selectivity
of the reaction,however,the significance of the homogeneous re-

L}

action would be more pronounced if the reactor height is increased,
i.e the free board zone is extended. When the oxidation of

olefins was carried out using a fluidised bed reactor of total
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height : bed height = 16 : 1 a markedly reduced selectivity
to unsaturated aldehydes was observed (208) .

The design of the laboratory reactor used does not allow
formation of large bubbles due in part to the shallow catalyst
bed and also,the use of a paddle stirrer. In this way,an equal
distribution of bubbles throughout a uniformly fluidised bed
was achieved.

The experimental conversions obtained were checked against
those predicted by the bubble model of Orcutt et al (160) ,assuming
pseudo first order kinetics. The fractional conversion taking
place in the perfectly mixed gas in the particulate phase is gi-
ven by:

(156 e )

Be 'k + - equation V.5.2
L K' + (1-8 e k)

On the other hand,when the reactant gas is in plug flow through

the particulate phase,the fractional conversion is:

equation V.5.3

where m, and m, are the roots of the quadratic equation:

s (n + K'/1-8 )m +(K' n, /1-8) = 0 ; equation V.5.4
vhere = 1°- Umf/UO equation V.5.4
6.34 H
M = mfl/z U . +1.3 DIIZ (g/D )1/4 equation V.5.5
D, (gD ) mf g e
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and K' = KrW/F equation V.5.6

the limiting conditions of equations V.5.2 and V.5.3 are:

Lim ( K'=~ = ) X= 1-e "k ( fast reaction )
Lim ( K'=—>0 ) X=0 ( no reaction )
X=1-1/1+K' - very fast
Li:m ( nk—‘m ) exchange
Fulon = through bubbles

In figure V.5.b a comparison of the experimental fractio-
nal conversions ( dashed line ) is made with theoretical conversions
calculated from Orcutt's fluid model assuming 1) piston flow
and 2) Perfect mixing ( solid lines). The theoretical conversions
were calculated at B8 = 0.4 whilst the number of transfer units
was estimated using bubble diameters determined by experimental
measurement of bubble eruption diameters in the same reactor.

The diffusion coefficient Dg for isobutylene into air
over the temperaure range used in the oxidationexperiments was
calculated using the Lennard-Jones relationship ( 5 ). Thus,
walueae far the diffusion coefficient over the whole of the tempe;
rature range reduces the error for data correlation using Orcutt's
flow model.

The assesment of the criterion of "goodness" of fit to
data was made by means of the ratio 5 oi / U; ,and in calculating
the experimental variance it is to be noted that the carbon variance

is always lower than the oxygen variance due to the difficulty
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Figure V.5.b Test of experimental data with Orcutt's fluid-bed model
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in determining the amount of water.

At low Kr values,small errors in predicted bubble
diameters result in comparatively large deviations from predicted
conversions based on the two phase model. This becomes more
serious when the two phase theory is applied to the fluidisa-
tion of fine particles,as emphasised in an earlier study (223).
Nevertheless,as is expected at high Kr values , i.e high reaction
temperatures ,the degree of conversion due to gas phase oxidation
will contribute more to the total conversion of the reaction,than
at low Kr values. For this reason it is not unexpected that
the lower part of the experimental curve in figure V,5,b , falls

outside the region bounded by the theoretically predicted curves.

V.6 FUTURE WORK

The selective oxidation of isobutylene to methacrolein
has been carried out in a shallow gas fluidised bed. Aiming to
to obtain the highest olefin conversion and selectivities to
unsaturated aldehydes,the optimum reaction conditions have been
established.

Recently fluidisation technology has seen tremendous
applications in a wide range of process industries. However,
most of the design background on large scale fluidised bed feactors
is based on earlier exyerience obtaiued empirically,seemingly
without adequate theoretical understanding. This is due to the
fact that vith most gas-solid syste~s,achievement of comparable
results between laboratory and large scale equipment is often
difficult and sometimes even impossible.

For fluidised bed operatio$ the following information
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is needed if a confident scale-up is to be achieved.
i. Tendency of solid particles to agglomerate.

ii. Tendency of solids to sinter or brake.

iii.Behaviour of the bed during exothermic reactions.
iv. Tendency of solids to cover the wall of the free-board zone

v. Transport of solid particles out of the reactor at high

gas flow rates.

vi. The kinetics and the rate constant of the reaction in the

envimmment expected in the fluidised bed

vii.Investigation of the explosiom . limits for the existing

gas mixture in the operating temperatures of the bed.

I1f the experiments giving the above information are
carried out correctly,then we should be able to proceed in the
design of a pilot plant unit safely and certainly the labora-
tory results whould be applicable when scale-up is attemnted.

In some operations agglomeration of solid particles
will cause accumulation on the distributor and will disrupt the
proper distribution of gas in the bed. Therefore,special care
should be given to the selection of a suitable distributor
and to a method of discharge of agglomerates during steady
state operation.. A profile of heat of the reaction at different
conversion levels is required to avoid hot spots and consequent
agglomeration of fines.

Phenomena such a$ channelling and sluging were observed
and overcome by controlling the behaviowc of the bed with the use

of a stirrer. The application of stirrers within fluidised
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is the subject of present research (243, 244) ,however, the way
it improves the bed behaviout to a fluidised, channelling-free

and slugging-free bed where highest percentages of conversion

and selectivities occur is yet to Le examined.

The elucidation of tue back—mixing'of gaseous reactants
in fluidised beds of fine particles needs further investigasion.
especially when stirring is applied within the bed. Minimising
the degree of dispersion in the dense phase increases the
efficiency of reactor operation quite considerably.

The simple kinetic investigasion carried out during the
present work enables a direct comparison for the reaction rates
obtained from the fluidised bed and reactors operating under no
mass transfer gradients; thus,determination of the overall mass
transfer coefficient in fluidised beds is possible to be esti-
mated indirectly.

Finally,further studies on the extent of the homogeneous
reaction in the free-board zone region and the lean phase are
presently being carried out in this laboratory and its mathe-
matical treatment will complete the picture of such a complex

system as a fluidised bed reactor.

V.7  CONCLUSIONS

A. Reaction within. the bubble phase results in a less selective

oxidation of olefins to unsaturated aldehydes.

B. Large bubbles within fluidised catalytic beds give rise to

lower conversions and selectivities.,
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C. Application of stirring within fluidised bed of small particles

leads to a smooth uniform régime.
D. The highest conversion value and selectivities to methacrolein

are obtained in the temperature range 440 °c - 460 °c and

a fuel:oxygen ratio close to unity.
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