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SYNOPSIS

Experiments in the temperature range 390 °c to 537 °C

have been carried out for the selective oxidation of propylene

to acrolein and isobutylene to methacrolein quantitatively

in a laboratory scale,shallow fluidised bed of bismuth-molyb-

date catalyst ( particle size 60-80 pm ) ,and the optimm

Operating conditions determined, Uniformity of fluidisation

was achieved by use of a stirrer within the catalyst bed. The

minimum fluidisation velocity was derived and oxidation expe-

riments performed at this,and low superficial gas velocities.

Effects of bubble formation on conversion,selectivity

to methacrolein,and yields of the by-products were measured,

Kinetics of the reaction and catalyst studies and their part

in the reactions were investigated, Carbon and oxygen mass

balances were checked in order to determine the experimental

error.
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INTRODUCTION



Since the second world war industrial organic chemistry

has seen two significant changes: completely different base ma-

terials have been used,and a large number of new. pro-

ducts have been manufactured. Coal tar, the traditional base

material,has yielded in importance to fractions derived from

petroleum, This means that petrochemistry has become the most

important part of industrial chemistry. The consumption of

petroleum oil has increased tremendously during the last two

decades (1), this increase being not only due to the use of oil

as the main source of energy hut also.due to the growing demand

for its middle distillates.

In this extens:ive part of industrial chemistry very important

intermediates are the hydrocarbon derivatives containing oxygen

or other hetero-atoms. The demand for these derivatives is very

large and further increase is expected in the futvre .The oxidation

of hydrocarbons by merely burning them is of course undesirable

and the homogeneous gas phase oxidation is unfortunately unsele-

ctive (2,3), and generally gives a complex mixture of molecules.

Only comparatively recently heterogeneous catalytic oxi-

dation enabled the synthesis of new molecules selectively by

changing the chemical structure of the hydrocarbons. Reactions

leading to the formation of commercially important products include:

Benzene + oy — * Maleic acid on Vanadium pentoxide

Napthalene + oO, —> Phthalic athydride on Vanadium pentoxide

Ethylene + 05 — > Formaldehyde on Vanadium pentoxide
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Ethylene + oy — > <Acetaldehyde on Vanadium pentoxide

Ethylene + oy —= Ethyleae-oxide on Silver metal

Propylene + % —~> Formaldehyde on Vanadium pentoxide

Propylene + oy — = crolein on Cuprous oxide

n-Butenes + oy — > Buta-1,3-diene on Bismuth oxide

Isobutylene + oO, —*» Methacrolein on Bismuth oxide

Since the catalytic process includes a number of consecu-

tive elementary steps such as the formation and breaking of bonds

in reactant molecules,and electron transfer between the mole-

cules and the solid catalyst,the electonic properties of cata-

lyst surfaces influence the adsorption processes and hence cata-

lytic reactions.

In general,heterogeneous catalysts contain transition metals

with. open inner electronic shells,which however,do not function

in the same way for different types of reaction. The oxidation

catalysts,for example,often have an oxide, ( Mo0, » Bi,0,, Cud

Cu, ), or a pair of these oxides that are readily interconver-

tible, Furthermore the ideal catalyst for commercial application

shuld be very active,very robust,stable and reproducible.

In the large field of catalytic reactions fluidisation

technology has seen numerous succesful applications in the last



thirty years. Industrialiy,it has been found advantageous to

use fluidised bed reactors for many solid catalysed reactions.

In a fluidised bed a mass of solid particles is made mobile

by means of an upward flow of gas or liquid,and the pressure

drop through the bed balances its weight. The bed behaves like

a fluid.and thus the rather uniform agitation within it prevents

the occurence of hot spots and dead regions.

The major disadvantage of a fluidised system is that the

catalyst may be broken by its constant motion,so that there is

continual attrition of the particles requiring continual make~

up of fresh catalyst.

The largest-scale industrial application of fluidisation

is in the fluid catalytic cracking of gas oil fractions to give

gasoline components. During the early part of world-war II,

there was a great demand for high octane aviation spirit as a

fuel for the piston driven aircraft of the time. In this process

by which oil is cracked over a catalyst it ,carbon

is, deposited on the catalyst which soon becomes fouled and has

to be regenerated. The techniques of fluidisation provided the

means whereby the cracking and regeneration reactions could

he carried out,and the problem of transferfjngthe fouled catalyst

from the reactor to the regenerator and back could be solved on

a scale with the very large throughputs involved.

The fluid cracking process still remains the largest scale

application of fluid bed reacting,but fluidised bed reactors

have been developed for many other processes including : the

Fisher-Tropsch synthesis of hydrocarbons,extraction of oil from



shale and bituminous sand,production of alkyl chloride,and phthalic

anhydride hy oxidation of naphthalene,and the oxidation of ethy-

lene to ethylene-oxide,which is further used for preparation of

ethylene glycol and other organic compounds.

The fluidisation techniques have also been widely used in

physical operations such as the transportation of powdered solids,

coating of plastic materials on metal surfaces,drying and sizing

of powdery material,ore roasting shey ptovide a more efficient ,conve-

nient,and economical way for carrying out these processes over

alternative methods.

However ,the difficulties inherent in the design of large

scale fluidised beds have undoubtedly inhibited their more wides~

pread use,and the expensive failures which have occured following

scale-up from smaller units (4), have caused designers to exercise

considerable caution in choosing them for new processes.

In addition,research in the past has given a great deal

of important information related to fluidisation phenomena ,but

the fluidisation field still presents many little understood

problems.

The difficulty of understanding these phenomena and their

yarious applications can be attributed to the complex hydrodyna~

mics of solids and fluids,to intrusion of physical phenomena on

chemical rate processes in fluidised bed reactors and to compli-

cated geometrical factors associated with fluidised beds.

The greatest problem,however,remains that most of the ba-

sic information on fluidisation has been obtained in a rather

limited range of conditions,and for very few fluid-particle systems

which cannot ,generally,be applied in all scale-up situations.
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II.1 SOLED _CATALYSED_REACTIONS

In this part we will attempt to classify the reaction steps

that are gatas involved when a gas phase chemical reaction

actually occurs on the catalyst surface. The determination of

the rate of the reaction depends upon the value at which each

of these possible steps occurs. Although much effort is concentra~

ted on the development of new catalysts and new catalytic pro-

cesses the phenomena occuring during a catalytic reaction are

not completely understood.

The selection and manufacture of catalysts for specific

purposes is largely based on experience and most information

remains secret. to the manufacturers .

II.1.1 Physical sspects of catalysis

The investigation of catalytic reactions and catalytic

processes is normally complicated by the fact that diffusion

as well as chemical phenomena are usually involved; the two are

not easy to separate so as to determine the factors affecting

each.

i. The mass transfer of reactants to the gross exterior

surface of the catalyst particles appears to be the first step

of all solid catalysed reactions. The rate at which the transfer

of reactant molecules to the catalyst surface occurs is determi-

ned by the mass velocity of the gas stream,the size of the parti-

cles,and the diffusional characteristics of the fluid. Transport

normal to the surface is by molecular diffusion. The overall

=10=



process of transfer between catalyst and fluid is proportional

to ote » where n varies between zero and unity. The diffusion

coefficient for species 1 in the mixture is related to the

binary coefficients by the general equation:

x
fe a n a ai .

Dim GH Yy VE Bao a ) equation II.1.1

The bast method of calculating the diffusion coefficients

for binary gas mixtures is from the theoretical equation based

on the modern kinetic theory and the Lennard-Jones expression

for intermolecular forces (5).. This is:

. 3/2 1/2
0.001858 T (ot, MM,

ee Dtal2 :

12% 2 2 equation TI.1.2

Epa

where Dio is the diffusion coefficient for a binary mixture

of gases 1 and2.

T is the absolute temperature.

P is the total pressure.

M, is the molecular weight of gas 1

mM, is the molecular weight of gas 2

Qy is the “collision integral" and is a function of KT/€,5

E19» Mo are the force constants in the Lennard-Jones potential

function

Values of g and e , are usualiy obtained from viscosity

data but where they are not reported they can be estimated by

the empirical equations listed below:

-11-



Oy = 1/2 ( 94405) equation I1I.1.3

CSF .18 as equation II.1.4

G5 = (e,€ yz equation I1.1.512 1£2 q) el.

Ki/e,, = KT/( e.€, yz equation I1.1.6
12 2

KT/é, = 1.30 T/T, equation II.1.7

where Va is the molar volume at the normal boiling temperature.

K is the Bolizmann constant.

a. is the critical temperature of gas 1.

For very fast reactions,it is possible that the overall

rate may become limited by the rate of mass transfer to the surfa-

ce. Wheeler (6,7), suggested that equation II.1.8 gives the

first order constant K for external diffusion to the catalyst

surface in a flow system where all the gases have the same

viscosity and Schmidt number:

a /2 eiK,, = 10 Cv /Ma Pe ye sec equation II.1.8

ii. When the catalyst is mostly porous and when the reaction

takes place at interior interfaces,the degree of porosity of

the catalyst,the dimensions of the pores,the size of the particles,

and the diffusional characteristics will determine the rate

at which the diffusional and flow transfer of the reactants in

==



the pore structure of the particle occur.

For catalyst particles with large pores the diffusion

of liquids or relatively dense gases will fall in the category

of bulk-diffusion. The bulk-diffusion coefficient per unit

cross section of porous mass, D. ,is given by the expression:
12,eff

D1 eft =D), 8 It equation II.1.9

On the other hand if the gas density is low,and the catalyst

pores very small,the molecules collide with the pore wall much

more frequently than with each other. This type of diffusion is

known as "Knudsen diffusion" . The molecules hitting the wall

are momentarily adsorbed and then given off in random directions.

The gas flux is reduced by the wall "resistance" which causes

a delay because of both the diffuse reflection and the finite

time the molecule is adsorbed. Knudsen diffusion is not observed

in liquids’ . The kinetic theory provides a relation for the

Knudsen diffusion in gases in a straight round pore:

2

De = 9700 Te ( T/M yi/2 equation II.1.10

In this equation tr, is the pores in cm, T is the absolute

temperature, and M is the molecular weight. The symbols refer

to a single component; since molecular collisions are negligible,

flow and diffusion are synonymous and each component of a mixtu-

re hehayes as though it alone were present.

iii. The adsorption of reactants on the catalyst interface

==



will depend upon the characteristics of the catalyst surface,

the extent of the surface and the specific catalytic activity

of the various catalytic systems.

iv. The surface reaction of the adsorbed molecules will

he determined by the activation energies required for the reaction

on the surface and the nature of the catalyst surface.

v. Finally during all solid catalysed reactions the

formation of adsorbed products will ¥e followe by diffusional tran-

sfer of the products out of the pore structure of the catalyst

particle and then mass transfer of the products away from the

catalyst surface.

I1.1.2 Adsorption

Although contact catalysis offers many practical advanta-

ges over homogeneous catalysis,its theoretical treatment was

presented only recently. The basic reason lies in the fact that

even though much was known about the active centres of the surface

of solid catalysts,the role of these centres during adsoiption

hag been explained only recently. In general,heterogeneous ca-

talysis could include reactions proceeding at a variety of interfa-

ces; however, the most interesting are those between gases and

solids.

The first theory which attempted to explain the phenomena

of heterogeneous catalysis was the theory of the intermediate

compound. This proposed that the reaction takes place between the

bulk solid and a reactant to form an intermediate compound which

decomposed,or reacted to give the products of the main reaction

and to regenerate the catalyst.

=lh



At the same time Faraday (8) and Mitcherlich (9) developed

theories to explain the action of heterogeneous catalysts during

a catalytic reaction.

The big change, however,came when Langmuir (10) first re-

ported that hydrogen adsorption on the surface of metal wires

involves a chemical reaction in which strong bonds are formed

and the molecule which is adsorbed is dissociated. This type

of adsorption was named chemisorption to distinguish it from

physical adsorption. However,a clear distinction between them

is rather difficult for some intermediate cases. With his two

latest papers (11,12), Langmuir in 1916 applied a simple

kinetic treatment to adsorption equilibria. He considered the

adsorption of molecules without and with dissociation on crystal

surfaces. When the adsorption occurs without dissociation,Langmuir

supposed that on the surface of the crystal there is a definite

number of sites capable. of holding adsorbed gas molecules.

If each site can adsorb just one molecule,a number of molecules

greater than the number of sites can only be adsorbed by the

formation of additional layers of molecules. Langmuir's conception

of the chemisorption of molecules or atoms in monolayers led to

the derivation of simple isotherms,connecting the fraction of

the surface occupied with the pressure of the gas being adsorbed.

The expression for equilibrium is;

oy =b Py /(1+b rN y equation II.1.11

Where a is the fraction of sites occupied by gas A

b= a'K/ vy, is the adsorption coefficient
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Py is the pressure of adsorbed gas A

When molecular adsorption occurs on crystal surfaces with

dissociation,the aboye expression takes the different form:

o.= Ca'P, y/2 / 1+(a'P, yl2 equation II.1.12

Tiel

Where a=a K/ vy

This equation is applicable for a dissociative chemisorption

in which two similar fragments are formed. However,recent statisti-

cal studies showed that the number of neighbouring sites around

a given site need re-consideration (13,14), and hence Langmuir's

equation should be slightly modified.

IL.1,3 Kinetics

In general,the rate of heterogeneous catalytic reactions

involving gases is often controlled by the reaction of the

adsorhed molecules,and not by the adsorption/desorption processes,

Relations between reaction rates and gas pressures were devi-

sed with the help of mechanisms which regarded a reaction step

within the surface as the rate controlling step.

These mechanisms have become known as Langmuir-Hinshelwood

mechanisms ,and are generally based on the conception that for two

molecules A and B to react they should be adsorbed on adja-

cent sites.

Thirty years later,Hougen and Watson(15), devised rate equa-

tions for gas adsorption based on Langmuir's theory relating the

rate of reaction with the gas phase pressure of the reactants,assu-

ming that the rate determining step is the surface reaction of

=h6=



the molecules. Bearing this in mind the rate for an unimolecu-

lar decomposition reaction, A——* B taking place on the surface

of the catalyst is:

~aPy /dt = KKAPy / 14K,P AK P, equation II.1.13

Various modifications ,depending on the relative values of the

terms in the denominator of the above expression can be applied.

If hoth the reactant A and the product B are weakly

adsorbed the general equation becomes:

-dPy /dt = KKP, equation I1.1.14

and the reaction kinetics are similar to those of a first order

gaseous reaction.

If the reactant is adsorbed strongly,and the product rather

weakly ,the rate of the reacticiu will be given by:

~aP, /dt = KP, / 14K,P, equetion II.1.15

and may well be first or zero order at low and high pressures,

respectively.

In the case when the product is fairly strongly adsorbed

and the reactant weakly,the rate will be proportional to either

"

Let PAK / PARR or Ky PAKy / 14P,K-

==



IL.2 OXIDATION OF PROPYLENE TO _ACROLEIN

The succesful production of acrolein catalytically

over cuprous oxide was discovered by Hearne and Adams(16). in

the 1940's and subsequently used commercialiy by Shell Chemical

gompany. However,the heterogereous oxidation of olefins really

started with the discovery of bismuth molybdate as an oxidation

catalyst. Before this time acrolein has been produced by se-

veral different methods. In 1836 Hefs(17) and Redtenbacher(18),

first isolated acrolein during the dry distillation of fats.

and reported the presence of a highly toxic aldehyde. More re-

cently aldol condensation of acetaldehyde and formaldehyde in

the presence of "dehydrating catalysts", or the noncatalytic py-

rolysis of diallyl-ether were used for its industrial preparation.

Since the 1940's a number of different catalysts have been de-

veloped for its production.

Cuprous oxide used by Shel1(19), bismuth-molybdate or

phosphomolybdate(20) by Standard Oil of Ohio, and combinations

of tin and antimony oxides by Distillers Gompa.y Limited.

Although many different types of catalysts can be used ©

for this selective oxidation,the choice of the catalyst ( type

and composition ), and reaction conditions ( temperature,olefin/

oxygen ratio,contact time, et c ) influence directly the reaction

route of the end products. The oxidation of propylene will re-

sult mainly in acrolein,acrylic acid,acetone,propene oxide and

carbon oxides while the ammonoxidation will produce acrylonitrile

ac the main product,

=[p2



In 1967 Rubanic and co-workers(21) studied extensi~

vely the specific catalytic activities of Sn0, ; Bi,0, A Sb,0, .

Mo0, , and their binary mixtures in the oxidation of propylene,

and elucidated the relationship between the catalytic properties

of the individual oxides and their mixtures.

The catalysts were prepared from their hydroxides by

precipitation with ammonia,dried at 90 Sc, and then were converted

by calcination in air into the corresponding oxides. The calci-

nation was achieved when the temperature was raised from ambient

temperature to 600 °c over 2hr and kept at this temperature

for almost 2 hr. The tin and antimony hydroxides were calci-

nated additionally after this treatment for a further 2 hr at

1050 SG; with the temperature previously raised from 600 °s to

1050 °c over 3 hr. The determination of the zatalytic activity

was carried out in the kinetic region. Propylene was oxidised

in the temperature range 380 °c - 480 °C ,and conversions ,selec—

tivities and yields of the various products were reported.

The results obtained are summarised in figures II.2.a ,

II.2.b , IL.2.c , IL.2.d and IL.2.e , where the specific rates

of product formation,and selectivities towards the main product

are given as functions of the composition of the catalyst. From

these results it was proposed that the optimum binary oxide

systems ( those possesing a maximum activity with respect to the

main products obtained ) at 450 °c fall into the sequences gi-

yen in table II.2.a , of decreasing specific activity and se-

lectivity.

They finally concluded that the most active and selective

=19—



Figure II.2.a Specific rates of formation of 1) acrotein 2) co,

3) acids and 4) CO at 400°C as functions of the

atomic ratio of tin to molybdenum.
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Fignre II.2.c Specific rates of formation of 1) acrolein 2) co,

3)the selectivity of the conversion to acrolein

as functionsof the atomic ratio of Sn to Sb
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Figure II.2.e Specific rates of formation of l)acrolein 2) co,

3)the selectivity of the conversion to acrolein

as functions of the atomic ratio of Sb to Bi

S108 nctese/ maeaee ‘act.
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Table I1.2.a Classification of catalysts by Rubanic ( 21)

With respect to the specific With respect. to the selectivity

rate of propene consumption in the formation of products

of incoplete oxidation

CATALYST Wx 107 CATALYST Ss 2
no les/m- sec

Bi:Mo (1:1) 21.64 * Bi:Mo (1:1) 94

SniMo (9:1) 12.55 sn:Sb (9:1) " 94

Sn0, 6.80 MoO, 87

Bi:Sn | (led) 2.26 Mo:Sb = (0.54:1) 86

Bi,0, 1.65 $b,0, 85

Sn:Sb (9:1) 1.41

Ri:Sb (0.33:1) 81

Bi:Sb (3:1) 1.14

Sn:Mo (9:1) 79

Mo:Sb (0.54:1) 0.64

Mod, 0.46 Sn0, 26

Bi:Sb (0.33:1) 0.24 Bi:Sn (1:1) 7

$b,0, 0.13 Bi:Sb (3:1) 0

Bi,0, 0
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mixed catalysts,the bismuth-molybdenum, tin-antimony, and tin-

molybdenum are obtained by combining an active nonselective

oxide with a selective oxide of low activity. The combination

of two non-selective oxides ( bismuth oxide and tin oxide )

leads to a catalyst with low selectivity. Additionally combina-

tion of two selective oxides of low activity ( antimony oxide

and molybdenum oxide ) gives a selective catalyst but one still

with a low activity.

II.2.1 Cuprous oxide catalysts

The production of unsaturated aldehydes and ketones from

cy = 3 olefins started with the use of cuprous oxide catalyst

by the Shell Chemical Company in the 1940's . However ,product

selectivity over copper catalyst is strongly dependent on the

operating conditions.

Isaev and co-workers(1), and Popova and Vermell(2), have

reported that the selectively active form of a copper catalyst

appears to be a surface condition which leads to cuprous oxide

in the bulk form. The steady-state condition of the catalyst

may be changed easily due to reaction or oxidation at the tempe-

ratures in the range 300 °c to 400 °c.

Shapovalova et al(3) reported that during the partial oxi-~

dation of olefins,change from one olefin to another causes changes

in the catalyst steady-state condition to occur readily, thus it

is not easy to obtain reliable data on selectivities,kinetics e t c.

That the reaction could be contrasted with thermal vapour phase

oxidation of propylene at 330 °c - 400 °c was investigated ty

Kamiya(21,22) in 1962 . It was reported that during the oxidacion

94



of propylene over cuprous oxide catalyst at 12.8 2 conversion

the composition of the products was:

34 % acetaldehyde

24 % propene-oxide

12% acrolein

5 % allyl-alcohol

with the main product being carbon dioxide. He deduced that the

catalyst is of crucial importance in making acrolein selectively.

In 1966 Ghorokhoyatskii et al(23) attempted to identify

the actiye phase in a selective copper oxide catalyst,and they

suggested that selective catalysts were composed mainly of copper

oxide or copper oxide plus copper metal.

Modified catalysts using a number of electronegative ele-

ments have been reported(24,25,26), to give higher yields of scro-

lein over the un-modified copper oxide catalyst. A highly selective

catalyst was ohtained by the use of Se0, in large amounts; how-

ever,introduction of a small amount of Mo and W has been re7

ported by Russian workers (27,28) to have beneficial effects on

catalyst selectivity.

A. Mechanism

Earlier vork(29),has shown that oxidation of propylene

over copper oxide catalyst can be well described by a combination

of parallel and consecutive reactions:

a
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CoH ——___1—_+ ¢,1,0

Se
The rate determining step for K is the abstraction of an ally-

lic hydrogen from the olefin(30), which is followed by the forma~

tion of a wbonded allylic surface intermediate(31,32).

In support, Zhdanova and co-workers(33) used i.r spectros-

copy to study the chemisorption of propylene on cuprous oxide

supported on high surface area ( 200 ma / g ) alumina. Two types

of surface intermediates were found,one with adsorption correspon-

ding to those of copper acetate

which was decomposed to give carvon dioxide and another compound

of the type

which then gave acrolein.

=26—



Confirmation and extension of this mechanism was reported

by Adams and Jennings (32,34) using propylene labelled with deute-

rium in various positions. The following model which assumes that

allylic hydrogen abstraction occurs to form an allylic intermediate

followed by hydrogen abstraction from either end was in quantita-

tive agreement with their results.

abstraction

abstraction

acrolein

abstraction

acrylonitrile

Here the numbers show the relative probability of the preceding

species reacting along the indicated path,where z is the discri~

mination isotope effect ( K / Ky ) related to the probability

of breaking a carbon-deuterium bond relative to that of breaking

a carbon-hydrogen bond under the same conditions.

On the other hand, Margolis(35) has reported a different

mechanism for propylene oxidation from that proposed by Adams

and Jennings. He postulated an allyl hydroperoxide, C,H,OOH,
35

as an intermediate. His following mechanism does not allow for
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a symmetrical intermediate,nor for the required abstraction of two

hydrogens before the symmetry is destroyed.

0 _————> + 20
2

Ose ee (Oe

0,+ e ————> ©2 2

Cyl, + (0) ——> ( C,H,00H )

charged complex 1

23 + +
em C,H,00H ) ——>- ¢( CiH,0 D2 4.€ 0 )

+

C C,H)O ) +e—+( C,H,0 ) gas

¢ C3H,0 y+ ou C,H,0-0,)

charged complex 2

+

G C..H,0-0,) ———> co, + H,O + (RH)

CR )* + 0,——> Co, + H,0 + CR'E i

+

C4He +e ———— ( 6,8,)

& na

¢ C,H) + 2(0) ——>( C,H,00 )

charged complex 3

—————--« CH.00 ) CiH,0 + HCHO
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( CyH,00 )———> R00 + ( RH Ni

‘

(RH )* +0;——>R 00 + (R'E)

B. Kinetics

Although many attempts have been made to elucidate the ki-

netics of the oxidation of propylene over cuprous oxide it has

been proved difficult to obtain reliable kinetic data,due to the

large exothermicity of the reaction,the changing character of the

catalyst.and the pronounced inhibition of the reaction by the pro~

ducts.

Popova and Ghorokhovatskii(36,37) in 1964 examined the

effect of steam during the oxidation of propylene. They have re-

porced that at high steam concentrations ( amounts up to 60% of

the feed mixture ) the rate is approximately first order in olefia

as well as in oxygen. The presence of water vapour has an inhibi-

ting effect on both acrolein and carbon dioxide production rates.

The rate equations proposed were:

and

equation II.2.2

In an earlier publication Isaev and Margolis(38) concluded

that acrolein and carbon dioxide formation rates are proportional

to oxygen concentration in the gas phase and independent of ole-

fin and acrolein concentrations. They also suggested that carbon
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dioxide is formed completely by post-oxidation of acrolein. In

support of those workers Belousov et al(39) found that reaction

rates could be described by:

hed slo] equation IL.2.3

AN EL Products|

afoo,] 95 equation II.2.4
ne ae 7 [este] 2

On the other hand, Billingsley and Holland(40) studied

the same reaction using a differential reactor at 240 °c. They

reported that the reaction was limited by oxygen mass transfer.

and proposed the following equations:

d 31,0] a 0.72K [c,4, | [o, |
— equation II.2.5

at 0.72 |GH, + 4.5 [o,|

d co, | 3K [o, a
= equation I1.2.6

dt 0.72 [eu] 4.5 [o, |

II. 2.2

Commercially, tin oxide and antimony oxide catalysts were

developed by Hadley and co-workers (41,42,43,44) for the oxidation

and ammonoxidation of propene and the oxidative dehydrogenation

of butenes to butadiene. There is a considerable literature devoted

to the investigation of the catalytic properties of tin and anti-

mony oxides of various compositions in the oxid-tion of olefins.

= 20=



For example ,Belousov and Gershingorina (45) studied the cata~

lytic properties of the following oxides; Sb,0,, ; Sb,0, ? 5b,0, >

Sn0, » and Sn0 . Their results showed that the catalytic acti-

vity of oxide catalysts,the selectivity of the process taking

place on them,the quantitative composition of the reaction pro~

ducts,and the temperature at which the maximum quantity of strongly

chemisorbed propylene is attained all depend on the valency of the «=

cations of the oxide catalysts. The oxides were placed in the fol-

lowing order of decreasing catalytic activity.

5,95) 5,9) $b,0,

At low temperatures Sb,0. was found more active than Sn0,- Between

the tin oxides, Sn0 was proved to be a more selective catalyst

than Sn0, but it was concluded that the catalytic properties of

tin-antimony oxide catalysts are determined by the presence in

them of the shot cation. Thus the presence of Shan and sb?"

leads to the formation of acids, Sb,0, favours the formation

of propionaldehyde,and although acrolein is formed in the presence

of all oxides it was observed with Sb,0, only at high tempera-

tures.

In 1968 Godin et al (46) studied the air oxidation of

propylene over tin-antimony oxide catalysts. The activation ener~

gies for propylene oxidation over various catalyst compositions were

obtained and those are summarised in table II.2.b.
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Table I1.2.b Activation energies for various catalyst compo-

sitions ( 46 )

Catalyst composn. ( atom % Sb ) Ey ( Keal/mole )

6.8 12.2

21.4 16.3

50.0 ay

78.6 13.1

93.7 13.0

They also reported that the addition of only 6.8% Sb

to Sn0, increased the conductivity by three orders of magni-

tude to give a semiconductor with a very low temperature coeffi-

cient. This was explained by a mechanism which assumes that sp*

substitutes the sat* ions in the Sn0, lattice,creating firstly

sn°* cations which act as electron donors thereby giving free

electrons,and a rise in conductivity.

mite ae ahah att at ob

Margolis and co-workers (47) studied in detail the chemi-

sorption of propylene and oxygen on Sn0, and Sb, 0, » aiming

to elucidate the changes in electron work function,and electrical

conductivity. At 200 ae they reported that propylene and oxv-

gen are rapidly adsorbed on both surfaces. Adsorption of propy-

lene on Sn0, having already irreversibly adsorbed oxygen on

its surface yields a surface complex having a negative charge
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and containing an excess of oxygen over carbon. However,the adsor-

ption on tincantimony oxide mixtures yielded a surface complex

with a positive charge and contained an excess of carbon relative

to oxygen. :

A. Mechanism

Studies using 14t-1abellea proptl-ene have shown that the

oxidation mechanism of propylene over tin-antimony oxide catalysts

is similar to that over bismuth molybdate catalysts (46). The

mechanism postulated involves the formation of a m-allyl species

and can be described by:

cH + O + 0, —_>C,H, + OH

5+ - 4e
Sb oe CiH. ae CAH. seeeeeSb

4t Sf
C,H... .... «Sb

ES

gis +20 —> 6,H,0 + Sb + 0H +2e + 2[]

PEO ee ee tal a H,0

3+ oa 5+
1/2 0, + Sb +L) —>0° + Sb

12:05 2a) + a] on

where OO = anion vacancy

Further evidence that the oxidation mechanism of propylene over

tin-antimony oxides is similar to that over bismuth molybdate ca~

talysts,involving a chemisorbed allylic intermediate formed through

an allylic hydrogen abstraction from propylene,is given by many

experimentalists (31,48,49,50,51,52) .

In 1975 Pendleton and Taylor (53) used a static reaction
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system to study the oxidation of propylene over tin-antimony

oxides catalyst. The oxidation experiments were carried out in

the temperature range 350 °c = 400 °c jusing isotopic oxygen

containing 95 Z a0. .

The percentage [26] acrolein content in the total acrolein
formed was determined as shown in figure I1.2.f .

It can be seen at the initiation of the reaction when the lattice

: 18
contains no on anions ,mainly [285 ]acrotein is formed,and
the lattice is obviously the direct source of the oxygen in the

aldehyde. Ag the reaction proceeds,reduction of the catalyst is

followed by re~oxidation with oy » and therefore the percenta-

ge of [260] acrotein decreases. Similar curves which,however,
do not extrapolate to 100 % at zero conversions were obtained

for the formation of carbon dioxide and given in figure II.2.g.

In agreement Cartlidge,Mc Grath,and Wilson (54) reported

that during the oxidation of propylene to acrolein over tin-anti-

mony oxides catalysts,the kinetic model which assumed that reactant

molecules do not compete for active sites best correlates their

experimental data. This suggests that chemisorbed oxygen does

not directly oxidise adsorbed propylene.

B. Kinetics

It appears that the kinetics of propylene oxidation over

bismuth molybdate and tin-antimony oxides catalysts are very si-

milar. The order of the reaction with respect to olefin is first

order,but there is also a dependence on oxygen. This has been

postulated by Belousov and Gerghingorina (55) recently. The

possible participation of lattice oxygen in propylene oxidation

over Sb, 0, / Sn0, and $b,0, / Sn0, oxide catalysts was also
2S 2

examined but no evidence found to support this idea.
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Figure II.2.¢ Percent [250] acrolein in total acrolein formed
in neopy lene rnd reaction on Sn:Sb (1:3) catalyst

( T= 623 °K )
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Figure II.2g Percent 16, in oxygen of co, formed in propenat!°0)

reaction on Sn:Sb (1:3) catalyst. ( T= 623 °K)
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Recently Cartlidge et al (54) have derived a model for

the catalytic oxidation of propylene over tin-antimony oxides

catalysts The catalyst used was prepared by converting tin and

antimony metals into oxides,mixing the oxides in the atomic ra-

tio Sb;Sn = 4:1 and then calcining at 900 °c. The experimental

conversion data were fitted by means of a non-linear least squares

procedure to several models based on Langmuir isotherms. The pre-

ferred model is given by the equation IL.2.7

afe,n,0 J E Konig Fon [eats] [22] Bi
dt C1 * Ko, ti [P3%P C2 * Fon [Pa] ?

equation I1.2.7

For its derivation it was assumed that there are two types of

active sites,one with an affinity for propylene only and the

other for oxygen only. It again assumes that each adsorbed mole-

cule occupies only one active site,and thus the reactants do

pot compete for active sites. The degree of surface coverage

with oxygen varied both with temperature and catalyst age.

IL.2.3 Bismuth: Molybdate catalysts

afskithtmolyhaate catalysts have a very high activity and

produce acrolein with great selectivity with.or without the pre-

sence of oxygen. Other products which are formed include carbon

dicxide,carbon monoxide,acetaldehyde,formaldehyde and smaller

amounts of propionaldehyde,propionic acid,formic acid and acetic

acid.

Adams (56) reported that propylene oxidation over bismuth

ai



molybdate catalysts shows high selectivity towards the main pro-

duct at conversion levels as high as 80 % . Addition of steam

or hydrogen in the feed mixture had no effect on activity or se-

lectivity of the catalyst.

The excellent catalytic properties of bismuth molybdate

haye been investigated in detail by Lippens and co-workers (57,

58,59). Earlier work (60,61) had indicated no connection between

the presence of the two oxides separately on the catalytic acti-

vity,and this initiated a search for an explanation based upon

the structural chemistry of the catalysts. Results from x-ray

analysis, i.r. spectra and reflection spectroscopy suggested

that the superior catalytic activity of the compounds Bi,0,2Mo0
253 3

and Bi,0, MoO, is connected to the presence of corner sha-

ring Mo--O octahedra in the bulk of the solid,that give rise

to tetragonal pyramidal Mo--O sites at the surface also sharing

only corners with neighbors. The promoting influence of Bi,0, a

then reported,might also arise because of forcing this structure

on the Mo0, component. Thus if the (_ Bi,0, leg layer is na-

med the B-layer,and the ( MoO, ia A-layer, the structure of

bismuth nolybdate catalysts may be schematically represented;

catalyst 2: Bi,0, MoO, C BizMo = 431 )

BO °B0. AO. BOB 0 AS Oana ek ces es

catalyst Bi,0. MoO. ( Bi:MoBios a1)

BOA OBO A O BQ A O w.sseeesceeee
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catalyst Bi,0, 2 Mo0, ( Bi:Mo = 1:1 )

BO AsO “Ao OP BOAO Ao 0) swine sacineinsesie

In compounds which are rich. in molybdenum, CBi,0, MoO, and

Bi,0, 2 Mod, ) ,the terminal oxygen will occupy the edges of Avlayers.

The presence of some oo ions will lead to some of the hounda-

ry molybdenum ions being present in a tetragonally pyramidal confi-

guration,and this was suggested to be the active site. The absence

of anion vacancies connected to molybdenum in the bismuth-rich

compounds lowers the catalytic activity as the catalyst would show

the type of activity associated with Bi,0,-

A. Mechanism.

An excellent study on the mechanism of the vapour-phase

oxidation of propylene to acrolein was made by Mc Gain and co-

workers (62) in 1963 . tel cenronene-t was oxidised over bismuth-

molybdate catalyst in a closed system. The i.r spectra of the

recovered propylene was used to determine the percentage ae

on the methylene group,thus giving the extent Uf double-bond mi-

gration which had occurred.The position of the carbon-13 in the

acrolein product was determined by mass spectrometer.

From their results given in table II.2.c_ ,it can be seen

that although the recovered propylene was only partially isomerised

13 13
CH, =CH-CH, and 16 % CH, =CH- CH, >

however under all reaction conditions the ratio cu,=ca-"?

total ceaccoleta is 0.5 . This result means that at about

at 448 °C ,being 84%

CHO /

° A A . ees * *
459 “C the isomerisation of acrolein is not due to a prior iso-
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Mablemsri2'c |Oxidaticn cee i
1

C-propene-1 ( 62 )

Moles reactants Tempera- | Contact at niece oa bere
x 10° pure time Recovered propene | Acrolein

Sc sec 3 13 Ratio
Propene Oxygen 2 CH,=CH-CH, 2ZCH =CH- cH, cHy=cu~"7cn3

Total 13¢ acr

0.22 0.22 448 0.4 84 16 0.53

0.22 0.29 450 1.1 75 25 0.52

0.25 0.31 450 1.3 73 27 0.48

0.21 0.21 448 3.2 0.51

0.45 0.21 250 101 Ds 47

0.22 9.21 251 217 0.51

Table I1.2.d Oxidation of propene by a deuterated catalyst

at 450°C (62 )

Moles rgactants | Contact Labelling of products

. 10° tame Recovered propene Acrolein
sec

Propene |Oxygen a 4, Z a) Z a, Z ds Z 4d) Z a,

0.11 0.15 0.09 99.6 0.4 = 99.1 0.9 *

0.11 0.15 0.34 95.7 41 0.2 97.1 2.9 =

0.11 0.15 1.29 89.1 10.2 0.7 95.8 4.1 0.1
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merisation of the propylene,but must be due to the oxidation of

propylene pro:ceeding through a symmetrical intermediate.

They have suggested that the most probable symmetrical intermediate

in the oxidation of propylene is allyl, but the possibility of iso-

propyl being involved was also considered.

i, CH, *+CH*#c

CH,=CH=CH, v7 CH, =CH-CHO

CH,~CH-CH,

The results for the oxidation of propene~d over a deuterated

catalyst surface at 450 °c (table II.2id ) showed that the

acrolein was more than 95 % in the light form in support of

the allyl route. The absence of acrolein-d, in larger amounts

eliminates the possibility that a proton addition reaction occurs,

during the formation of acrolein.

In support,Adams and Jennings (32,34) oxidised a deuterated

propylene ( 1-propene~3d ) with molecular oxygen over two ca~

talysts,cuprous oxide and bismuth molybdate to give acrolein, and

in the presence of ammonia to acrylonitrile.

Their results suggested that the reaction mechanism of pro-

pylene oxidation involves a formation of an allylic intermediate

for hoth catalysts. This intermediate undergoes a second hydrogen

abstraction before the incorporation of an oxygen atom to give

acrolein,

Propylene samples ,tagged with radioactive carbon, have been

oxidised with molecular oxygen,on bismuth mcl,bdate by Sachtler

Age



and De-Boer (63)..After an appropriate time,the oxidation run

was stopped,the reaction products separated,and the specific

radioactivities of acrolein,carbon monoxide and carbon dioxide

were determined. The acrolein fraction was .then decomposed pho~

tochemically in a quartz reactor (64,65) :

H,C=CH<CHO + hv ——> Hi, CCH, + CO

The decomposition products were separated by G.L.C. and their

specific radioactivities were determined.

To study the mechanism of the reaction they assumed that

for the rate determining adsorption on the surface,two possible

mechanisms might be involved.

Mechanism A

Propylene is adsorbed on the catalyst surface by opening

the double bond leading to:

hb 3oe o=t*-C"=c7H, EOE

Mechanism B

Propylene is adsorbed on the catalyst surface with disso-

ciative chemisorption,resulting in an allylic adsorbate:

1
H H,C’=C7-C"=0 50%

Hopicrg’a + 9 =< Ay Yo agpas o=cl-c=c"H, 50%
2
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==

Expected from

ce “Cal *co “CoH, Experimental
Mech, A-1 Mech. A-2 Mech. B

x, “ccucH., 0,99 0.447 0.490 ~ 0.0 1.0 0.91

u,“4ccucu, | 0,99 0.437 | 0,483 ° 0.0 1.0 0.91

u,"*ccHcH, | 0.40 0.168 | 0,185 » 0.0 1.0 0.91

u, “ecucu, 0.252 0.008 0,243 0.0 0.0 0.0 0.03

u,ccu “cu, | 0.504 | 0,265 | 0.257 0.0 1.0 0.95

sauatAdoid jo uotqeptxo o134]e3e9 x® UTeTOINe Fo uoTITsoduovep [eoTWeYyDo}0Yd xo %y2y pue og JO 2 seTaTaTqseoTper oTJ1OEdg eZ-IT eTqey,



Their results given in table II.2.e ,strongly suggest an allylic

adsorbate as the true reaction intermediate.

Using a recirculation type of reactor Keulks (66,67,68)

aimed at elucidating the mode of oxygen incorporation into the

oxygen-containing products formed in the catalytic oxidation

Q£ propylene on bismuth-molybdate. The proposed mechanism was

interpreted in terms of the layer structure of bismuth-molybdate

catalyst as proposed by Batist et al (57,59) .For molybdenum-rich

catalysts the oxygen boundary layers occur on ( MoO, Nes layers

which. creates anion vacancies on molybdenum atoms. The oxygen

boundary layers serve as a source of oxygen that is incorporated

into the products. The removal of oxygen from the boundary layers

leayes the surface in the reduced state. Re-oxidation of these

layers by a-xapid diffusion to the surface of 05 anions from

the bulk rather than the gas phase oxygen was postulated to be

the most probable mechanism.

B- Kinetics

A general agreement for the kinetics of propylene oxidation

over bismuth<molybdate catalyst exists,and the reaction is churacte-

rised by first order kinetics with respect to propylene,and zero

order with. respect to oxygen if the partial pressure of the latter

is not yery low.

Kinetic studies were carried out in the temperature range

410 °c - 500 °c using a circulating flow method (69), by Gel'bshtein

and co-workers (70). The catalyst used was a mixture of bismuth

oxide and molybdenum oxide with an atomic ratio of bismuth to molyb-

denum close tq usity. Analysis of the reactionproducts for content

of acrolein,acetaldehyde,carbon oxides, e t c was carried out
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by standard chromatographic methods. The combination of the re-

sults of the kinetic investigation led to a simple equation for

the total rate of conversion of propylene to acrolein and by-pro-

ducts as given by the equation II.2.8 .

n= qu Ro H equation IL.2.8

Adams et al (29) studied the same reaction using a flow

system at atmospheric pressure. The oxygen source was a mixture

of 20 vol%Z oxygen and 80 vol% argon,while the exit gases

from the reactor were analysed by mass spectrometer. For the reaction:

CAH. ie 0, ed C3H,0 + H,O

it was found that oxidation of propylene over bismuth-molybdate

is first order in propylene and independent of oxygen and products,

as illustrated in figure II.2.h. The curve is that calculated for

first order kinetics,with the rate constant chosen to give the

best visual fit. The apparent activation energy over the range

350 °c - 500 °c was estimated to be 20 Keal/mole.

The effect of conversion on the selectivity of acrolein was

also determined and the results are shown in figure II.2.i. The

line drawn was calculated assuming all the reactions are first

order and K,/K, = 0.10 and K/K, = 0.25.

On the other hand, Cartlidge,Mc Grath,and Wilson (72) have

taken a different approach in order to elucidate the kinetics of

propylene oxidation over bismuth molybdate catalyst Using an §$.G.S

reactor (71) ,operating under no mass transfer gradients , they
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Figure II.2.h Propene conversion variation with ges
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obtained experimental conversion data,which have been fitted to

a variety of models based on Langmuir isotherms.

The preferred model was that in which the goodness of fit

most closely approached calculated values of the experimental

error. For acrolein formation the model given in equation IL.2.9

with a.mean yariance ratio of oe i on = 1.03 correlate the

experimental data most satisfactorily.

CH equat. II.2.9

; a[e,H,9] a _ Koy [este] ¥

dt 861 + Rou es) = Ke, Pprodued

where b equals “average lifetime on the surface of propylene

which desorbs unchanged" versus “average lifetime of propylene

which reacts to give acrolein" .

In deriving the above model the following assumptions were

made;

i. Propylene is sdsorbed oncto single oxidised sites only and most

of this desorbs unchanged;

ii.Propylene which reacts gives a reduced site and an acrolein mo-

lecule;

iii.The average lifetime on the catalyst surface of molecules of

propylene which desorbs unchanged is greater than the average life-

time of molecules on the surface which react to give acrolein;

iv.The newly formed acrolein desorbs very rapidly due to its

low affinity for reduced sites;

Furthermore the kinetics of carbon oxides formation by post

oxidation of acrolein were determined,and the kinetic model derived:
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1/2alco,] k(K [c x4 )
2h) c3H40 L3 4 equat. I1.2.10

a
T/2_ 1/2t ie Uh te [c,3,0] (Ke 8,0 fProducd| )

Similar assumptions in deriving the above model were also made:

i. Acrolein is adsorbed on oxidised sites,either single sites

or pairs of adjacent sites,most desorbing unchanged;

ii. Acrolein which reacts gives a reduced site or sites and a

molecule or molecules of oxygenated products;

Beii. The ayerage lifetime on the catalyst surface of the acrolein

which desorbs unchanged is greater than the average lifetime

of acrolein on the surface which reacts to give oxygenated products.

iv. The newly formed oxygenated products desorb very rapidly

due to their low affinity for reduced sites; the reduced sites are

again very rapidly re-oxidised; thus there is an increase of ucro-

lein adsorption due to the surface reaction as there is for pro-

pylene.

TT.3 OXIDATION OF ISOBUTYLENE T0_METHACROLEIN

Methacrolein is an important raw material for the manufa-

cture of plastics. The main source of its production is isobuty-

lene which can be converted by gas-phase oxidation on certain

catalysts to unsaturated products.

While demand is increasing a large number of research

publications have appeared during the last decade describing

various catalysts,and different oxidation processes for its pro-

duction.

An extensive study on the catalytic oxidation of isobutylene

Shy



was made by Bretton,Wan and Dodge (73) in 1952. They used va~

nadium pentoxide,under conditions leading to complete oxidation.

The air oxidation of isobutylene has been investigated by Mann

and Rouleau (74) over several supported and unsupported copper

oxide catalysts in an isothermal flow reactor. Mann and Yao (75,

76,77,78,79) haye also examined the effect of various modifiers

aieeeaetec ie dioxide, selenium dioxide and halogen compounds

with copper oxide catalyst to obtain a highly selective oxida-

tion catalyst.

Recently Kay and Chanda (80) have reported their wok on

air oxidation of isobutylene over bismuth molybdate catalyst

using an isothermal flow reactor. On the other hand Cartlidge

Mc Grath and Wilson (81) used an S.G.S. reactor for this reaction

and succeded in deriving the rate of the reaction over an un-

supported bismuth-molybdate catalyst.

Furthermore many patents recommended and described the use

of other catalysts for the same prosess. Generzlly the catalysts

which are said to be suitable for the selective oxidation of iso-

butylene are the oxides of various transition metals (82,83,84,

85) ,and they are basically similar to those for the oxidation

of propylene to acrolein. Although,similarity in the behaviour

of both gases i.e isobutylene and propylene ,is a fact under

conditions of catalytic vapour-phase oxidation,however,signi-

ficant differences do exist. Straight chain C,~hydrocarbons

do behave differently,and their catalytic oxidation leads to dif-

ferent products.

In table II.3.a some of the most important patented cata-
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Feed-gas composition

Bi+P+K+Mo+0

Catalyst Carrier Temp. Conversion Yield Select. Ref.

composition aC eaehe 2 oe % % %

Mo+Co+Te+Ca = 440 7.5% 62,5%air 30% 28.2 =, 82.5 86

Mo+Co+Te+Ca 9 460 7.5% 62.5Zair 30% 39.8 “s 80.8 86

Mo+Co+Te+Ca = 460 7.52% 62.5Zair 30% 42.2 = 81.4 86

Mo+Co+Te - 435 7.5% 62.5%air 30% 38.5 - 35.6 86

CutLi Si0,-Al,0, - - - - - "high" a 87

AgNO, +++ Silicon- 400 60 40 air - - 19 i 88

carbide

V+P+B Alundum or 490 1.1% 98.9Zair = = 32 - 85

sic

V,0,*Bi,0,+ | Fused 1,03 - ce = = - 20. 2 89

Mo(W) 0,

CrgPMo, 405 - 381 11,1% 58.9%air 30% 12.0 20 < 90

CugTePV, 30), | Porous SiC - oe oc ae nee " = 91

ee ts ae 600 10% 7.5% as = 72 =
eee Reger 450 1 ee eae - 38 : 7
VOsO,+Te0,+ - ¢ 49 94

Mo03

Mo, Bit Ms 450 1 9 air = 91 35 - 95

silic acid . >

CutNato celite 36 oo i ot 5 7. = 96
$b 0,4? 05 fi 450 6.8% | 63.2%air 30% 30 3

Ni+Co+Fe+ - 345 1 282 5 98 70 = 97
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lysts for the selective oxidation of isobutylene to methacro~

lein are summarised.

II.3.1 Cuprous_and copper oxide catalysts

The use of cuprous oxide catalysts for the selective oxi-

dation of isobutylene is one of the first mentioned for this

type of reaction.

The use of bulk metal in forms such as powder,gauze,film,

shavings have been reported (98,99 ,100) extensively. However,

supported catalysts have been used more frequently. Many supports

have been adopted especially silicon carbide,celite,alundum e.t.c,

which. are mostly of high porosity.

The commercial use of this catalyst system began after the

discovery by Hearne and Adams (16,19) that cuprous oxide is very

effective in conyerting isobutylene to methacrolein selectively.

The presence of a small amount ,preferably 0.02-0.08 2 of a vo-

latile Cl-containing compound was found to increase the yield

of methacrolein. When the catalyst was used in a finely-divided

state,a fluidised bed technique was observed to improve the se~

lectiyity considerably.

Later the use of Cu catalyst,in the presence of S is

mentioned in a British Patent (101) to Continental 0i1 Company

in 1958. Furthermore,several patents (102,103,104,105,106) have

recommended the use of copper oxide,supported on silica,silicon

carbide or alumina as effective catalysts for the vapour~-phase

oxidation of isobutylene.

A. Mechanism

Experiments on the mechanism of the oxidation of olefins
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with three and four atoms of carbon were carried out by Adams

and Jennings (32). They reported that the reaction mechanism

appears to be the same over both cuprous oxide,and bismuth mo-

lybdate catalysts. The proposed mechanism involves the forma-

tion of an allylic intermediate by abstraction of a hydrogen

from the methyl group followed by further abstraction of this

intermediate.

In order to determine the rate equation that best fitted

their experimental data,Mann and Rouleau (74) in 1964 suggested

that the surface reaction between adsorbed isobutylene and gaseous

oxygen appears to he the rate controlling step in the reaction.

The same authors,in agreement with Adams and Jennings ,have sug~

gested that the reaction mechanism of catalytic oxidation of

isobutylene over cuprous oxide is the same as the reaction over

hismuth molybdate catalyst. This conclusion was due to the fact

that the rate equation for the catalytic oxidation of isobuty-

leneoyer bismuth molybdate was similar to the rate equation over

modified copper catalyst.

B. Kinetics

Mann and Rouleau (107), in 1964,studied the air oxidation

of isobutylene to methacrolein over copper oxide catalyst sup-

ported on pumice in a flow system.

They reported that increase in temperature from 350 °c

to 450 °c »results an a steady increase in the conversion

of isobutylene ,while the yield of methacrolein decreases with

temperature. A similar effect of the oxygen ( in the air ) to

isobutylene ratio on the conversion of isobutylene to methacro-
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lein,and the yield of methacrolein reported. They also found

that the conversion was independent of the oxygen to isobuty-

lene ratio and temperature,when the ratio g of catalyst to g-moles

feed per hour was less than 0.2 . They have concluded that the

surface reaction between adsorbed isobutylene and gaseous or

weakly adsorbed oxygen is the rate controlling step in the reaction.

They also postulated that the rate of the reaction for the oxi-

dation of isobutylene could be well described by the following

equation;

ae Ki s0 Piso Pox
re equation II.3.1

Le Kiso Piso ‘i Reeth Freth

The maximum deviation between the predicted conversion values from

the above equation and the experimental values was found to be less

than +6%.

Ghorokhovatskii et al (108,109) studied the same reaction

under a wide range of conditions. They determined the activation

energies for methacrolein and carbon oxide formation to be 15

and 20 Kcal/mole respectively. They also reported that, apart

from methacrolein as main product ,acetaldehyde ,propionaldehyde,

carbon oxides and water were detected.

Similar studies were made by Popova (110) in 1951. Isobuty-

lene was oxidised at 350 °c - 370 °c by oxygen in the presence

of a catalyst consisting of 70 Z Cu,0 and 30% CuO . Experi-

ments were carried out at an oxygen to isobutylene ratio 1:5.6

over a wide range of space velocities. It was found that with .
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a conversion of 3.8 Z isobutylene to carbonyl compounds, 82.5 %

was methacrolein, 7.2 % propionaldehyde, 6.2 % acetaldehyde and

4.1 % acrolein.

Recently much work has been carried out on the use of

bismuth oxide and molybdenum oxide,and their various mixtures for

the selective oxidation of isobutylene to methacrolein. A large

number of patents (111,112,113,114,115) have described different

methods of preparation and special heat treatment for obtaining

highly selective bismuth molybdate catalysts.

Adams (56) reported that when propylene and butylenes

were oxidised over bismuth molybdate catalyst ,selectivities towards

the main product were very high at rather high conversion levels.

Contrarily other olefins containing more than four carbon atoms

lose their selectivity at high conversions.

Tichy (116) in 1972 has studied the air oxidation of isobu-

tylene to methacrolein over various bismuth molybdate czialysts.

The specific surface area of each different catalyst was determined

using x-ray diffraction analysis. It was observed that the

maximum selectivity towards methacrolein was obtained when the

catalyst had a bismuth to molybdenum ratio of 1.25. He also observed

a rapid fall in activity as the ratio approached 2:1 which was

attributed to a less well developed crystal structure by results

from x-ray diffraction analysis.

A. Mechanism

The mechanism of the oxidation of olefins with three and

four atoms of carbon was reported (56) to be the same over both
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cuprous oxide and bismuth molybdate catalysts. The proposed

mechanism involves the formation of an allylic intermediate by

abstraction of a hydrogen from the methyl group,followed by

further abstraction of this intermediate.

Adams (2) refers to a prior oyerall mechanism which the

oxidation of olefins over bismuth molybdate should obey. This

mechanism follows the steps:

i. An olefin molecule comes in contact with the surface that

is covered with chemisorbed oxygen atoms.

———_—>0, ( gas ) 2 0 nas

ii. The abstraction of an allylic hydrogen atom by an oxygen atom

causes the formation of a resonance stabilised allylic interme-

diate and an OH species.

RRR ee,

Ror + tao oe ReC=*C==C-R + OHas Cor E045)

The kinetic slow step is the formation of this intermediate; thence

the speed of the reaction is an inverse function of the strength

of an allylic C+*H bond.

iii.Subsequent hydrogen abstraction from this intermediate yields

a conjugated diene,or upon oxygen substitution,a conjugated unsa-

turated aldehyde.

R R RR RRRR

R-C--C--C-C-R + 0. ———» R-C=C-C=C-R + OH
H ads ads
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R RH RRH

70-7; -C— i R-C=C-CsReO-=C--C-H +520) 35 R-C=C-C=0 + OH. 4,

where R represents either hydrogen or alkyl.

In addition, Uchijima and Oda (117) observed that both

propylene's and isobutylene's oxidation rates are the same over

bismuth molybdate catalyst and from this fact they concluded

that the same mechanism is possibly involved in both oxidations.

Mann and Yao (118) have proposed a mechanism for the oxi-

dation of isobutylene to methacrolein over bismuth molybdate ca-

talyst based on the electron theory of catalysis. They have consi-

dered that the surface of the catalysts consist of two types of

active sites,electron and positive holes on which oxygen and

olefin adsorbed. The surface reaction was assumed to follow the

next steps.

i. Electron transfer from the catalyst to the reactants.

ii. Homogeneous reaction i.e formation of activated complex

and rearrangment of the charged particles on the surface.

iii.Electron transfer from the products to the particles.

Qn the other hand Ray and Chanda (80) have adopted three

criteria in order to discriminate the reaction mechanism as

follows;

i. Positive values for all rate constants.

ii. Agreement with Arrhenius law in respect of temperature de~

ppendence of rate constants.

iii.Small deviation betweeen calculated and experimental conversions

All the possible reaction routes have been considered, i.e
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parallel,consecutive and parallel-consecutive; only the following

parallel scheme was in agreement with the adopted criteria.

Methacrolein

poet
Isobutylene a co

K,

2 CO.

B. Kinetics

An interpretation of the kinetics based on their experi~

mental data for the selective oxidation of isobutylene over

bismuth molybdate catalyst was attempted by Mann and Ko (119),

in 1973. These experiments follow their previous work on isobu-

tylene oxidation,with different catalyst Systems using an isother-

mal integral flow reactor. For a space velocity equal to 3.75

and a temperature range 350 °c - 560 °C »the selectivity for

methacrolein was found to increase with increased oxygen/isobu-

tylene ratios. They also ohserved that while the conversion of

isobutylene increased steadily with temperature,the selectivity

decreased at all space velocity values. Figure II.2.a illustra-

tes graphically their findings.

The kinetic analysis of their experimental data was made

using the approach suggested by Hougen and Watson (15) . In this

method,various mechanisms which could control the reaction were

postulated based on a single site and two types of active sites.

To determine the rate controlling step of the solid catalysed

gas,the values for the highest temperature and the highest partial
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Figure II.3.a Variation of conversion and selectivity

with reactants feed ratio
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pressure gradient were calculated. From these values heat and

mass transfer effects were considered as negligible.

Equations for these mechanisms relating the rate of forma-

tion of methacrolein and water,were postulated and checked against

their experimental data. The mechanism which assumes that the

rate controlling step is the surface reaction between charged

adsorbed isobutylene and oxygen,was found to correlate the data

most satisfactorily. The rate expression was;

Ky K. Bs P K

: oo Seon oe De equation II.3.2

or Kiso Piso = Kneth Fneth neat? Rox Pox

where K . ae . Reeth and Be are temperature dependent and

can be expressed by the following equations:

ln Ko = 5.18 + 17.79 x 10° ft equation II.3.3

In Kath G30 Fer 2h. 27) x 10° i feat: equation II.3.4

InK, = 0.75 + 3:64 x 10? / T equation II.3.5

Ink, = 7.44 — 7.32 x 10/1 equation LI.3.6

In figure II.3.b the theoretical conversion values obtai-

ned from the rate equation are compared with the experimentally

oLtained values for a temperaure of 410 te ,and an oxygen to iso-

butylene ratio of 1.2 . The maximum deviation between these va-

lues was found to be only + 4% at low reciprocal space velocities.
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Similar work was carried out by Uchijima and Oda (117)

in 1968, A single pass flow reactor was operated at atmospheric

pressure,and the reaction temperature varied between 400 °c

and 520 °C, The analysis of the products was carried out using

standard gas chromatography techniques, The kinetic analysis of

their experimental data showed that isobutylene oxidation rates

are first order with respect to the olefin and independent of

oxygen concentration, Similar results were found during the ca-

talytic oxidation of propylene over the same catalyst system,

However, the oxidation rate of isobutylene was found to be greater

than that of propylene.

Addition of a phosphorus promoter to the catalyst lowered

the apparent activation energy of propylene oxidation but had

no effect on the oxidation of isobutylene. The activation energy

of isobutylene oxidation was calculated as being 27 ~ 28 Keal/mole.

They also reported that when the conversion of isobutylene was

increased,the selectivity to methacrolein was steadily decressed,

and that the reaction deviated markedly from their first order

relationship when the conversions were higher than 30 %. This was

attributed to product retardation caused by the reactivity of

methacrolein.

In addition, Ray and Chanda (80) studied the air oxidation

of isobutylene over bismuth molybdate catalyst ,using an integral

flow reactor,in the temperature range of 325 °c to 500 °c.

They reported that the conversion of isobutylene and the yields

for both carbon oxides increased with increasing temperature. The

selectivity for methacrolein was found to increase up to 425 eg
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after which it decreased with further increase in temperature,

To obtain kinetic data the authors carried out experiments,

studying the effect of contact time on the conversion of isobu-

tylene at different temperatures and different feed ratios, They

observed that oxygen to isobutylene moles ratios above 6.0

had no effect on conversion, The reaction scheme which assumes

that methacrolein and carbon oxides are formed from a parallel

route during the catalytic oxidation of isobutylene was closer to

their experimental results. The integrated forms of the rate equa-

tions were given as;

pe

ORG eis 2 Oe mais K t equation II.3.7

Ere

P

we CR/R, ) fi - exp ( “Kt )| equation T1338
oe

°

i

are CK,/K, ) i ~ exp C-K t )Jequation EC, 369
4p.

Ig

P F

co. .ae C K/K, ) fa - exp ( “kK, t d} equation TL.3s10
Ty

where t is the time factor defined as the reciprocal of moles

of isobutylene feed per hour per g of catalyst. K is the rate

constant for the scheme leading to the formation of methacrolein,

KK to the formation of CO, and K to the formation of CO
2

KK was chosen to be KX + Ky et K, . The values for these rate

constants were obtained by linear regression from their experi-
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Table II.3.b Activation energies and pre-exponential factors

for pseudo-first order kinetics (80)

er 2 J
wrosa n= sorea----- -- mesadiaaene one

Activation energy 10.87 15.11 15.06

Keal / mole

Preexponential, 62.05 196.4 330.9

g-moles / g h atm

Figure II.3.c Variation of conversion, x; ,and selectivities

8° 869° *co, » with temperature

n

8 mole ratio , a=6.0
®

° time factor, W/F=8.0 g hr g-mole +
o a

na 0.98

0.48)

0.70

0. 32)

0.42

0.16
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mental data.

The values for activation energy and the pre-exponential

factor of the Auhenius equation for each of the reaction rate

constants were determined and are shown in table II.3.b, while

their results are illustrated in figure II.3.c.

The experimental values of conversions and the values cal-

culated from the above equation gave a deviation at each tempera~

ture less than 6%.

Recently Cartlidge,Mc Grath and Wilson (81) have attempted

to model the oxidation of isobutylene to methacrolein and carbon

oxides over bismuth molybdate catalyst. They used an S.G.S.

xeactor which is considered to operate under conditions of negli-

gible heat and mass transfer effects.

Their experimental data were fitted to a number of kinetic

models based on Langmuir's isotherms. The preferred model assumes

that:

i. The surface of the catalyst has a high affinity for isobuty-

lene; hence Ko is unity for all the experimental conditions.

Oxygen and isobutylene are chemisobed on different types of active

sites and thus there is no competition for active sites.

ii. Oxygen is chemisorbed on pairs of adjacent sites and most of

it desorbs unchanged. The reaction occurs between oxygen and adja-

cently adsorbed isobutylene.

iii.The average lifetime of oxygen on the surface which deserbs

unchanged is greater than the average lifetime of oxygen which

desorbs as oxygenated products.

iv. The newly formed methacrolein desorbs very rapidly due to its
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low affinity for the sites at which it is formed.

v. All the carbon oxides are formed by post oxidation of metha-

crolein.

The expression for the rate of the reaction which best

fitted the experimental data was given by the following equation:

0.5

afd), fe 3
= 0.5 Or equation I1.3.11

at WOK, P| eB [Products| )””

where [Product] = [e,3,0] +1/4 [co,] + 1/4 [co]

=average surface lifetime of 07 which desorbs unchanged

ayerage surface lifetime of 0) which desorbs as products

W= Weight of the catalyst

The absence of an isobutylene term was explained consi~

dering that the surface has very high affinity for isobutylene

under the conditions employed,and that the isobutylene and oxy-

gen do not compete for active sites.

It should be emphasized that the above equation represents

data for the reaction leading to methacrolein formation only over

the range 356 °c = 370 °c . Above this temperature no equation

has been found to represent the experimental data satisfactorily.
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11.4 FLUIDISATION

Unfortunately ,definition of fluidisation phenomena can

lack a completeness due to the complications involved in a flui-

dised system. Instead,this phenomena can best be interpreted

in terms of a simple operation by which a bed of fine solids

is transformed to a fluidised stage. When a fluid is forced to

pass upwards through a bed of solid particles,a pressure drop

develops across the bed. With increasing flow-rate of the gas

or liquid,the bed of particles will pass through the stages of

a fixed bed, and expanded bed as illustrated in figure TII.4.a

With futher increase in the upward fluid velocity,the bed expands

and q.stage will be reached where the drag forces will be suffi-

cient to support the weight of the particles. In this state,

the fluid/particle system begins to behave like a fluid and it

will flow under a hydrostatic head; the bed is then considered

incipiently fluidised,or to be a bed at minimum fluidisation velocity

C figure I1.4.b ).

In liquid solid systems an increase in flow rate above

the minimum required to produce a fluidised bed usually results

in a smooth,progressive expansion of the bed the particles spa-

cing themselves evently so that the liquid passes smoothly through

the interstices. In this case the average distance between the

particles will become much greater, ( figure II.4.c ) this type

of fluidisation is referred to as "particulate" .

In general,particulate fluidisation occurs with liquid-solid

systems and with gas-solid systems when the particles are very
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Fixed bed Minimum fluidi- Expanded bed Bubbling bed Slugging bed
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fine and over a limited range of velocities.

Gas-solid systems and sometimes liquid-solid systems,

when the solids are of high density,behave in a quite different

manner. With an increase in flow rate above the minimum fluidi-

sation,the excess gas will pass through the bed in the form of

bubbles. This type of fluidisation is referred to as "agerega—

tive" . The bed in this case is called an aggregative fluidised

bed,a bubbling bed,or simply a gas fluidised bed (figure I1.4.d ).

When the flow rate is further increased,the bubbles agi-

tate the hed and consequently its height fluctuates due to bub-

bles. With still greater flows the bubbles grow until their

frontal diameters are reaching the size of the diameter of the

containing apparatus; the bed is then said to be "slugging"

(figure IL.4.e ).

Eventually at high flow rates the terminal velocity of

the solids.is exceeded,the upper surface of the bed disappears

and particles are carried out of the apparatus. The voidage frac-

tion is then very high and the phenomenon is that of pneumatic

transport. In this last stage the bed is called a disperse,or dilu-

te fluidised bed.

Gas fluidised beds of fine,irregular particles are prone

to channeling. As the fluid velocity through the bed is increased,

instead of the bed expanding uniformly,the fluid opens up channels

through the bed. Then having created a path of low resistance,

this path is enlarged with further increase in the fluid flow

velocity, In the extreme case,with gas fluidised beds of fine

particles the bed fails to fluidise at all.
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Certain crystalline materials with axis very much longer

than the others ora wheat grain,will not fluidise stably. However,

they can he handled by spouted bed techniques in which the mate-

rial is entrained in an air jet,which carries it up the centre

towards the top of the bedwhere it becomes deentrained and

flows back down the walls of the bed so that vigorous circulation

is maintained (120). These techniques are also of value when it

is impractical to use a conventional distributor.

TL.4,1 Advantages and disadvantages of fluidisation technique

The technique of fluidisation has been extensively used

for operations involving solid/fluid contacting,especially

whenever high rates of heat and mass transfer between the solid

and fluid are required. However,the various disadvantages of

a fluidised system should also be mentioned for the purpose of

selecting an optimum overall design. The most important advan-

tages are concerned with temperature control and heat transfer,

continuity of operation,mass transfer and handling of fluidised

beds.

i. Temperature control

The violent agitation of the particles disperses the heat

throughout a fluidised bed and a temperature uniformity is

quickly established. Since some catalytic reactions are highly

exothermic,rapid heat removal and close temperature control is

required and thus a fluidised bed reactor can be applied succesful-

ly for such catalytic reactions (105,106 ) . The heat transfer

between the fluidised solids and an immersed surface is very

high,hence heat exchangers within fluidised beds require relati-
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vely small surface areas.

ii. Contacting efficiency.

An extremely large area of contact between solid and fluid

gives rise to high overall rates of mass transfer between the so-

lid and the fluid. This can often be a considerable asset in

the design of reactors for some industrial processes. The drying

of solid particles with the fluidisation technique has become

widely used recently. Some liquids are dried also on inert bodies

and the dry product is carried away as a fine powder, The usual

operations of evaporation, crystallization, filtration,drying and

pulverisation are replaced by a single process of drying ina

fluidised bed.

iii.Continuity of operation

The behaviout of a fluidised system allows continuous con-

trolled operations. The addition and withdrawal of solid particles

from the process equipment can also be controlled and as a result

many batch. processes have been replaced by continuous ones,which

have proved to be more economic.

Inherent within the technique are also some limitations:

i. The process demands expenditure of power for fluidisation.

ii. An excessive tendency for particle attrition is shown by

some friable solids. This will produce too many fines by degrada-~

tion of the particles which will be lost from the bed.

iii.The formation of "agglomerated" particles too large to flui-

dise,can necessitate a lowering in temperature of operation,

thereby reducing the rate of a chemical reaction quite signifi-

cantly.Also there some materials of such irregular shape that
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they can only be handled by the spouting bed technique.

iv. Operating parameters are limited to within the range over

which the bed may be fluidised. If the fluid velocity is too

low,the bed settles; if,on the other hand,the flow rate is too

high,there is excessive loss of particles from the bed by

carry over.

v. There is usually a limit to the size of particles which may

be fluidised (6500 pa down to a few microns ). This limit is

particularly dependent on the fluid viscosity and particle/fluid

density ratio as well as the fluid flow rate.

vi. The quick equilibration of temperature in a fluidised system

is a disadvantage in those operations where thermal gradients

are required.

vii.The formation of bubbles characteristic of most gas-solid

beds may result in reduced contacting efficiency. This becomes

possible when some of the gas within the bubbles by-passes the

solids and that can be serious when high conversions of gaseous

reactant are required.

iix.For catalytic reactions the movement of porous catalyst parti-

cles which continually capture and release reactant molecules

contributes to a high degree of back mixing,resulting in lower

conversions relative to those of an ideal plug-flow reactor.

ix. The dynamics of fluidised systems are not sufficiently well

understood to:permit confident scale-up to large scale units wher

reaction conditions are critical.

II.4.2 rop_in gas fluidised veds,and minimum flui-

disation velocity
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When a gas is forced to pass vertically upwards through

a bed of solid particles a pressure drop is caused across the

bed. According to Ergun equation (121) a relationship

between the pressure drop and gas velocity will exist.

2 2a Cle ou ire pe. U
ie 50 m oe 1.75 m —fh_o equation I1.4.1c Se 2 ioH & ¢- d € oa

Te Bicep m sp

The. pressure drop in equation IL.4:1 represents two factors ,the

viscous losses which need to be considered at low Reynolds numbers,

and the kinetic energy losses at high Reynolds numbers.

In the cases of low and high Reynolds numbers equation II.4.1

simplifies to equations 11.4.2 and I1.4.3 respectively.

AP (igs €) u US
eS 150 SLRS mea ame TO Nee @) <o equation II.4.2
H € (o d_)

nm s

2
AP Le 0" U 3
—e =1.75 Seas ae Oe We «> 10” equation II.4.3
ite € @ d

m 8s Pp

The linear relationship between the pressure drop and gas

velocity was initially predicted by Kozeny (122) in 1927 ,and

Carman (123) in 1937 based on work in fixed beds.

At the point of minimum fluidisation the gas velocity has

reached such a value that the frictional pressure drop is equal

to the weight per unit area of the particles (124) ,and thus;



Pressure drop ICross-sectiona Specific weigh Volum
x = x =

across the be larea of tube lof particles lof be

Fracion of

and we=Cl- ene) Cc Gey Pe) Hie s/s, equation II.4.4

It is obvious that the evaluation of the pressure drop

in the above equation necessitates a knowledge of the voidage

fraction , € nf ,at the point of minimum fluidisation. It is

generally supposed that in a'bed at the onset of fluidisation

the voidage corresponds to the loosest state of a packed bed .

In this case we would expect a bed of uniform spheres to take

up the cubic mode of packing and therefore at the point of inci-

pient fluidisation the voidage fraction will be ceo 1/6 ( 6-n)

= 0.476 . This assumption is approximately correct,since voidages

for uniform spherical particles have been observed (125,126)

being between 0.4. and 0.5.

Combining the equation II.4.1 with equation I1.4.4

the minimum fluidisation velocity can be determined from the

resulting equations I1.4.5 and 11.4.6 (124,127)

as 
5

«75 arden, fae oO Geto: ad vu d =O)1 oa C l-e .) eee Biteat Desa ae

3 2 - 3

o, & a ees u u
equation IT.45
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writing Nee = Ue Os ae Ju

3
(o.-2) ¢¢Pa On Pe & D

and Ga = Galileo number = a

u

equation II.4.5 becomes:

lee 1
Ga, = 150 ee ts He |. equation 51.4.63 Re fe, Weer Be at a8

ene Eme

However ,for small particles of small specific weight equation I1.4.1

simplifies to equation I1.4.2: thus equation I1.4.5 gives:

2: 3
Co. 4)" p =p €Ue —S Ps 8 5 me N, @) <e equation 11.4.7

150 u ire 7

For larger particles equation I1.4.1 simplifies to equation II.4.3;

thus equation II.4.5 gives:

1/2
o, Ge P. Pe 5 NL) 10° equation 11.4.8

Vier alae ae © me Be
1.75

°s

Assuming that for uniform spherical particles the voidage

fraction at the point of incipient fluidisation is about 0.42,

equation I1.4.6 can be modified thus:

/ Soap
N, me 251401 45.58 2 0 = Ga 1") equation IL.4.9Re

which gives the minimum fluidisation velocity for the whole

range of Reynolds numbers when the voidage fraction and the
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sphericity are unknown. This was suggested by Wan and Yu (128)

who reported that for 284 data points in the whole range of

Reynolds numbers the expression predicts the minimum fluidi-

sation velocity with a standard deviation of #34 Z.

Generally a pressure drop through the bed of particles

versus gas velocity graph is used for the determination of

the minimum fluidisation velocity. An ideal case of a well

fluidised bed of uniformly sized particles is shown in figure

II.4,£ (124) ,established by Shirai (129).

At relatively low gas flow rates in a packed bed a li-

near relationship between pressure drop and gas velocity exists,

and will be well described by equation II.4.2 . At the point of

minimum fluidisation Wigs the gas velocity will result in

a pressure drop equal to the weight per unit area of the particles,

AP = W/A,, and this pressure drop remains practically constant

with further increase in gas velocity, However,ideal circumstances

are very difficult to achieve and as a result 2 pressure drop

versus gas velocity diagram would give a useful rough indication

of the quality if fluidisation. In beds of small diameter,where

the wall effects may be important,according to Richardson (127),

“ Because of the tendency of the particles to interlock with one

another ,partial bridging can occur; thus it is possible for pres~

sure drop to exceed its theoretical value and the pressure drop

velocity curve,will pass through a point of maximum pressure drop,

OR ast On the other hand,non fluidised regions in a gas fluidised

bed may exist if the strvcture of the bed is not completely uni-

form. As a result the minimum fluidising velocity is lower, than
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Figure II.4.£ Ideal pressure drop in fluidised beds (29)
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Figure II.4.h The slugging: phenomenon ( results by Hiraki (30) )
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the velocity at which the bed weight is fully supported by the

fluid Ue,» as shown in figure II.4.g (127). In deep narrow flui-

dised beds there is a tendency for bubbles to grow and coalesce

as they rise through the bed until they occupy the whole cross-sectio-

nal area of the tube and so a slugging bed is formed; the slug ri-

ses through the tube carrying particles ahead of it and causes

largepressure fluctuations within the bed, figure II.4.h (124).

II.4.3 Modes of fluidisation

Since the mode of fluidisation is basically dependent upon

the properties of the particles and the gas velocity ,many experi-

mentalists attempted to relate the behaviourof a fluidised bed with

the gas characteristics and particle properties.

Early studies by Wilhelm and Kwauk (131) ,suggested that

the transition between particulate and aggregative behaviour as

shown by non-bubbling,and bubbling beds,could be explained in terms

of the Houde:number, equation I1.4.10. This implied that if the

fluid could lift tne particles,particulate fluidisation occutted,

and that the gas passed through an "expanded bed" stage. If the

gas was unable to lift and separate the particles then bubbles

were formed throughout the bed.

2
Ney (Ue) = Ue / a g equation II.4.10

ILE Ney Wie <a 0.13 particulate fluidisation

: 

= Agnestf Ni Wi. > de. aggregative fluidisation

When the ratio of solid to fluidising fluid does not exceed
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two or three,particulate fluidisation generally takes place,

until solid transport occurs. The régime of "particulate flui-

disation", has examined in detail by Richardson and Zaki (132,133)

E They showed that the ratio of superficial gas velocity of a particle,

was a function of the voidage to a power on, where n is a

function of the Reynolds number,depending on the range of the latter,

equation I1.4.11.

mS equation I1.4.11

where log Ua eeoa Ui a/D

Happel et al (134,135) showed that a modification was necessary

for the very dilute phase. This means that the equation II.4.11

applies only up to a voidage of 0.95 ,which was the experi-

mental range of Richardson and Zaki (132). It is mentionable also

that this value is the upper limit in the most practical,applica-

tions of fluidisation.

The above relationship has been found to apply to beds of

fine particles , oa 55 ym , fluidised with air at values up to

about three times the minimum fluidisation velocity by Richardson

and Davies (136) in 1966. This is because beds of fine particles

expand considerably before bubbles appear,and in the expanded

state they are similar to liquid/sciid beds,that is,they are be-

having in a particulate manner (137).

On the other hand,when the ratio of the densities of solid

and fluidising fluid is about 10 to 1 ,the nature of the flui-

disation changes,the most obvious difference being the appearance
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of bubbles containing 0.4 - 0.6 vol% of solids as suggested

by Kunii et al (138). The remainder of the solids comprise the

dense phase which has a voidage approximately that at minimum

fluidisation. The dense phase is therefore similar in structure

to a fixed bed, except that gross solids movement occurs as each

bubble rises.

Geldart (139) in 1973 had classified solid particles into

four characteristic groups. This classification enables identi-

fication of the mode of fluidisation according to the sizes,and

density of particles,as shown in figure I1.4.i.

Particles of group C have basically very high surface

forces. Thus,fluidisation cannot occur or is extremely difficult.

For the particles which belong to group A »fluidisation can

occur. However,considerable dense phase expansion exists before

bubbling commerces. For such particles the bubble rising velocity is

greater-than the emulsion phase “velocity and créss circulation of the powde

occurs even when few bubbles exist. It is a facc that most of

the information on fluidisation is based on particles of group

B_ ,indicating a need for additional investigation of particles

belonging to other groups. The behaviout of a fluidised bed with

particles of group B is different from that of a bed fluidised

with particles of the other groups,and bubble correlations ba-

sed on group B particles should not be extended to other types

of particles without careful consideration of particle properties.

Fluidisation in this group occurs easily,and little or no powder

circulation exists due to convection effects. For most of the

bubbles ,the rising velocity is greater than the average gas velo-

city in the emulsion phase. Eventually, in group D we reach
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Figure II.4.i .Classificationof solid particles by Geldart ( 139 )

Figure II.4.j The bubble-free region ( 140 )
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the extreme where the bubble rising velocity is smaller than

the average gas velocity in the emulgion phase.

As previously mentioned,the state of fluidisation will

vary widely between systems of large and fine particles. A flui-

dised bed may be operated close to the particulate mode in some

instances,or it can be operated in highly aggregative mode in

many others.

Nomden and De-Jong (140) in 1974 observed that when fi-

ne particles are fluidised,there is a region in which the bed

expands without formation of bubbles. Instead,when larger Merci clad
are fluidised this bubble free region disappears. Figure I1.4.j

illustrates graphically their findings. The relation between the

gas velocity and the fraction Pe /1-€ for different particle

sizes is used to obtain this bubble-free region.

II.4.4 Fluidised bed reactor models

The difficulty of describisgaccurately the pattern of gas~

flow through. a bed of fluidised particles and the complexitity

of the physics of the fluidisation process does not help the

derivation of realistic models of fluidised bed reactors. Only

comparatively recently a number of models have been proposed to

describe the behaviou of gas solid contacting and the fluid-mecha-

nical behaviour within a fluidised bed.

The formation of gas-bubbles and the circulation of the so-

lid particles will result in decreasing the overall reaction effi-

ciency as compared to a fixed bed operating under the same condi-

tions. In an ideal plug-flow reactor equation II.4.12 will pre-

dict theoretical: conversions during gas solid catalytic reactions;
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. Pr *
equation II.4.13 gives conversions in a completely-mixed flow reactor.

X= lse equation I1.4.12

X= 1= 1/ 14K" equation I1.4.13

where , K' = K PW/F, is the dimensionless number of reaction

units.

A. DISPERSION MODEL

Since the plug flow and the completely mixed models do not

correlate fluidised bed data very well,various other models have

been postulated to account for the deviations from these idealised

cases.

The dispersion model develope? by Danckwerts (141) assumes

that the flow of gas through a bed involves some axial mixing which

is characterised by an effective dispersion coefficient.

The steady state differential equation in dimensionless form is:

1 ae) d£ (2)
7 =oaR £2) ce 0 equation I1.4.14

N dz dz
Re

where the dimensionless Peclet group contains the dispersion coefficient.

If the above equation solved analytically (142) for a first order

catalytic reaction,the result is equation I1.4.15 which predicts

theoretical conversions in a catalytic reactor,where the gas flow

involves some partial mixing in the dense phase.

* All kinetics refer to a first order catalytic reaction
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4a

: 2 2 equat. I1.4.15
(1+a)” exp frea-a) 128, - (1-a)” exp frwci+a)/25,]

where a=\V/1+4K a [E_/**]
oF g

The two limiting cases, oe ———> 0 ; and Ee =O gwill

Xe 1

result in solutions for equation I1.4.15 identical with. those of

the plug flow and perfectly mixed models,respectively. This is il-

lustrated graphically in figure €1.4.k.

Ishii and Osberg (143) used equation I1.4.15 to represent

the performance of a fluidised bed packed with open-ended 14 mesh/in

stainless steal screen cylinders ( wire 0.024 in in diameter ) ,

of two sizes (0.2 x 0.2 and 0.4 x 0.4 in ). The reaction studied

was the catalytic isomerisation of cyclopropane to propylene.

CH.

at silica alumina crack. catalyst
oe CHS 150 = 200 Tyler mesh og

The order of the reaction and the rate constants were determined

from conversion data obtained ina fixed bed at different reactant

flow velocities. They reported that the raction follows approxima=

tely a first order process,and an overall activation energy of

15.7 Keal/mole was calculated from the slope of the curve log K

versus 1/T . It was found that the dispersion model could not cor-

relate unpacked fluidised bed conversion data,however,when packing

was used the dispersion model been applied to correlate the conversion

data obtained from the 6 in reactor.

In figure I1.4.1 a comparison of their experimental data for two

-82—



Figure I1.4.k Application of the dispersion model (170).
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different settled bed heights, (1.8 and 18-11 in ), and two

gas velocity ranges , ( 0.03-0.2 and 0.1-0.52 ft/sec ) ,with

the dispersion model is well illustrated.

In a fluidised bed most of the early work showed that almost

comlete mixing of solids takes place. Singer and co-workers (144)

showed almost perfect mixing of catalyst in a commercial catalytic

cracking unit,and Overcashier,Todd and Olney (145) reported that

the solids mixing observed in a 5-compartment baffled fluidised

bed,was equivalent to that for three perfect mixers in series.

Gilliland and Mason (146,147) showed that solids mixing was rapid enough

in a gas fluidised bed,to maintain a uniform temperature distribution,

Furthermore Brammer et al (148) have applied Danckwerts

model to correlate experimental data in a bubbling fluidised bed

reactor ,but the agreement between the dispersion model and expe-

riiment was good only at low superficial gas velocities where the ave-

xage bubble size was very small.

B. ORCUTT-DAYIDSON=PIGFORD TWO PHASE MODEL

The simple two-phase model was first suggested by Toomey

and Johnstone (149) in 1952 ,and it was developed by Johnstcne et

al (150,151,152) ,Mathis and Watson (153) ,Lewis et al (154) j;and

May (155) . This model may be set up considering a fluidised bed

system consisting of;

i. A dense phase in which the flow rate is equal to the flow rate

of the gas for minimum fluidisation i.e the voidage fraction is

practically constant at ene > and

ii. A lean or bubble phase which carries the additional flow of

fluidising fluid.
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This situation is illustrated in figure II.4.m. The evidence

of this picture of a fluidisedbed is considerable ,and it finds

support for instance in the work of Morse and Ballou (156), Yasui

and Johanson (157) ,Baumgarten and Pigford (158) ,and many others.

In 1961 Davidson (159) postulated that bubbles in a flui-

dised hed existed as if they were in an inviscid liquid. He derived

a velocity potential for the particle motion and a stream function

for the flow of fluidising fluid for both two and three dimensio~

mal beds.

In beds of coarse particles where bubbles rise at a velocity

lower than the particulate phase fluid velocity,the theory predicted,

that the bubble acts as a low resistance path for the particulate

phase gas. The gas flows in at tine base of the buubble,and out at

the top,with no circulation. In beds of fine solids where bubbles

rise at a yelocity greater than the interstitial gas velocity,the

theory predicted a circulation of gas from the nose to the base

of the bubble within.the limits of. a’ spherical clotid..In particular

for isolated bubbles rising in beds where the particles are smaller

than about 400 pm in diameter,bubble gas contacts only particles within

the cloud-overlap.region »depending strongly upon the value of

u / uy , as illustrated in figure IT.4.n.

Subsequently Orcutt ,Davidson and Pigford (160) ,were the first

to include the results on the relation between bubble rising velocity

and the bubble size and the gas velocity in their two-phase fluidi-

sed bed reactor model.

In this model the bubble rising velocity is considered pro=

portional to the square root of the bubble radius, UL = 0.711 cay

following Davies and Taylor (161) ,where the equivalent bubble diameter,
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D. = (6V/T7 1/3 +The upward velocity of the particulate
phase above any bubble must be U - UInf 78° that the absolute

rise velocity of each bubble will be:

Us =(Cu- Us } + 0.711 Vg De equation I1I.4.16

It was also considered that all but the gas required to incipiently

fluidise the hed passes through the bed as uniform and equally distri-

buted bubbles. If the number of bubbles per unit volume is N and

the bed expansion, H - Hie sis due entirely to the presence of bub-

bles it was calculated that:

N Y ue = U- Ue equation I1I.4.17

and N YB Be ae He Hie equation I1.4.18

Assuming that within each rising bubble there is complete

mixing and no reaction, and-there is an exhange of gas between the

two phases,the following model was derived to give the conversion

when a first order,catalytic reaction takes place in a fluidised

bed where the dense phase gas is completely mixed;

C1 - ge )?

K' + (1 - Be TM )

X=1- Be’WK+ equation I1.4.19

An analogous derivation,which assumes complete mixing within each

rising bubble,but plug flow in the dense phase,gave a second order

differential equation the solution of which is:
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ae mn, U n, U

Reh Le [ay eM C2 -—EBEy =m eG - Z =
ica aS au,

equation I1.4.20

where my and m, are the roots of the quadratic equation:

m- (Cn, +K'/1-68)m + Kn, /1-8)=0 equation II.4.21

where B=1- Une / US equation I1.4.22

and n= 44H / ul, equation II.4.23

If the gas exchange between the bubbles and the dense phase is

described as a combination of the “cross flow" of the gas and

convective diffusion (162) ,then the total gas exchange between

the bubble and the dense phase is:

fy 2 1/2 Tipe eo Eq = 3/4 Us 7.) + 0.975 D, (g/D,) T De equation I1.4.24

and thus equation I1.4.23 becomes:

6.34 H
m:a, -——5 [ We #13 ol? io.)/*| equation II.4. 25

De (s DD

The limiting conditions of equation II.4.19 and I1.4.20 are:

Lim ( K'—»@ ) Zé 1+ 6% ( fast reaction )

Lim ( K'—*» 0) x=0 (no reaction )

1-1/1+K"' ‘very fast :
Lim ( ieee a) es -K! exchange

X= 1-e through bubbles

=B7—

* w



Figure II.4.m The two phase model
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Figure I1.4.n Flow of gas around a rising bubble in fluidised beds



Figure I1.4.0 Test of Orcutt's results with the bubble model
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Figure J1.4.q Test.of Orcutt"s results with the bubble model
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These reactor moielswere compared with experimental conversions

obtained by Orcutt (163) during the catalytic decomposition of ozone

over iron-enriched silica alumina catalyst of particle size 20-

60 pm . The results are illustrated in figures II.4.0 »TI.4.p

II.4.q and I1.4.r. ,in the form of graphs showing the fraction

of unconverted ozone,as a function of the dimensionless number

of reaction units ,K' . The dashed lines represent the best fit

curve through his data points,while the solid lines represent

theoretical conversions calculated from the bubble model assuming

1) Piston flow ( equation I1.4.20 ) ,and 2) Complete mixing (equa-

tion II.4.19 ) of the gas in the dense phase.

€. BUBBLE ASSEMBLAGE MODEL

Although the formation of a slug within a fluidised bed

is an extreme case,however there is reasonable evidence (164,165

166) ,that coallescence of bubbles does occur; thus,bubbles increase

in size as they rise through a fluidised bed.

Variations in bubble sizes were determined by measuring

the bubble frequency at various flow rates and different bed le-

veis ina 6 in diameter fluidised bed by both Lancaster (167)

and Toor (168) ,using the experimental technique suggested by

Angelino et al (169). They postulated that bubble frequencies

were practically independent of the gas flow rates and could

well be estimated from the following relationship.

fy Saha eran d. equation I1.4.26

Including the effect of bubble growth as described in the
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above expression with the two-phase theory Calderbank and Toor (170)

derived the “coalescence models" . These fluidised bed reactor mo-

dels predict the fractional conversions during a catalytic reaction

- within a fluidised bed where the gas is considered 1) completely

mixed ( equation II.4.27 ) ,and 2) in plug flow (equation II.4.28 ),

while the bubble size increases as they rise through the bed mostly

due to coalescence.

U U
one mf.X=1- [« 1 a ae o,/cp nat + ae C Clee net equat, I1.4.27

U U
OR — nf nf .x=1 [« 1 ts eC o,/¢y) nen + ( UC cy! pe] equat. II.4.28

For equation I1.4.28 the following boundary conditions were

taken;

te eo 7 & at h=0

1. de, /dh =O at h=0

In deriving the above models the following assumptions

were made;

i. Bubbles within a fluidised bed are formed from the excess gas

above the minimum fluidisation velocity.

ii. The bubble size is increasing due to coalescence with rise

through the bed,and the rate of bubble growth is given by equation

II.4.26.

iii.The bed expansion, H - Hie »is due entirely to the presence

of hubbles. The bubbles are completely devoid of particles and
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therefore no reactiontakes place in them.

iv. The absolute rise velocity of bubbles , UL » is the sum

of their natural velocity wUL> and the upward wlocity of the particulate

phase between them.

v. The total gas exchange between the bubbles and the dense phase

is attributed to a combination of the gas crossflow, and mass tran-

sfer from the bubble to the dense phase.

Experimental conversions obtained during the catalytic de-

Composition of ozone were compared directly with conversions pre-

dicted from the bubble asseblage model. by Lancaster (167) .and

Toor (168) . The yariation of the unconverted fraction of ozone,

cle; » in the fluidised bed reactor with the dimensionless

number of reaction units ,K' , is shown in figures II.4.s ,I1.4.t

II.4.u and I1.4.v.

The solid lines were calculated from the models represented

by equations II.4.27 and I1.4.28 ,while the dashed line repre-

sents the best fit curve through the experimental points estimated

from the following expression.

c 1 Re, xi? xm
f= +a, ( Baca hae eae ee red

+K

¢ det} dex 2 asx? mC)

equation I1.4.29

giving the limits Lim ( K'— 0 ) ¢ c,/c;) =l

e 1 me

Lim ( K'—» ) a a,
cy 1+kK'

In addition,many other more sophisticated models have been
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Figure II.4.s Comparisan between experimental data and

the bubble assembange model (170)

192 microns

H = 3.25 ft

U = 0.245 ft/sec

Figure II.4.t Comparison between experimental data and

the bubble assemblange model (170)
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Figure I1.4.u Comparison between experimental data and

the bubble assemblange model (170)
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Figure II.4.v Comparison between experimental data and

the bubble assemblange model (170)
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proposed in the last ten years to describe the performance of

fluidised bed reactors. These models may be classified according

to their level of sophistication and complexitity into two

_ Sroups. In one group of models,a fluidised bed is considered to

be composed of two parallel single phase reactors with cross-

flow between them. Such models are basically variations of the

two phase models containing more than three parameters,two of

which specify the degree of back-mixing in the individual phases,

and a third which defines the rate of cross-flow between them.

In the second group the models are based on the properties

of single rising bubbles and normally the average bubble dia~

meter becomes the key parameter in these models. The absolute

and normal bubble rise velocity,cloud formation,throughflow

of gas in the bubbles e.t.c ,are also considered in certain

models. A summary according to the above classification of the

most important fluidised bed reactor models in the Li-terature

are given in tables I1.4.a and II.4.b.

1.4.5 Mass_transfer_in fluidised bed

Reference has been made to the fact that mass transfer is

accepted as one of the basic steps during solid catalysed reactions.

Hougen and Marsall (171) proposed the first exhaustive treatment

of mass transfer control for the process of adsorption from fluid

streams by fixed beds.

Gamson 4 Thodos and Hougen (172) ,and Wilke and Hougen (173)

correlated experimentally measured mass and heat transfer for a

bed of granular solids,as empirical functions of the Reynolds

number and Schmidt number. This method was extended by Hurt (174)

to coyer heterogeneous catalytic reactions in a fixed bed by
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Key to tables II.4.a and II.4.b

Gives the way of dividing the phases within the fluidised bed.

i. 3-phases bubble phase-cloud phase-emulgion phase

bubble phase-( cloud phaset+emulsion phase)

ii. 2-phases

( bubble phase+cloud phase )-emulsion phase

Describes the type of flow of the gas within the bubble phase

Describes the type of flow of the gas within the emul ion

phase ,i.e the degree of back-mixing

Describes the gas exchange between the phases.

- Considers the effect of jet formation in. the model.

Considers the effect of cloud formation in the model.

Considers the bubble wake in the model.
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Table II.4.a Fluid-bed reactor models " GROUP I"

MODELS DESCRIPTION

Seen ond A. Two phases,bubble phase completely free of

Johnstone Particles.
G51) B. The flow of the gas in the bubble phase is assumed

to be the gas flow in excess of that required at

minimum fluidisation.

C, The gas flow is considered either in plug-flow

or perfectly mixed.

D. The mass transfer coefficient between the two

phases is calculated on the basis of chemical re-

action data.

E, Is ignored

F. Is ignored

G. Is ignored

A. Two phases,dilute phase including solids but not

Mathiccana specifically cloud or wake solids.

Rate tn B. The gas flow is assumed to be the gas flow in

53) excess of that required at minimum fluidisation

IC. The gas is considered in plug flow

ID. The mass transfer coefficient between the two

phases is calculated on the basis of chemical

reaction data.

I. Is ignored

IF. Is ignored

G. Is ignored



MODELS DESCRIPTION

Lewis et al
A. Two phases, dilute phase including solids but not

specifically cloud or wake solids.
(154)

B. The gas flow is considered to be the entire flow

through the hed.

C. The gas flow is considered either in plug-flow

or perfectly mixed.

D. The ans transfer coefficient between the two

phases is calculated on the basis of chemical

reaction data.

E. Is ignored

F. Is ignored

G. Is ignored

A. Two phases,bubble phase completely free of

May (155) particles.

B. The gas flow is assumed to be the gas in excess

of that required at minimum fluidisation

the flow of the gas in the dense phase is cha-

racterised by an axial dispersion coefficient, ae

and it is a variable parameter.

The mass transfer coefficient is a variable pa-

rameter.

Is ignored

Is ignored

Is ignored
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MODELS DESCRIPTION

Vanticenpeer A. Two phases,bubble phase completely free of

(197) particles

B. The flow of the gas in the bubble phase is a

variable parameter.

C. The flow.of the gas in the dense phase is consi-

dered either in plug-flow or a downward moving

flow.

D. The mass transfer coefficient is a variable pa-

rameter.

E. Is ignored.

F. Is ignored

G. Is ignored.

Lanneau (198)| A. Two phases,dilute phase including solids

B. The flow of the gas in the bubble phase is a

variable parameter.

C. A downflow of dense phase gas is permitted

D. The cross-flow between the two phases is based

on a mechanistic expression and is a variable

parameter,

E. Is ignored

F. Is ignored

G. Is ignored
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MODELS DESCRIPTION

Muchi (199, A.Two phases ,bubble phase completely free of

200) particles

B.The gas flow is assumed to be the gas in excess

of that required at minimum fluidisation.

C.The flow of the gas in the dense phase is consi-

dered similar to that as Tanks in series model.

D.The mass transfer coefficient is calculated on

the basis of chemical reaction data.

E.Is ignored

F.Is ignored

G.Is ignored

Kobayashi A.Two phases,dilute phase including solids.

et al (201) B.The flow of the bubhle phase gas is considered

either the excess gas of that required at minimum

fluidisation or the entire flow of the gas.

C.The gas flow is considered either in plug-flow

or perfectly mixed.

D.The mass transfer coefficient is a variable pa-

rameter

E.Is ignored

F.Is ignored

G.Is ignored
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MODELS DESCRIPTION

Mireur and

Biscoff (202)

A. Two phases,bubble phase completely free of

particles.

The gas flow is assumed to be the gas in excess

of that required at minimum fluidisation.

The flow of the gas in the dense phase is cha-

racterised by an axial dispersion coefficient, E_,

and it is a variable parameter.

The mass transfer coefficient is obtained by

independent gas mixing studies or it is calculated

on the basis of chemical reaction data.

Is ignored

Is ignored

Is ignored
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Tahle 1i1.4.b Fiuid-bed reactor modeis ‘ GROUP II "

MODELS DESCRIPTION

Orcutt—David-| A. Two phases,bubble phase completely free of

son-Pigford particles

(160) B. The gas flow is assumed to be the gas in excess

of that required at minimum fluidisation,and is

considered perfectly mixed.

C. The gas in the dense phase is considered either

in pies flow or perfectly mixed.

D. The mass transfer between the lean and the dense

phase is attributed to a combination of the gas

"cross-flow" and convective diffusion. The transfer

across cloud-emultion bondary is considered fast.

E. Is ignored

F. Is ignored

G. The wake is ignored or treated as part of the

gvyerall dense phase.

Rave. (203) A. Two phases; a cloud-unit phase which includes

B.

Cc.

bubbles and their associated clouds,and an emultion

phase which includes the remainder of the dense

phase.

The gas flow is assumed to be the gas in excess of

that required at minimum fluidisation.

The gas in the dense phase is considered in plug

flow
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MODELS DESCRIPTION

The mass transfer across bubble-cloud interface

is very fast,and is assumed that there is no gas

transfer across cloud-emulgion boundary.

Is ignored

The effect of cloud is considered,and the gas

within the cloud is assumed perfectly mixed.

The wake is treated as part of the cloud.

Toor and

Calderbank

(204) oo

Ee

IF.

iG.

Two phases,bubble phase completely free of

particles,

The gas flow is assumed to be the gas in excess

gf that required at minimum fluidisation,and is

considered perfectly mixed. The bubble growth is

accounded in the model.

The gas in the dense phase is considered either

in plug-flow or perfectly mixed.

The mass transfer between the lean and the dense

phase is attributed to a combination of the gas

"cross-flow" and convective diffusion. The eranares

across cloud-emulsion boundary is considered very

fast.

Is ignored

Is ignored

Is ignored
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MODELS DESCRIPTION

Kunii and

Levenspiel

(124)

A. Three phases; bubble,cloud and emulsion phase

B, The flow of the gas in the bubble phase is assu-

med to he the ges in excess of that required at

minimum fluidisation with through-flow between

the phases.

C. A downflow of the gas in the dense phase is

permitted.

D. The mass transfer across bubble-cloud interface

is a combination of diffusion with throughflow.

E. Is ignored

F, The effect of the cloud is considered,and the

gas flow within the cloud is assumed perfectly

mixed.

G. The wake is treated as part of the cloud.

Rowe and

Partridge

(205)

‘A. Two phases; a cloud-unit phase which includes

bubbles and clouds,and an emuls.ion_phase. .

B. The gas flow is assumed to be the gas in excess

of that required at minimum fluidisation.

C. The gas in the dense phase is ceteiaeced in plug

flow

ID. Mass transfer coefficient is calculated on the basig

of chemical reaction data,and the transfer across

bubble-cloud interface is assumed very fast.

IE. Is ignoréy
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MODELS DESCRIPTION

The effect of cloud is considered,and the gas

within the cloud is assumed perfectly mixed

The wake is treated as part of the cloud.

Mori and Wen

(206)

A Two phases; the bubble + cloud ,and an emulsion

phase,

The flow of the gas in the bubble phase is consi-

dered to be the entire flow of the gas.

The flow of the gas in the dense phase is consi-

dered similar to that as Tanks in series model.

Mass transfer is a variable parameter.

The effect of jet formation is considered in

the model

The effect of cloud formation is also considered

Is ignored.

Chiba and

Kobayashi

(207)

A. Iwo phases; a cloud-unit phase which includes

hubbles and their associated clouds,and an

emulsion phase which includes the remainder of

the dense phase.

The gas flow is assumed to be the gas in excess

of that required at minimum fluidisation.

The gas in the dense phase is considered in plug

flow
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MODELS DESCRIPTION

. Mass transfer coefficient is calculated on the

‘Is ignored

basis of chemical reaction data,and the transfer

across bubble-cloud interface is assumed very fast,

The effect of cloud is considered,and the gas flow

within the cloud is assumed perfectly mixed.

The wake is treated as part of the cloud.
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defining the height of a reaction unit equal to the sum of

the height of transfer units,and height of surface reaction unit.

Amundson (175,176) ,Kasten et al (177,178) ,and Rosen (179),

developed mathematical treatments for succesive mass transfer,

and intraparticle diffusion in fixed beds.

In fluidised beds it is impractical to apply the fixed

bed theories simply because the solids are always in a state of

rapid movement,and mixing. As a result,all the solids become

partially saturated with adsorbate gas as soon as the fluidi~

sation process starts, The activity of adsorbate at the gas/solid

boundary depends on the type of gas and solids mixing,and the

postulates of the two phase theory of fluidisation make the

kinetics more complicated.

Usually,in many physical and chemical operations occuring

in fluidised beds,mass transfer is excellent,and therefore mass

transfer steps are not generally the rate determining ones.

However,in fluidised bed reactors,kinetic data can easily be

misinterpreted unless knowledge of the mass transfer resistances

are taken into consideration.

Although the formation of bubbles is the main characteristic

of fluidised beds,however,the mass transfer between the wall,and

the bed,and between particles and fluid have to be considered in

the absence of phase segregation. On the other hand,mass transfer

between the lean and the dense phase in fluidised beds has to

he examined carefully during “aggregative fluidisation" where

the bubble phase has an influence on the transport rate.

A. Mass transfer between a fluidised bed and a wall.
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In particulate fluidisation,the mass transfer coefficient,

Koy » for bed-to-wall transfer can be predicted from the following

equation:

K i eo dial naae
va € wis = C j—-2-k. equation II.4.30
U ic v(l-e)

This relationship predicts that the product of the Stanton number,

2/3N Kow iia, and Ngo ,is a unique function of the Reynoldsst

number ,based on the voids and their mean hydraulic diameter (180).

Mass transfer coefficients theoretically. obtained from the above

equation are in fair agreement with experimental values obtained

by many investigators (181,182,183).

In aggregative fluidisation the particles do not follow

the fluid turbulence at all,unlike small particles in a Lliquiel

fluidised bed. This difference in turbulent motion of the particles

in both cases undoubtedly: will have some influence on the overall

mass transfer coefficients.

Gupta and Thodos (184) reported that during transfer to

a packed bed of spheres,the formation of an "ageregative bed" ,

resulted in measurable changes of the mass transfer rates.

Ziegler and Holmes (185) in 1956 measured mass transfer

from a fixed vertical plate of naphthdene to a gas fluidised

bed. Unfortunately their data are inconsistent with other reported

data. This lies in the fact that possible adsorption of naphtha-

lene on the particles increased the transfer rates considerably.

Only at the point of minimum fluidisation wee: their mass transfer

coefficients: in agreement with other data. That can be
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easily explained by the fact that at low gas velocities the

particles are still restricted in their movement and are not

free to migrate.

B. Mass transfer between the fluid and solids

A large number of reports deal with the mass transfer

between the particles and the fluid. Most of the data obtained,

are for particles somewhat larger than those usually employed

with. gases. In general the mass transfer coefficients for fine

particles are very difficult to measure accurately.

The first step towards comparing fluidised bed mass

transfer data with those of fixed beds,was presented by Chu,

Kalik, and Wetteroth (186) ,studying systems of naphthalene coated

celite cylinders,and glass beads fluidised with air. When the

mass, transfer factors were plotted against Reynolds number,

the fluidised bed data were lower than the fixed bed results,

for the same system,and a characteristic line existed for each

particle size in agreement with earlier reported work (187,188).

Gas to particle mass transfer, has been examined by many

investigators (189,190,191), and their work suggests that the

only diffusional resistance of importance,is between the walls

of the bubhle and the gas inside.

Richardson and Bakhtiar (192)reported that equilibrium

between fluidised solids and effluent gas is very nearly reached

when air containing toluene is passed at 0.3-6.0 cm/sec through

only 0.2-7.0 cm bed depth of a fluidised granular toluene

adsorbent in the size range mostly of 40 - 80 wm particles.

Correlations and statements of existing data on mass

transfer in both fixed and fluidised beds are given by several
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authors (193,194,195) .However,the problem is that in the cor-

relations proposed not only the influence of the velocity is

hidden but also the voidage fraction of the bed on the mass

transfer coefficient.

Chu et al (186) suggested that a modified Reynolds number

containing the voidage in the denominator plotted against the

mass transfer factor,correlated their fluidised bed data with

the hody of fixed bed data. It is therefore unfortunate that

voidage is a difficult parameter to determine accurately for

low solids density beds,especially bubbling gas fluidised beds.

Richardson and Szekely (195) used the adsorption of carbon

tetra-chloride from air streams in fluidised beds of activated

carbon in a non-bubbling system. They showed that the mass

transfer coefficient was a maximum at the start of the process

and decreased as the resistance to transfer in the pores of the

solid increased. It was established that the back-mixing was

more important at low Reynolds numbers,probably due to the move-

ment of gas in the boundary layers surrounding the individual

particles,as bubbles were not present. They postulated the fol-

lowing correlation for the mass transfer coefficients.

1.18

K dy, a: 20

ee e097 ee eee
equation I1.4.31

D u

for 0.1 <m,.@) <b

Z 0.5

Kop eae d vu pe

and —————._ = 2,01 |__P_ 2 equation II.4.32
D u



Figure II.4.w Correlation of data on mass transfer.
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Correlations of reported mass transfer data in both flui-

dised and fixed beds are given in figure II.4.w ,which shows the

/3: 2
abscissa , C Kop . Gy ) Ngo ) as a function of the Reynolds

number ,N, = ¢ G/u (1-e).
Re

Line A-A is that of Chu et al (186),representing data

from various sources on gas-solid and liquid-solid systems in

fixed and fluidised beds. Line B-B represents a later corre-

lation by Sen Gupta and Thodos (196).

The data of Fan,Yang and Wen (189) for expanded or partly

fluidised beds of 8 ~- 24 mesh benzoic acid particles in water,

fall considerably below line A-A ,suggesting the possibility

that figure IL.4.w predict too large values of jp = Kup! Gy :

for expanded beds. A recent correlation by Recetti and Thodos (190)

using the same coordinates agrees closely with line A. .

C. Mass transfer between lean and dense phase in fluidised beds

The way that phase segregation influences mass transfer

rates between particles and fluid is rather complicated,and is

mathematically difficult to express the transfer coefficient in

terms of the exhange resistance between the two phases unless

the relatively simple two phase theory is adopted. The two phase

model assumes that:

i. All particles are present in the dense phase.

ii. The lean phase occupies a fraction oe of the bed and there-

fore a fraction (1 - oF ) of the bed is occupied by the dense

phase.

iii.The fluid in the dense phase is considered to be in plug-flow

iv. The lean phase does not contain any particles and is in

ails



plug flow too.

v. The rate of exchange between the lean and the dense phases

per unit volume and per unit of driving force is Ke a, ;where

Kw is the exchange coefficient and a, the surface area of the

Bubbles per unit yolume.

For this simple model,the degree of eqilibrium at the exit

Between the particles and the effluent, X ,can be expressed in

terms of the following four dimersionless groups (180):

Ws aa e rt equation I1.4.33

This parameter is the reciprocal of the fluidisation number. When

a fluidised system is operated in the neighbourhood of the inci-

pient fluidisation régime ( a —>1) the influence of phase

segregation on the transfer process can be neglected. Instead

the degree of mixing in the dense phase becomes important. At

high. fluidisation numbers (a—*»1) the degree of mixing in the

dense. phase is irrelevant as long as the transfer resistance at the

interface is still important.

2 B= (Cl e, d Be UH equation II.4.34

The influence of dispersion in the dense phase on the transfer pro-

cess is given by the parameter , 8 , which is proportional to the

dispersion coefficient , is .
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3: y =uUd/ 6(1-€)K pH = U/K pall equation II.4.35

The parameter , Y, is the reciprocal of the number of transfer

units that would have been present in a uniformly fluidised bed.

When a catalytic reaction is taken place in a fluidised bed,the

mass transfer resistance between the fluid and the particles

has to be replaced by the sum of this resistance,and the resistance

due to chemical reaction at the particle. Consequently this pa-

rameter for a first order catalytic reaction of the type

A->TM* Bis given by:

y =(U/H) G/Kypa + 1/K) equation IT.4.36

4. = Ke a, vf Kop 2 equation I1.4.37

the ratio of the transfer resistance in the dense phase and the

resistance between the two segregated phases is given by the pa-

rameter §. Similarly. this parameter in the case of a first order

catalytic reaction will be modified to:

c= Ky a, Kapa + 1/K ) equation II.4.38.

aLia=
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TII.1 APPARATUS

The catalytic oxidation of isobutylene to methacrolein and

other products was carried out in a bed of bismuth-molybdate catalyst

fluidised with a gaseous mixture consisting of the olefin together

with nitrogen and oxygen.

The inlet gases were taken from cylinders through molecular

sieve drying columns,and the flow rate of each gas was adjusted

using fine control needle valves,and measured by means of mercury

manometers,.

Back pressures across the reacter were measured with a ccL,

manometer,fitted in the outlet of the reactor, The glass reactor

was equipped with a stainless steel paddle stirrer with electric

motor drive. The furnace in which the reactor was mounted verti-

cally was fitted with a temperature controller,while the oven

temperature was measured accurately by three Cr-Al thermocouples.

Before passing to the analytical section the product gases were

led through a cyclone system,where deposition of any entrained

catalyst particles could be estimated,

Experiments in the temperature range 390-535 °C were car-

ried out and percentage conversions,selectivities and yields of

the products were determined using two PYE-UNICAM 104 chromatographs

one fitted with a flame ionization detector,the other with a katha-

rometer head.

The gas mixture was finally passed through a methacrolein

trap and thence to the atmosphere, All parts of the apparatus were

connected with copper tubing(1/4"),and the post-reactor part was
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Key to the Figure III.l.a

o> Ny» CiHy Gases from cylinders

A Molecular sieve drying columns

B Flow rate control needle valves

D Mixing chamber

EB CCL 4, Manometer

F Stainless steel stirrer

G Furnace

H Reactor

z Cyclone system

J Chromatographs

K Aldehyde trap
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bound with electrothermal heating tape and kept at a temperature

of 120°C, This is required to prevent condensation of any poly-

mer produced which can cause blockages. Heating tape at 70°C was

also fitted to the reactor inlet to ensure homogeneity of the

reactant upstream of the mixture,

The apparatus used are illustrated in the schematic dia-

gram of figure III.1l.a,while plate III.1.a shows the actual la-

horatory layout of the apparatus.

rying columns

The inlet gases,oxygen free nitrogen and oxygen were sup-

plied by the British Oxygen Company while analytical grade iso-

butylene was supplied by the British Petroleum Company,

The drying columns were made of pyrex glass tubing of

dimensions 25"xl" and were fitted with molecular sieve 4A pre-

activated. at 450 °c for 24 hours.

TII.1.2 Flow rates and control valves

The flow rates of the inlet gases were adjusted using

fine control "MF" series needle valves,supplied by Negtetti

Aviation Ltd;equipped with digital meters in conjuction with

three mercury manometers, These valves have been designed to

operate at Nreaeazer down to 1x10TM8 torr and up to 2000 th/in®,

However,total pressures of 15 1b/in” for the oxygen and nitrogen

and 10 18/in? for the isobutylene was usually applied to each

needle valve from the cylinders.

The calibration results for the three flow rate control

valves are given in table III.1l.a.
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Table III.l.a Calibration table of the flow-rate control valves

Meter NITROGEN OXYGEN ISOBUT NE

value flow-rate flow-rate flow-rate
ml/min ml/min ml/min

0 0.00 0.00 0.00

20 S 3.00 1.45

30 “ 6.40 3.00

40 - 12.3 5.45

50 - 17.8 Te Ge

60 - 28.0 11.5

70 - 40.0 16.6

80 = 54.5 22.2

90 = 71.4 28.8

109 80.59 90.2 36.1

110 113.2 - 45.1

120 137.9 = 55.0)

130 153,8 - 65.9

140 196.7 - 76.9

150 226.4 3 86.9

158 255.0 - -

160 266.6 = -

165 285.7 = =

170 333.3 = =
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TIG1.3 Th

The reactor design was similar to the reactor "B" used pre-

viously to study the effect in the free board zone on the extent

of conversion to acrolein and for kinetic measurements(209g). It

was made of pyrex glass tubing of 33mm diameter and 180mm long.

The preheated homogeneous mixture of reactant gases passed through

the inlet tubing (1Ommx400mm) located into the furnace and thence

was distributed uniformly within the catalyst bed.

The distributor was a pyrex glass sintered disc of poro-

sity B.S No 2, At the top of the reactor an opening was especially

designed for the stirrer and was located at the centre of the

reactor,while the stirrer paddle was kept vertically within the

catalyst bed 5mm above the distributor. The stainless steel stir-

rer was driven by a motor supplied by Citenco motors Led,which

could rotate the stirrer in the range O to 300 r.p.m.

The reaction products were led for analysis through a se-

cond opening located at the top of the reactor after passing the

cyclone system,where deposition of any entrained particles

were collected and estimated.

The pressure drop across the reactor was measured with a

ccL, manometer fitted in the inlet of the reactor. Usually the back

pressure during experiments was constant;but unusual increases

were caused from blockages of the sintered plate by fine powder.

The reactor system design is shown analytically in

figure III.1.b.

III.2 ANALYSIS
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Analysis of feed and products were carried out using stan-

dard gas liquid chromatography techniques.

Two PYE UNICAM 104 chromatographs were used in the present

studies. Initially the total effluent from the reactor (300ml/min)

was passed through the two G.L.C. units. It was observed that

high. back. pressures across the sampling loops were due to this

high flow rate. To reduce anomalies on the exit flow rate,caused

by changes in the back pressure,the exit gas mixture from the

reactor was split before entering the sampling loops and the 1/8"

copper tube was replaced with 1/4" tube. The size of the sample

loops was selected to give the optimum sensitivity without over-

loading the columns, The chosen size was 0.5 ml but eventually

those were replaced with 1 ml loops, in order to reduce errors

in the amount of gas being injected,which could easily result

from random changes in the back pressure or temperature of the

sampling loops. The method by which standard volumes of gas

samples were injected into the column packings is shown in‘

figure III.2.a.

For quantitative analysis it is necessary to know accurate-

ly the volume of sample being injected. This has been achieved

by determining the weight of mercury required to fill the loop.

Furthermore,the maintenance of gas flow through all parts of

the valve at all times,eliminates "dead volume". The operating

knob was turned to the "fill" position ten seconds after the

sample gas had been swept from the sample loop and into the column.

This procedure was found to give generally better peak shapes

for major components.
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Figure III.2.a Functional diagram of gas sampling valve

carrier carrier carrier carrier
out in out in

valve body

sample sample sample sample

out in out in

(a) fill (b) inject
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To avoid condensation of liquid aldehydes, the sampling

loops were heated with electrothermal heating tape at 120 ode

However,the high yields of methacrolein being produced often

* caused blockages in the loops. Acetone was forced through the

loops and then air was passed until the solvent was completely

removed. This cleaning procedure was found very effective and

was used regularly to avoid blockages in the sampling system.

The output signals from the detectors were recorded with

two Mitsui Rikadenki recorders and the areas of the peaks

obtained were measured with a magnifier eye-piece which could

give a good estimation of peak width.

The operating conditions for both chromatographs are

summarised in the table III.2.a. A gas chromatography recorder

chart for a typical run is given in figure TII.2.b.

TIT,2.1 G.L.C. separation-columns

The empty glass columns were five feet in length and were

supplied by PYE UNICAM.

For the identification and analysis of the reactants and

the oxidation products many column packings can be used sati-

sfactgrily, To obtain a good separation and identification in

as short a time as possible,the following three column packings

were adopted as the most suitable,

A. The column packing chosen for the analysis of the

oxygen,nitrogen,and carbon monoxide was molecular sieve 5A(209)

The column was packed under vacuum and activated at 475 °c

for twelve hours(210) with nitrogen passing continuously at

about 25 ml/min. Since many decomposition products may cause
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Table III.2.a Operating conditions for the chosen column packings

Katharometer head

Feature F.I.D. head

Column I Column 2 Colum 3

15%,

oxydiopropio— Molecular Porapak Q
Packing

nitrile on sieve 5A

Chromosorb P

( 80-100 Mesh )

Column oven

70 °c 80 °c 80° ¢
temperature

Carrier gas Nitrogen Helium Helium

Carrier gas

Fiseerite 25 ml/min 40 ml/min 40 ml/min

Detector head

° °. °
temperature 200 C 200 C 200 C

Detector

supplie

Air. 600 ml/min oF -

Hydrogen 25 ml/min - :

Bridge current - 200 mA 200 mA
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Figure IT%,2.b Typical chromatogr m.
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contamination of the packing the efficiency of the column was

regularly checked and calculated from the chromatogram using

the following formula;

Effictency = 16 (¥/x)* @11)

where X=width of base of peak

Y=retention time of peak

If the efficiency was smaller than the efficiency of a normal

column i.e 500 theoretical plates, the packing was replaced

with reactivated material.

B. From many Porapak column packings Porapak Q is

thought to be the most suitable for the analysis and detection

of propene,isobutene,carbon dioxide,and water. The column was

packed under vacuum and activated by preheating to remove the

residual low boiling materials before they could contaminate

the detector and give rise to an unstable baseline.

The use of porous polymers beads as a packing material

was reported by Hollins (212) ,and Cross(213) in 1966. They

have used such columns for the separation of permanent gases

and C,-C, hydrocarbons. Furthermore,Hollins and Hoynes (214)

have independantly described a procedure for separation of

hydrogen-air-carbon dioxide-water and c.-c, hydrocarbons

using Porapak Q packing with operating conditions similar to

our own.

C. The column packing chosen for the analysis and detection

of the olefins,and the other oxidation products ( propene,iso-

butene,acrolein, methacrolein, formaldehyde, acetaldehyde ,propion —
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aldehyde, acrylic acid,methacrylic acid,methanol,ethanol and

acetone ) was 8-8 oxydipropionitrile 15% on Chromosorb P solid

support.

This packing was prepared by dissolving 8-8 oxydipropio-

nitrile (7.5 g ) in methanol ( 150 ml ) contained in a 500 ml

flask. Chromosorb P (42.5 g ),was then added followed by suffi-

cient methanol to cover the solid. The mixture was shaken for

several minutes and the flask was connected to a cold-trap

i.e dry ice/acetone and a vacuum, The flask was heated gently

to assist the removal of the solvent. Then the column was packed

under vacuum and activated under the conditions of analysis.

TII,2.2 Calibrations

From the three columns mentioned previously, the mole-

cular sieve 5A,and Porapak Q columns were used with the chroma-

tograph equipped with a katharometer detector,while the "ODPN"

column was operated with the G.L.C. unit equipped with a flame

ionization detector. Before the calibrations the operating condi~

tions for both units were established and are summarised in

table III.2.a.

Since,generally,detectors measure the number of molecules

eluted from the columns and not percentages,the.variables which

can affect the number of molecules present in the sampling loops

should be considered. The back pressure across the loops compres~

ses the gas and hence the number of molecules increases, Thus

the peak areas vary depending on the back pressure. The following

relation was used to correct the peak areas obtained due to

pressure within the apparatus:
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760
2 = = ———_ ee __.

Corrected peak-area=measured peak-area x J60+back pressure

the similar relation:

273+tempr. of sample loops
Corrected peak-area=measured peak-area x 373

was applied to correct again the peak areas due to the heating

of the sampling loops to a temperature considerably higher than

the amhient temperature,

It is emphasized that if the above corrections have not

been taken into consideration the error produced is greater

than 9% .

A. Calibration of the ODPN column.

Small quantities ( 30 ml ) of methacrolein were purified

by vacuum distillation over Mgso, «The product was confirmed

to be pure by gas-liquid chromatography,and N.M.R. spectra.

Figure III.2.c shows the proton spectra obtained for

distilled methacrolein.

Standarts consisting of 5% w/w, 10% w/w, and 15% w/w so-

lutions of pure methacrolein in petroleum ether were prepared.

The G.L.C. adaigace of these solutions. was performed immediatetly

due to known instability of the methacrolein.

The standard methacrolein solutions ( 0.3, 0.5, and 0.8plit )

were injected and analysed at different attenuations. Peak heights

and peak areas were found to vary greatly for identical,conse-

cutive injections. This inaccuracy was attributed to the sampling

technique. Eventually the following procedure was found to give

consistent peaks.
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i. Regular check on flow rates

ii. The syringe was cleaned between injections to avoid blockages

from column packing or polymer deposits.

lii.Before sampling,ensure that the syringe is not blocked. by

discharging some liquid.

iv. Withdraw liquid into syringe ( after flushing with sample 2

or 3 times ),about 0.1 ji more than required.

v. Adjust to the required volume. Then if a bubble is in the end,

remove it from the syringe exit.

vi, Inject into the column packing and press the topof the syringe

twice rapidly.

vii.Rapid sampling was also preferred over a long term injection

since the latter caused the solvent peak to broaden considerably

and produce a slight difference on the methacrolein peak.

Similarly all the other aldehydes,ketones and acids were

purified,identified and calibrated in order to obtain the re-

tention time and the concentration in gmoles/m of each

component,

B. Calibration of the molecular sieve 5A column.

The oxygen,nitrogen,and carbon monoxide were identified

and calibrated on the molecular sieve 5A column, All the gases

were supplied from standard gas cylinders ( the gas cylinders

contained mixtures of carbon monoxide,carbon dioxide with nitrogen

and oxygen with nitrogen.). They were injected through the

sampling loops and the retention times and the concentration of

each compount were obtained.

C. Calibration of the Porapak Q column.
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Table III.2,.b Calibration factors for compounds identified

by F.I.D, gas chromatograph

Compound Retention Bomoles / ae Attenuation} Column

time 10

sec i

Propylene 33 50x10

Isobutylene 36 50x104

Unknown 62 = =

4

Formaldehyde 125 0.9262 5x10 15% BB

Acetaldehyde 134 1.3476 5x10° oxydipro-

Propene-oxide 145 0.9379 5x104 pionitrile
4 on Chro-

Propionaldehyde 200- 1.1342 5x10 cee

Acrolein 270 1.0110 10x10" ( 90mesh )

Acetone 285 2.0930 1ox10"

Methacrolein 300 0.6135 1ox10*

Acrylic acid 340 3,2345 tox10"

Methacrylic acid 420 2,5986 10x10"

Table III.2,c Calibration factors for compounds identified

by katharometer gas chromatograph.

Oxygen 75 14,284 x20

Nitrogen 104 13,296 x20 Molecular-

Carbon monoxide 252 0.73615 x1 eee

Nitrogen 60 10.655 x50

Carbon dioxide 68 2,9553 x5

Water 195 1,4396 x1 Porapak Q

Propylene 325 2.9876 x5

Isobutylene 900 3,4732 x10
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The Porapak Q column was used for the identification

of nitrogen,carbon dioxide,isobutylene,and water. The retention

time and the concentration in gmoles /mm” of each gas were

calculated by injecting standard mixtures through the sampling

loops. Liquid injections of distilled water were used for the

identification and calibration of the water.

The calibration factors and retention times for compounds

formed in the catalytic oxidation of isobutylene are summarised

in tables III.2.b,and III.2.c.

III.3 COMPUTING PROCEDURE

FORTRAN IV computer programes were developed and used for

the calculations,statistical analysis and modelling of the experi-

mentally obtained results,

A. Figure III.3.a shows the program used for the calculation

of carbon mass balance,oxygen mass balance,conversion percentages,

selectivity towards methacrolein,and yields of the various by-products.

The mean carbon mass balanc2 and the mean oxygen mass balance

were calculated for each temperature and a statistical analysis

carried out on the calculated values.

The variance ( equation III,3.1 ) for each set of experiments

is the sum of squares of the deviations of the observed values

from their mean,devided by one less than the total number of obser-

vations. The square root of the variance is the standard devia-

tion ( equation III.3.2 ),thus

iso



z N aC)
o = ¥ 1/N-l ( x.- ) equation III.3.1

i=1 4

ey = \2
and o = £ 1/N-1 ¢ x;-* 2) equation III.3.2

isl

The mean of the variances over the temperature range of the two

balances ,( atta ) / 2, was taken to be the experimental error

for a given block. For ease of reference, ( arto Jala as

represented by o .

The calculation of the conversion as percentages was based

on the moles of olefin reacted over the moles of olefin in feed,

while selectivities and percentage yields were calculated from

the moles of compound formed over the moles of olefin reacted.

B. Determination of various physical quantities and

other parameters involved in a fluidised bed reactor,or those

reactor models being examined was obtained from the program

giyen in figure III,3.b.

The input data for this program consist of the reactor

temperature for each set of experiments,the partial pressure

of olefin in feed,and the reciprocal of the olefin flow velocity.

The quantities calculated are:

i. The rate constant of the reaction according to Arrhenius

law ( equation III.3.3 ),in respect of temperature dependence.

eE,/RT
Ker equation III.3.3

ii. The dimensionless number of reaction units, thus:-
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K' = K PW Le equation II1.3.4

iii. The diffusion coefficient of olefin into air based on the

Lennard-Jones expression for intermolecular forces ( equ. III.3.5 ).

3/2 1/2
Mor Se AEE de equation III.3.5

P of 2)

iv. The equivalent mean bubble diameter ( equation III.3.6 )

was estimated from bed expansion data,but this value was only

initially used for the determination of the number of transfer

units ( equation III.3.7 ) in the Orcutt-Davidson-Pigford

fluidised bed reactor model.

H U-U
. ime UUme \1/2 .

d= 1/g (Gar Oo711 equation TII.3.6

m£

6.34 U

Do pe eer ee ve 1.3p!/2 q alp.yi/4 equation III.3.7
D, V0, e

If all the above mentioned values are available then conversion

can be predicted theoretically assuming different patterns of

flow of the gas.

C. Two NAGF library subroutines were combined and mo-

dified in order to fit a set of experimental data points to

chosen equations.

This routine performs a multiple linear zegression in

order to fit a curve of the form

Y= b,£, (K)+b o£, (K)+.....+-.+b £ (KR) equation IIT.3.8.

=139—



to the following data points:-

C£,®, £51, -- rere ees ®, yy )

€ £190), fyy(K) +e ee ee es fy (Os Yy )

¢ fiy®), Foy) seeeee reer fig (®, LD

The input data consists of the number of cases,N (rows),

on which the regression is based,the total number of variables

dependent and independent in the regression, ( M+l ),the number

of independent variables in the regression,M, and finally the

values of N observations for each of the variables given as

an array:-

4=1,2,...6..N (N>2)
£..(K)

= jack, ete (m1 )

The quantities calculated are::

i. Means:

N
1 ,

£)0) =P Ely £5) §°1,2,....2. Mel

ii. Standard deviations:

= 2 .
4j{MF, ©) §=1,2,.... 5+
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iii. Sums of squares and cross-products about zero:

N

a = ra aa (kK) £6) j,k =1,2,.....,Mtl

iv. Correlation-like coefficients:

s By

ik fk =1,2,eeee6 MHL

Or Bik

if Bryno ar is zero, oe is set zero.

Vs The inverse of the ( MxM ) partition of the matrix of cor-

relation-like coefficients, RZ, involving only the independent

yariables;

vi. The modified inverse matrix, CZ = 5) »where

Rk, rd
c.. = 21
ij ~

Sij

where ei is the €i,4 yee element of the inverse matrix of

RZ as described above. Each element of CZ is thus the cor-

responding element of the matrix of correlation-like coef-

ficients multiplied by the corresponding element of the

inverse of the matrix,divided by the corresponding element

of the matrix of sums of squares and cross-products about

zero.

vii. The regression coefficients:

M

Ee.is BG 55 t+1) 1 2 cc asee ph

where is the sum of cross-products about zero for
$5 (1)

the independent variable a (K),and the dependent variable Y.

The routine calculates the regression coefficients, by sbysesees
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By» by minimising

e.meme
2

=} ?

where e,= wae bf; K)+ bofo; Kyte eeeeeeet dyes «®) )

iix. The sum of squares attributable to the regression, SSR,

the sum of squares of deviations about the regression, SSD,

and the total sum of squares, SST:

SST = s 1 »the sum of squares. about zero

Girt) Ch) for the dependent variable, Y;

M

SSR=E b. 8s.
per j O4+1)

SSD = SST - SSR

ix. The degrees of freedom attributable to the regression, DFR,

the degrees of freedom of deviations about the regression, DFD,

and the total degrees of freedom:

DFR = M

DFD = N-M

DFT = N

x. The mean square attributable to the regression, MSR ,

and the mean square of deviations about the regression, MSD:

MSR = SSR / DFR
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MSD = SSD / DED

xi. The F-value for the analysis of variance:

F = MSR / MSD

xii. The standard error of estimate:

s = CMsD yl/2

xiii.The coefficient of multiple correlation, R,the coefficient

of multiple determination, Reyand the coefficient of multiple

determination corrected for the degrees of freedom, mee

R = (1 - SsD/SSsT yl

i 1 - SsD/SST

R7= 1 - ssp x DFT/sST x DED

xiv. The standard error of the regression coefficients:

se(b;) = ( MSD x ens ee

xv. The t-values for the regression coefficients:

t(b,) = b, / se(b;) Delis e srele'es’,M

The calculation of these statistical values determines

how well the regression is performed,while the fitting error

could be estimated from the values of the residual sums of

Squares according to the expression:
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2
N Viv,

2 1 FC
Oe SWE ee 100 &F Feeney is |
and the "goodness of fit" relates to the ratio 7

°F
This latest routine is given in figure III.3.c ,while

computer plots were obtained with the GINO-F routine shown

in figure III.3.d.
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te ‘ Figure III.3.a Data processing computer programm,
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2
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RKoaaI7F
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Figure III.3.b Calculations computer programm

CITY UNIVERSITY CAFETERIA’ SYSVEi1, UN 20/02/79 AT 18.08.58,

®FORTRAN RKCA597 FTENAKIS
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33 GR=951.0 
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Figure [i1.3.c Regression analysis roucine,

COMPILATION 8Y #XFAT NK 63 DATE 14/06/79 TIME 18.40.41
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SEN; COMPYLED(SUBZGROUPIANY,SUBRO %FIOLP)
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TRACE 2

END
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OU CONTINUE

sTUp 
=
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Most important considerations for the selection of a ca~

* talyst system are correct size and surface area.

The greater the surface area the greater the amount of

reaction per unit weight. When the catalyst is porous the active

surface area is not just the geometric surface but includes

the surface inside the pores which is generally much greater

than the geometric surface area, The smaller the pore size the

greater the active surface area per unit volume ,and hence the

greater the activity. But the greater the activity the more

likelihood pore diffusional effects will occur. Hence there is

an optimum surface area for each chosen catalyst system.

Furthermore,a very important property of a catalyst is

its selectivity. The selectivity of catalyst should be high

and its heat treatment has a great effect on it. It is also

necessary that the catalyst gives reproducible results.

Bismuth Molybdate catalyst of Bi:Mo = 1:1 was prepared

by heating 125.36 g of ammonium molybdate; ( NH) ¢Mo °7°24 a
with 135.85 g of bismuth nitrate; Bi ( NO,),5H,0, in air

at 600 °C for 20 hours in a platinum crucible. The yellow

oxide mixture was then ground and screened to give a fraction

of B.S sieve 180-240 Mesh. The average size of the product

solid particles was also estimated from photomicrographs. Randomly

choosen samples were dispersed in methanol within glass plates

and photographs were taken with a polaroid camera on different

fields of the samples through a microscope. The average particle

Sloe



Plate IV.1.a Photomicrograph of a sample of Bi:Mo catalyst

Plate IV.1.b Photomicrograph of a sample of Bi:Mo catalyst

Magnification x 103.8



diameter of 67 ym was determined after carrying out a statistical

analysis on a number of particles,as shown in plates IV.1.a and Iv.1.b.

Surface area measurements according to the method of

-Brunauer,Emmet,Teller and their collaborators in the 1930's (215,

216217 ,218 219.) was carried out and linear regression of

the obtained results was performed to calculate the specific

surface area of the catalyst. The value which according to the

following equation

wea HE + ie “ equation IV.1.1

gave the best fit to.the data points was 1.77 nofe ,as given

in table IV.l.a.

The voidage fraction of the particles at the point of

minimum fluidization was experimentally found to be 0.58.

The experiment was based on loading the reactor with a known

weight of catalyst, it was momentarily fluidised and then

allowed to slowly settle to the loosest packing case. By mea~

suring the actual volume occupied by the catalyst the minimum

fluidization porosity was determined by the formula

_ Weight/ p

(Height) (Area)

Gocim‘mé equation IV.1.2

Determining the voidage fraction for normal packing of

the catalyst particles,the graphical correlation between sphe-

ricity and voidage fraction proposed by Brown et al (220 ),

was used to achieve the value of 0.48 for the average spheri-
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Table IV.l.a Determination of surface area.

BizMo particles 67 pe

STANDARD DEVIATION 4.977 %

Catalyst weight after outgassing 144 mg
Values of P/M, @,-P)

Weight loss 0.16 mg

OBSERVED FITTED DIFFERENCE Z% GAS ADSORBED mg

0.671 0.614 8.555 0.08

1.450 1.500 -3.446 0.09

2.912 3.013 3.477 0.10

S772 Se BAL. 2.486 0.10

SURFACE AREA 1.774 n/g
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city of the particles.

As shown in figures IV.l.a and IV.1.b the i.r spectra

of the catalyst were also obtained to give an indication of

the composition of the oxide mixture.

A summary of the particle studies on the bismuth mo-

lybdate catalyst are given in the following table.

Table IV.1.b Physical properties of Bi:Mo catalyst.

Average particle diameter 0.0067 cm

3
Particle density 5.44 g / cm

Bulk density De2s oh cu

Voidage fraction at U 0.58
mf

Average sphericity 0.48

BET surface area L715 n’/ g

IV.2 QPTIMIZATIGN CONDITIONS OF THE FLUIDISED BED REACTOR

Iv.2.1 Minimum fluidisation velocity

Values for the minimum fluidisation velocity were dete-

rmined by measuring the pressure drop across the catalyst bed

for increasing and decreasing velocity of the gas mixture of

composition N30, :C,Hg in the ratio 8:1:1. Table IV.2.a

summarizes the results obtained at constant bed height,while

figure IV.2.a illuscrates the relationships and shows the

effect of a stirrer within the catalyst bed.

When the gas velocity was increased above the minimum

fluidising point,the stirred bed expanded without any observable

1054



bubble formation until a gas flow-rate of- 510 ml/min was

reached,at which point a freely bubbling bed was obtained;

the un-stirred bed gave rise to serious channelling. Moderate

variation in stirrer speed did not affect seriously the re-

sults and therefore an average speed of 40 r.p.m which has

been used previously (208),was adopted for the process.

When the catalyst bed was 30.12 g the minimum fluid-

sation yelocity was observed to be 310 ml/min. For our reactor

( 33 mm diameter ), the minimum fluidisation velocity in

em/sec is equal to;

Ue cm/sec )= Viel em? /min ) / cross sect, area( cn”) x60( sec/min )

e 2.
but cross sectional area =mR = 8.05

substituting this value in the above equation gzve:

U_. = 0.606 cm/sec
mf

Theoretically (124,128), for small uniform particles the

gas velocity at the point of minimum fluidisation can be pre-

dicted from the equation:

3 ms 2
eau i ae Ce, ®,) 8

€ equation IV.2.1

ia 150 ( 1-e.) u

Our gas fluidised bed had the following physical properties:

d_ = 0.0067 cm

3
fa= 5.47 ¢ / om

c= 0.001204 g / a
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IV.2.a Pressure drop variation with gas velocityFigure
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0.000185 g / cm x sec=
a

981 cm / sec”g

€ 0.58
mE

on 0.46

Substituting these data into equation IV.2.1 gave a value for

the minimum fluidisation velocity of 0.836 cm / sec.

Comparison of the theoretically obtained minimum fluidi-

sation velocity with the experimentally obtained value gives

anerror of 27.52.

The generalised equation which predicts the minimum

fluidisation velocity for the whole range of Reynolds numbers

(all different sizes ) has been devised by many authors (124 :

12). In general,this gives a quadratic in Vie :

een
L754 150 ( l-e_.) d é eee ate Cle. ene = gt 050,98 ae

¢ eye ome ee) mé 2

s ‘met s me Y u
equation IV.2.2

Substituing the same data into equation IV.2.2 gave a value

of Ui, = 0,842 cm / sec.

Comparision of this value with the experimentally obtained

value for the minimum fluidisation velocity gives an error

of 28.02%.

IV.2.2 Attrition loses

Transport of catalyst out of the reactor during the oxi-

dation experiments was investigated by measuring changes in ca-

talyst weight when the stirred bed was fluidised at different gas

velocities. Results in table IV.2.b show that no appreciable
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Table IV.2.b Catalyst transport at varying gas flow-rate

( Weight of catalyst 30.1 g )

Gas Time Mass transport %

flow-rate min of total bed weight

ml / min

248 60 0.00

266 60 0.00

307 60 0.00

363 60 0.03

413 60 0.04

514 60 0.07

620 60 0.10
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particle transport occuned until a gas flow-rate of 363 aay) min

On the basic assumption of the two phase theory,that the

excess gas above that required to incipiently fluidise the bed

by-passes the particles in the form of bubbles, many reactor

models have been proposed to theoretically predict conversions

during catalytic reactions within fluidised beds.

The main parameter in these models is the equivalent bub-

hle diameter and its size determines the degree by which the

reactant gases will by-pass the bed in the unreacted state.

Expansion in bed height as the gas flow rate increased

above the minimum fluidisation point to about 500 en), min.

was measured employing a simple photographic technique (221,222) .

The bubble eruption diameter was also measured directly from

the enlarged photographs (222,223,224) at this flow-rate and

its value ,Q.76cm,"as ~ prefered to the value estimated from

the bed expansion data,according to the method proposed by

Davidson (159). This method has been considered inaccurate

for our studies because of ®© the increase in bed height at

these low superficial gas velocities is small and @) the

complications caused by the application of the stirrer.

“Typical photographs used for the estimation of-the average

bubble diameter are shown in plates .V.3.a ,°V.3.b 5 V.3.c

and V.3.d.
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TV.3 HOMOGENEOUS REACTION IN_THE CATALYST-FREE REACTOR

Before any catalytic studies were attempted it was consi-

dered important to study the extent of the homogeneous reaction

in the empty reactor. Three different gas mixtures with C,H, :0,

mole ratios of 0.983, 0.467, and 0.272 were passed through the

reactor at a velocity equal to the minimum fluidisation velocity

at temperatures of 387, 420, and 437 bs Figures IV.3.a, IV.3.b,

and IV.3.c illustrate graphically the variation of conversion ,

selectivity and yields with temperature for all the three. dif-

ferent ratios.

Table IV.3.a summarizes the results obtained for the gas

phase oxidation of isobutylene at the different temperature levels,

From the results obtained it is observed that conversion

increases steadily as the temperature increases at all feed ratios.

At 0.983 feed ratio the total conversion increases from 1.700%

to 3.055% as the temperature increases from 387 to 437 %

( Figure IV.3.a ). For the ratio 0.467 the lowest conversion

is S1s777% ‘ats; 387, Sn the maximum observed being 2.551% at

437 Sound Figure IV.3.b ). The results for the third ratio,0.272

showed that the conversion varied from 1.492% to 3.029% ( Figure

EV. 36C4)e

The main product of the homogeneous oxidation of isobutylene

is acetone, It is formed in high yields which decrease with

increasing temperature ( figures IV.3.a, IV.3.b, and IV.3.c ).

The maximum observed yield of acetone was 81.1% , while the

minimum was 66.C % . Instead the yield of acetone generally

decreases when the reactant feed ratio decreases ( Table IV.3.a ).
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Tempe- Oxygen | Yield Yield } Yield | Selecti- Yield Yield Carbon Oxygen
rature to Total of of of j vity. of of mass Mass

ren Conversion CH, COCH, CH, CHO HCHO co co, Resa balance

% | Marts z z z z og: z z
|

387 0,983 1.70 81,1 0,000 15,63 3,239 0,000 0,000 100,0 97°53
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|
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Figure IV.3.a ‘Conversion,selectivity and yields variation:

with temperature during the gas phase oxidation

of isobutylene. ( C,H, /0, = 0.983) )
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Figure IV.3.b Ccnversion,selectivity and yields variation

with temperature during the gas phase oxidation

of isobutylene. ( C,H,/0, otter)
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ve

Conversion,selectivity and yields

Figure IV.3.c Conversion,selectivity and yields variation

with temperature during the gas phase oxidation

of isobutylene. ( C,H, /0, = 0.272 )

*7T80

60

p40

20 Bee! ee

os 2s Ls bx
— — =

ae

0 6 Y i

1 1 a 4 rk

380 400 420 440

Temperature °C

-176-



On the other hand,formaldehyde is formed as a second

main product. Its yield increases with decreasing olefin to

oxygen ratio. This can be understood easily in relation to the

variation of acetone formation.

The formation of methacrolein occurs in rather small

yields. However,they increase slightly with temperature. The

by-products are mainly acetaldehyde and carbon oxides ,formed

in very small yields and only at higher temperatures are they

present in measurable quantities.

Lv.4 KINETIC STUDIES AND DETERMINATION OF THE RATE OF THE

REACTION

Determination of the kinetics and the reaction rates for

the oxidation of propylene and isobutylene,over mixed oxide

catalysts to the corresponding unsaturated aldehydes has been

achieved in this laboratory using the S.G.S type of reactors.

Although S.G.S reactors have proved more suitable for kinetic

measurements,an isothermal continous flow reactor operating

at atmospheric pressure has been used simultaneously with the

fluidised bed for direct comparison of the conversion data

obtained between the three different reactors.

The reaction system consisted of a pyrex-glass tube

with a preheater,while the pre-reactor part is siwilar to that

mentioned in page 118. The preheater was 1.5 m in length

and 20 mm diameter pyrex glass tubing wound around the reactor.

The catalyst bed (5 Be volume ), was placed in the centre

of the reactor tube. Two chromel-alumel thermocouples measured
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the temperature of the catalyst bed at the centre and adjacent

to the reactor wall, respectively.

Iv.4.1 Oxidation of isobutylene to methacrolein

All the experiments were carried out at a constant isobu-

tylene : oxygen ratio of 1:1 .Tme ratio was chosen to avoid

over-oxidation of isobutylene,and eliminate the possibility of

catalyst reduction. A catalyst weight of 2.5 g diluted with

glass spheres to give a total volume of 5 ae was used in all

the experimental runs. Conversion data were then obtained at

different contact times, W/ F . three temperatures were inves-

tigated in. the range 405 to 462 oy and the results obtained

are summarised in tables IV.4.a, IV.4.b, and IV.4.c.

The order of reaction in isobutylene was tested using

the appropriate integrated forms of the zero,first and second

order rate expressions,

Between them,the integrated form of a first order ra-

te expression, -1n ( 1-K ) = K,W/F, gave the best fit to the

experimental conversion values as can be seen in figures IV.4.a,

IV.4.b, and IV.4.c .

The values of the rate constants were obtained by a li-

near regression method from the experimental conversions ,while

the activation energy and the pre-exponential factor of the

Arrhenius equation for each of the reaction rate constants were

then determined by a linear estimation technique ( Table v.44).

In figures IV.4.a, IV.4.b, and IV.4.c computer plots

for the relation between - In ( 1-X ) , against contact time,

W/F , are given. In each of these figures the solid straight

=A O=
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Temperat. W/F Conversion Selectivity Yield of | Yield of Carbon / Oxygen
co co mass mass

% = hr/moles 2 balance balance

a 2 Z 2 z Zz

7,56 6.25 98.5 0.92 0.0 98.5 96.2

5423 4.36 98.9 0.60 0.0 99.6 98.5

3.42 2.90 100.0 0.0 0.0 103.5 102.1

405

2.85 2.42 100.0 0.0 0.0 104.0 98.0

1.61 1,36 100.0 0.0 0.0 97.2 103.6

1,58 1,30 100.0 0.0 0.0 98.1 102.7

Mean carbon mass balance 100.1 Variance for carbon 8.4

Mean oxygen mass balance 100.2 Variance for oxygen 9.2

2, SOY 3

( e3ep peq-pextz )
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Temperat. w/F Conversion Selectivity Yield of |Yield of Carbon Oxygen
0 co mass mass

° E 2 balance balance
c g hr/moles

z % a % a a

12°93. 22.0 96.7 2.700 0.089 103.2 56,9

5.29 9.90 96.9 3.070 0.066 98.9 100.5

4.48 8.40 97-23 1.985 0.043 100.5 OF ee.

445

2.47 4.80 98.2 1.562 0.000 97.8 102.5

2.27 4.40 100.0 0.000 0.000 99,3 96.8

Le 2.10 100.0 0.000 0.000 102.1 97:45

Mean carbon mass balance 100.3 Variance for carbon 416

Variance for oxygen 5.92Mean oxygen mass balance 98.5

"D5 Sty 3B

( B3ep peq=-pexty )
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Temperat. w/PF Conversion |Selectivity Yield of |Yield of Carbon Oxygen
oa co mass mass

% oe. 2 balance balance

x % z % z %

11,56 27,0 95,6 3.92 0,105 97.5 96.2

7,31 18,0 96,9 3.15 0,0890 102.5 97.5

462 3.46 9,00 97,2 2.80 0,0710 99.5 104.6

2,91 von G78 2.59 0.0680 97.2 102.5

1,72 4,60 97.1 2.65 0,0650 100.0 97.2

Mean carbon mass balance 99.3

Mean oxygen mass balance 99.6

Variance for carbon 4.59

Variance for oxygen 13.8

( e3ep peq-pexts ) “9, 79 3%
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Figure IV.4.a Isothermal first order plot for the oxidation

of isobutylene to methacrolein ( T = 405 °c )
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FigureIv.4.b  Isothermal  first  order  plot  for  the  oxidationof  isobutylene  to methacrolein  (  T  =  445  2G  20.3
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FigureIv.4.c  Isothermal  first  order  plot  for  the  oxidat—ion  :of  isobutylene  to  methacrolein  (  T  =  462  6  )0.3
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lines represent the best fit curve between the data points

obtained by the method of least squares.

The reaction order in oxygen was tested where the oxy-

gen partial pressure in the feed mixture was varied but no

detectable difference in conversion was observed.

Iv.4.2 Qxidation of propylene to_acrolein

The same reactor and conditions,as reported above,were

used to investigate the kinetics of the catalytic onidaesane

of propylene to acrolein over bismuth molybdate catalyst.

In general conversions of propylene to acrolein were lower

than those found for the oxidation of isobutylene under si-

milar reaction conditions. Maximum conversion towards acrolein

was 5.55 % ,while the highest value during the oxidation of

isobutylene was 27.0 % ,both obtained at the highest tempera-__

ture and longest contact time.

The amounts of carbon dioxide in these experiments were

too small, ( no carbon monoxide was detectable ), to make quanti-

tative comparisons possible between individual runs.

The results obtained are summarised in tables IV.4.d,

IV.4.e, and IV.4.f . Again, linear regression : technique was

used to obtain the rate constants from conversion data, using

the integrated form of a first order rate expression.

The first order plots -1n (1-X ) against contact time,

W/F, are given in figures IV.4.d, IV.4.e, and IV.4.f .

Values of the apparent activation energy and the pre-exponential

factor of the Arrhenius equation estimated for each of the reaction

constants are given in table V.4.b.

-185-
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Temperat. W/F Conversion j|Selectivity Yield of {Yield of Carbon Oxygen

co co mass mass
° 2 balance balance
c g hr/moles

z z vs 2 2 z

5.80 1.309 100.0 0.0 0.0 100.9 103,2

4.60 1.158 100.0 0.0 0.0 102.5 96.5

3,71 0.0880 100.0 0.0 0.0 98.5 97.5

405

1.95 0.0462 100.0 0.0 0,0 99.6 100.9

1,23 0.0293 100.0 0.0 0.0 97.5 96.5

1,10 0.0000 im =~ = = a

Mean carbon mass balance 99,8 Variance for carbon 3.88

Mean oxygen mass balance 98,9 Variance for oxygen 8,99

SOY 32
D9
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Temperat. W/F Conversion Selectivity Yield of |Yield of Carbon ‘| Oxygen
co co mass mass

2g g hr/moles z balance balance

Zz 2 Z 2 z 2

6.20 4,23 97.4 1,234 0.0 98.7 99.6

5,80 4,07 97.8 2.538 0.0 98.2 98.5

4,48 3,04 100.0 2.173 0.0 100.5 102.5

445 3,61 2.40 100.0 0.0 0.0 99.3 98.1

2,24 1.50 100.0 0.0 0.0 100.0 96.2

1,62 Del 100.0 0.0 0.0 99.1 93,8

1,50 1.00 100.0 0.0 0.0 99.8 97.5

Mean carbon mass balance 99,3

Mean oxygen mass balance 98,4

Variance for carbon

Variance for oxygen

0.712

7.52

"99 Sv” 7e

( eaep peq—pexty )
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Temperat,. w/F Conversion |Selectivity Yield of {Yield of Carbon Oxygen
mass mass

co co a a

% g he/moles 2 balance balance

5.90 3.55 96.9 3.03 0.0 102.8 102.4

5,00 4.52 97.5 2.85 0.0 100.5 96.2

4.50 4,02 96.9 3.32 0.0 101.2 102.5

4,20 3.96 96.7 3.22 0.0 101.8 98.6

462

3.36 3,27 96,9 3,03 0.0 105,2 94.9

2.20 1.98 100.0 0.0 0.0 100.4 94.8

1.65 1.50 100.0 0.0 0.0 100.6 99.2

1.48 1.45 100.0 0.0 0,0 99.5 101.5

Mean carbon mass balance 101,5 Variance for carbon 3,22

Variance for oxygen 10.1Mean oxygen mass balance 98.7

qe
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Figure  IV.4.q Isothermal  first  order  plot  for  the  oxidationof  propylene  to  acrolein  (  T  =  405  °c  )0.03
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Figure  IV.4.e  Isothermal  first  order  plot  for  the  oxidationof  propylene  to  acrolein  (  T  =  445  %C  )
( g hr moles 7! )
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Figure
Iv.4.£Isothermal  first  order  plot  for  the oxidationof propylene  to acrolein  ( T  =  462  %  )
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IV.5

OXIDATION OF ISOBUTYLENE TO METHACROLEIN

When the optimum fluidising conditions had been establis-

hed and also other relevant parameters such as catalyst reacti-

vity and reproducibility examined,attempts at isobutylene oxi-

dation in respect of maximum conversion to methacrolein were

then planned and carried out by varying isobutylene to oxygen

ratio at different temperatures ranging from 387 to 535 Sc.

The catalytic bed was a shallow ( H=1.2 cm) ,gas fluidised

bed consisting of bismuth molybdate particles with an average

diameter of 67 pm.

IV.5.1 Conversion data at minimum fluidisation velocity

Oxidation of isobutylene to methacrolein over bismu-

th molybdate catalyst varying the reactant feed ratio were carried

out at different temperatures.

The temperatures examined were 402 PCy 442 Os 453.5 alee

463 °c, 469.5 °c, 471 °c, 500 °c, and 537 °C, and the results

obtained are tabulated in tables IV.5.a, IV.5.b, IV.5.c, IV.5.d,

Iv.5.e, IV.5.£, IV.5.g, and IV.5.h .

Mathematical treatment of the results in the present work

was based on the assumption that the catalytic oxidation of iso-

butylene to methacrolein and carbon oxides over bismuth molybdate

catalyst is a first order reaction with respect to olefin concontra-

tion. Only those conversion data which justified the assumption

of pseudo first order kinetics (208) ,were selected for subsequent

=192-
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Tempera~ ‘| Isobutylene,. Carbon Oxygen

ture to oxygen Conversion || Selectivity Yield of |Yield of mass mass

5 moles co, co balance balance
CG ratty 2 z z z % z

2,003 29.52 88.6 4,232 1.604 99.6 98.2

1.040 28.34 88.9 4.675 1.452 99.0 101.6

0.983 27.96 $0.9 4.352 2.020 100.3 99.2.

402 0.707 9-25 90.4 4.520 1,893 100.5 97.4

0.468 15.43 93.5 4.820 1.870 99.9 9902

0.419 15.15 92.6 5.030 2.016 100.3 100.0

0.270 20.27 91.7 5.022 1.960 100.4 100.5

2 : Phe

Mean carbon mass balance 99-9

Mean oxygen mass balance 99-4

Variance for carbon 0.290

Variance for oxygen 1.840

2T9eL

e-S°AT

5. 20h 3% OTE &q eueTsjngost Jo uot zeprxo°



. 76>

Tempera~ -| Isobutylene,. Carbon Oxygen

ture to oxygen Conversion | Selectivity Yield of |Yield of mass mass

s moles co, co balance balance
c bekis 2 Zz Zz % 2 %

2.025 81,3 88.5 12.76 2.604 100.9 96.5

2.005 80.9 84.9 12,28 2.605 98.6 97.9

1,036 81.0 85.5 EE STS) 2.506 102.5 99.5

0.983 81,0 86.1 L565) 2123 102.6 96.7

442

0.701 68,3 85.8 11.64 1.850 104.5 99.0

0.465 44.6 86.6 11.17 1.930 100.1 100.0

0. 269 25,0 85.2 11.90 2.253 $9.5 101.2

0.260 24.6 87.9 12.08 gah eee lO Rete se tee

Mean carbon mass balance 101.3

Mean oxygen mass balance 98,6

Variance for carbon 3.712

Variance for oxygen 2.395

q°S°AI eT9FL
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Tempera- ‘| Isobutylene,. Carbon Oxygen

ture to oxygen Conversion | Selectivity Yield of |Yield of mass mass

a moles co, co balance balance

c ratio a a x a a

2.015 85.6 85.2 13.62 2.701 100.0 98.5

2.001 83.4 85.4 13131 2.803 9952 101.2

0.983 83,2 86.6 2 392 2.750 98.4 100.5

453.5

0.703 62.2 86.9 1s 92: 195: 101.4 105.7

0.465 41.3 88.0 10.57 1.624 99.6 95.1

0.270 25,6 87,9 12.67 1.860 | 100.1 100.3

Mean carbon mass balance 99.7

Mean oxygen mass balance 100.2

Variance for carbon 1.018

Variance for oxygen 12.01

o°S*AT PT9FL

om:tg Aq auetAyngost yo uotqeptxg
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Tempera- ‘| Isobutylene,. Carbon Oxygen

ture to oxygen Conversion | Selectivity Yield of |Yield of mass mass

S moles co, co balance balance

: ratio % x : x a %

2,000 74.8 80.0 14.43 3.658 99.2 101.9

0.983 73,6 80.3 14.63 Besoe 98.4 100.6

0,710 58,2 80.8 13.02 2.200 101.3 110.6

463 0.465 42.2 84,5 12.11 1.523 33°60 100.6

0.420 36,03 85.1 12,65 1.650 100.1 98.8

0,270 34.74 915 9.62 1.198 99.2 102.3

0,210 34,01 90.4 6.010 1.304 102.2 102.5
1

real <

Mean carbon mass balance 100.0 Variance for carbon 1.756

Variance for oxygen 14.46Mean oxygen mass balance 102.5

prSs°AL PTdFL
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Tempera- ‘| Isobutylene). Carbon Oxygen

ture to oxygen Conversion | Selectivity Yield of |Yield of mass mass

moles co, co balance balance
cc : z z % z 2 zratio

2.001 78.5 70.0 24.60 54356 100.2 98.6

0,983 PI: 80.7 15,22 3.920 101.5 9922

0,698 60.0 84,3 12.01 2.643 102.5 Jie 6

469.5

0.465 41,3 85.5 11.65 2.730 100.5 98.2

0,270 31.07 83.9 3e13 1.871 98.7 9555

0, 234 27,24 85.0 11.23 1.462 | 99.4 | 99.0

Mean carbon mass balance 100.4

Mean oxygen mass balance 98.0

Variance for carbon 1,866

Variance for oxygen 1.838

oTdeL
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Tempera~ ‘| Isobutylene.. Carbon Oxygen

ture to oxygen Conversion | Selectivity Yield of |Yield of mass mass

moles co, co balance balance
c A Zz Zz % zc ratio z ,

2.005 78.5 87.6 12.46 3.032 102.3 97.3:

0,983 75,2 89.0 11.65) 2.734 103.3 103.3

0,703 60.0 89.9 10.63 2.862 102.0 102.0

471

0,467 41.3 90.0 9.45 1.760 101.7 101.7

0,270 31,05 Sine 7.49 1.480 101.2 LOL 2

0, 240 27,24 90.4 Dia, 1.893 101.1 101.1

Mean carbon mass balance 01,9

Mean oxygen mass balance 101.1

Variance for carbon 0.660

Variance for oxygen 4,098

eT9FL
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Tempera~ ‘| Isobutylene,. Carbon Oxygen

ture to oxygen Conversion | Selectivity Yield of |Yield of mass mass

moles co, co balance balance
oc : z % z z z 2ratio

2.001 72.3 73u5 21.66 5.87 107.2 99.8

0,984 71.8 80.7 13.82 5.36 100.2 99.

0.930 70.2 81.0 14,53 4.37 106.5 95.4

0.702 60.4 84.1 12.25 3.12 103.0 103.2

500

0.465 45.2 86.2 11.11 2.81 101.5 101.5

0.402 3955 85.3 11,92 2.81 102.1 97.6

0.270 25.3 86.2 11,11 1.47 100.2 99.0

QU255 27.0 84.2 11,16 2.67 f 101.6 | epee

Mean carbon mass balance 102.7

Mean oxygen mass balance 99.3

Variance for carbon 7.09

Variance for oxygen 5.59

S*C°AT P1qRL
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Tempera- ‘| Isobutylene,. Carbon Oxygen

ture to oxygen Conversion | Selectivity Yield of |Yield of mass mass

2 moles co, co balance balance

c Ard Z % Z 2 z %

2.085 W322 66.6 25.06 8.05 105.7 100.2

0.983 72.0 77,3 16.63 5.47 101.5 104.4

0.730 60.6 84.9 10.86 3.62 100.3 106.2

537

0.465 42.4 87.1 10.41 3.24 101.7 100.8

0.270 24.7 86.0 10.45 2.63 99.5 100.8

0.240 20.5 88.6 9,98 bt sae32 98.9 98.9

1 a ee eet,

Mean carbon mass balance 101.2 Variance for carbon 5,94

Variance for oxygen 7.81Mean oxygen mass balance 101.8

e19PE
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mathematical treatment.

Conversions experimentally determined for the incipiently

fluidised bed are plotted in figure IV.5.a ,as a function of

the dimensionless number of reaction units, Kw / F where K.

“is the reattion rate coefficient determined from the Arrhenius

equation, W is the weight of catalyst in g , and F is the

molar rate of feed gas mixture in moles/hr . The two solid

lines represent theoretical conversions calculated assuming

1) piston flow of the gas and 2) a perfectly mixed bed without

bypassing. The dashed line represents the best fit curve

for the data points. Goodness of fit and other statistical pa-

rameters are given in table V.5.a .

A. Effect of reactant feed ratio

The effect of reactant feed ratio on the conversion of

isobutylene,selectivity to methacrolein,and yields of carbon

oxides was examined at constant temperatures vatying the molar

ratio of isobutylene and oxygen in the feed. In general,the

results show that the conversion of isobutylene increases

with olefin to oxygen ratio,reaching a maximum value at higher

ratios. The selectivity towards methacrolein decreases slightly

while the yields of both carbon oxides increase steadily with

increasing feed ratios.

Graphs showing decline in methacrolein selectivity with

conversion are given in figures IV.5.b, Iy.5.c, IV.5.d, IV.5.e,,

Iv.5.£, IV.5.g, IV.5.h, and IV.5.i . It can be seen that se-

lectivity decreases slightly with increasing conversion but at

-201-



Figure IV.5.a Comparigion of experimental with theoreti=

cally predicted conversions ( Results at mi-

nimum fluidisation velocity )

Piston flow Experimental Perfect mixing
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Figure IV. 5, b Effect of conversion on selectivity and yields

(T = 402 °c)
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Figure IV.5.c Effect of conversion on selectivity and yields

C T= 442 °c )
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Figure IV.5,d Effect of conversion on selectivity and yields

(T= 453.5 °c )
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Selectivity and yields

Figure IV.5.e Effect of conversion on selectivity and yields

( T= 463 °c )
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Figure IV.5.£ Effect of conversion on selectivity and yields

( T= 469.5 °c )
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Figure IV.5.g Effect of conversion on selectivity and yields

( T= 471 °c )
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Figure IV.5.h Effect of conversion on selectivity and yields

( T= 500 °c )
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Figure IV.5.i

( T= 537 °c)
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high conversion levels there is considerable decline in methacro-

lein yield

B. Effect of temperature

Variation in isobutylene conversion,methacrolein selecti-

vity and yields of carbon oxides are given in figures IV.5.j,

Iv.5.k, and IV.5.1.

In figure IV.5.j, the selectivity towards the main pro-

duct decreases from 91 % to about 77 % ,when the temperature

increases from 400 °C to 537 8c. on the other hand, the

yields of carbon oxides steadily increase with temperature.

The conversion of isobutylene shows a sharp increase from

19 Z to about 82 % ,when the temperature increases from 387 ce

to 450 °c. At higher temperatures the conversion decreases

slightly to reach a value of 72 % at temperatures higher than

500 °c.

In figure IV.5.k ,the maximum conversion is 44 2,

however,the selectivity is slightly higher than quoted above,

varying between 85 % and 93 % . The yield of carbon dioxide

increases rapidly from 5% to 12 % with increasing tempera-

ture,while carbon monoxide is formed in lower yields increasing

from 1.8% to about 3.5 % at higher temperatures.

In figure IV.5.1, the conversion of isobutylene increases

smoothly from 17 % to 35 %, with a temperature increase

from 400 °c to about 444 °c 3 with the temperature conti-

nuing to increase the conversion decreases slightly to reach

the value of 25 % at higher temperatures

a2ii=
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Figure IV.5.j Effect of temperature on conversion,selectivity

and yields. ( C,H,/0,= 0.983 )
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Figure IV.5.k Effect of temperature on conversion,selectivity

and yields. ( C,Hg/05= 0.465 )
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Figure IV.5.1 Effect of temperature on conversion,selectivity

and yields. ( C,Hg/04= 0.270 )
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Iv.5.2 Conversion data at_low superficial gas veloci

Experimental conversions for two chosen reactant feed

ratios were obtained at constant temperatures varying the ve-

“locity of the gas mixture. The gas mixture flow rate was varied

from 100 ml/min to 500 ml/min, so the particle bed passed

_ §radually through the stages of fixed bed,expanded bed, and

bubhling fluidised bed.

The results for the three temperatures investigated

are given in tables IV.5.i, IV.5.j, and IV.5.k . It is ge-

nerally observed that the conversion of isobutylene decreases

when the gas velocity increases above the point of minimum

fluidisation. Similarly,the selectivity increases up to an

optimum point and then remains practically constant as the

gas velocity continues to increase.

Again,only those data which justified the assumption

of pseudo first order kinetics were selected for subsequent

mathematical treatinent. Conversion results for two low

superficial gas flow rates, 400 and 500 ml/min, are plotted

as a function of K'= K:W/E in figure IV.5.m . The solid

line represents conversions theoretically calculated assuming

perfect mixing without bypassing ,whilst the dashed line

represents the best fit curve for the data points. Goodness

of fit and other statistical quantities are shown in table V.5.b.

25>



Otc

Tempe- Oxygen to Gas Carbon Oxygen
rature Isobutene Velocity Conversion Selectivity | Yield of Yield of * mass mass

Gq Horan ml/min z Zz oa 2 bee eas

400 1,118 100 26,89 72.9 27,23 11,30 104,8 97.7

400 1,118 300 26,74 85,3 10,70 4,206 100,0 98.5

400 1,118 310 25.00 90,1 5.326 2,126 99.6 9952

400 1,117 400 11,58 86.3 11,25 4,673 100.0 98.6

400 1,118 500 7,69 82.3 11,26 7,023 99.5 OS c7i

400 2,126 100° 23,10 64.6 29,07 12,52 105.3 99.5

400 2,126 300 20,51 7530) 18,47 7,669 9970 98.5

400 2,124 310 25,93 77.5 17.56 7.002 98.5 100.4

400 ayieo 400 15.38 72.3 18,27 10,52 100,1 100.5

400 2,126 500 14.28 1443 17.38 9.019 99.6 100.4
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ioe

Tempe- Oxygen to Gas Carbon Oxygen
rature Isobutene Velocity Conversion Selectivity Yield of Yield of mass mass

Molar co, co balance balance

% Ratio ml/min z z ze % z z

463 1,050 100 73,5 78.4 Poare 10,51 101.4 99.5

463 1,056 300 DS 75.5 14,34 9.67 CLAY) 98.7

463 1,050. 310 75.6 78,5 16,81 5,336 102.8 100.7

463 1,050 400 58,7 76.5 12,28 7.866 98.0 101.2

463 1,050 500 * 48,7 80,3 13.86 6,216 100.7 98.9

463 2,060 100 66,6 71,9 17,43 9.92 99.6 99/55)

463 2,060 300 69.6 69,3 21,80 9,61 100,5 96.6

463 2,063 310 76.6 77,3 16,81 9,50 103.8 97,2

463 2,064 400 62,8 77,5 12,74 10,27 99.7 98.4

463 2,059 500 56,6 69,6 17,43 9592 98,3 100.8
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Tempe- Oxygen to Gas Carbon Oxygen

rature Isobutene Velocity Conversion | Selectivity | Yield of .| Yield of | mass mass

ie Molar CO, co balance balance

a Ratio ml/min “ x % z z z z

505 1,043 100 66,2 60.1 29,44 7.334 97.9 98.6

505 1,045 300 68,6 80.9 1325) 8,208 | 101.6 98.7

505 1,043 310 719 81,0 14,55 4,370 99.9 99.0

505 1,043 400 66,8 85,1 9,21 4,337 99,8 96,5

505 1,044 500 | 62,2 74,8 20.55 6.765 | 102.5 96.9

505 2,086 100 66.4 39.0 43,77 17,04 99.9 99,9

505 2,086 300 69.1 70,2 19,85 11,04 100.7 99.6

505 2,086 310 72,3 72,4 21,58 5,863 9959 98.7

505 2,087 400 65,8 63,1 20,61 15,51 99,5 96.7

505 2,087 500 62.3 61,2 28,94 10,64 99,8 99,2
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Figure  IV,5.m  Comparison  of  cxperimental  with  theorevicallypredicted  conversions  (  kesults  at  low  super-ficial  gas  velocities  )
jo

eyos5e8

| @ 5B\  vexB\ \#
»cs}ovwewov

Ae  mag,ye£&Spiers
¥  €  39 o

°3%A

Oo0.8

- 0.7

L 0.6

r- 0.5

L0,4

L. 0,2

X  §  WOTSiaAUOD.  [BUCTIOPAA=219=

=KW/FK!



CHAPTER V

DISCUSSION

~-220-



v.3

v.4

V.6

CHAPTER V

DISCUSSION

CATALYST STUDIES

MINIMUM FLUIDISATION VELOCITY - STATE OF

FLUIDISATION

ONSET OF BUBBLING

V.3.1 Small particle systems

V,3.2 Large particle systems

STUDY OF THE KINETICS OF THE PARTIAL OXIDATION

OF PROPYLENE AND ISOBUTYLENE OVER BISMUTH

MOLYBDATE CATALYST

OPTIMIZATION OF CONDITIONS FOR THE SELECTIVE

OXIDATION OF ISOBUTYLENE TO METHACROLEIN

V.5.1 Effect of temperature and reactant feed

ratio

V.5.2 Effect of fluidisation behavior

FUTURE WORK

CONCLUSIONS

=I

Page No

222-226

227-230

231-241

242 -246

247-258

Zo9-=261,

262



V.1 CATALYST STUDIES

Although the surface area for the bismuth-molybdate cata-

lyst used throughout the work is relatively small ( 1.77 ONS )

for particles with average diameter 67 jim ,the experimental

results (Figures IV.5.b ,IV.5.c ,IV.5.d ,IV.5.e ,IV.5.£ ;

Iv.5.g ,IV.5.h ,and IV.5.i ) showed that during the oxidation

of isohutylene, methacrolein yields were very high at all conversion

levels. Calcination of the catalyst in air at 500 °C gives a

catalyst with higher surface area,while the weight loss due to

dehydration occurs in the temperature range below 500 :

Increasing the calcination temperature to 600 °C for 20 hours

leads to a considerable decrease in the surface area,however,

without loss in weight.

An attempt to examine the cuemical structure of the catalyst

was made by means of its infra-red spectra. The spectra obtained

are shown in figures Iy.l.a and IV.1.b . The region above

1050 oat shows some of the nujol absorption peaks,and the region

below 1050 nie shows the characteristic bismuth molybdate

absorption peaks.

1Bismuth oxide produces a broad absorption band around 400 cm

The catalyst sample also shows a strong band at 840 cm + ,and

a smaller band at 720 cm 2 -The centre of the resonances at about

800 en possibly represents the tetrahedral Moo; » arrangemmt

of the surounding oxygen. i

Clark and Doyle @25) have recorded similar infra red spectra

on a number of molybdates and tungstates,either having the metal
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ion in tetrahedral or in octahedral oxygen suroundings.

Batist et al (57,58,59,60,61) also used the iB disc

technique to obtain the infra-red spectra of bismuth molybdate

catalyst using different Bi:Mo ratios. The spectrum of the

catalyst with similar heat treatment and a ratio Bi:Mo close

to unity showsbroad peaks; some of the a.sorption peaks of his

spectra look quite similar to those obtained in the present work,

Previously used (208) tin-antimony oxide catalyst proved

highly reactive towards acrolein; however,bismuth molybdate cata~

lyst is more selective in the formation of products of incomplete

oxidation. For olefin oxidation , Moo, » alone, shows a high

actiyity but poor selectivity; Bi,0, is relatively inactive

and nonselective, hut a combination of the two oxides gives a

highly selective and active catalyst. The mixed oxides are active

over a wide range of Bi:Mo ratios,but in agreement with our re-

sults,it has been reported (21,70) that bismuth molybdate ca-

telysts with an atomic ratio of bismuth to molybdenum close

to unity, is the most active catalyst with respect to the speci-

fic rates of conversion of olefins and the most selective with

respect to aldehyde formation.

Contrary to the behavioutof tin-antimony oxide catalyst,

loss in reactiyity and colour from yellow to dark brawn were

observed with hismuth molybdate. Studies using isotopic oxygen

(57,59,66.67,68) have provided strong evidence for the parti-

cipation of lattice oxygen during the oxidation of olefins.

Although the diffusion of oxygen from the surface into the bulk

and from the bulk back to the surface must be rapid,reduction of

the catalyst with time is expected until all the lattice oxygen,

=223-



is totally consumed.

Nevertheless,the reduced catalyst regains part of its

activity on replacement of the lattice oxygen which seems to ta~

ke place by atmospheric oxygen to a certain extent,when the

dark powder is treated at 500 °c for 2 hours ;the catalyst re-

gains its original colour,turning to a yellowish powder.

Highly reproducible values for the solid particle densi-

ties were obtained from different prepared batches,and this

was. a good indication that the method of preparation followed

could well reproduce the same catalyst.Ray and Chanda (80)

haye reported the density of a differently prepared catalyst

of the same composition ,and their value ,5.66, lies very

close to that obtained in these experiments ( Table IV.1.b )

Studies of the microphotographs obtained (Plate IV.l.a

and IV.1.b ) showed that the oxide mixture consists of irre-

gularly shaped particles ,which were found to be very friable

and thus susceptible to attrition. Attrition is a major disa-

dvantage of some gas fluidised bed systems,since it results in

a wider size distribution of solids leading to changes in the

mode of fluidisation and may cause transportation of fines.

All these mechanisms resulting in reduction of the solid

size,except those due to chemical reaction,are named particle

attrition. The term includes abrasion among solid particles,

bed walls and internals,and also abrasion caused by circulation

of particles due to fluid-particle contact.

The spherical particles in general show the highest attri-

tion resistance. Since the sphericity of the prepared bismuth

molybdate particles was very low , 0.48 ,it was expected that
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these particles would be susceptible to attrition. High size

reduction, resulting wide size distribution was avoided by conti-

nual make-up of fresh material and replacement of the reduced

catalyst particles,for the experiments carried out at gas ve-

locities greater than the minimum fluidisation velocity.

It has been reported that in many instances a better

“quality" of fluidisation can be achieved by using a wider range

of particle sizes. Ikeda (26) pointed out that particles below

44 ym are especially important in maintaining smooth flui-

disation,and called such particles the "good fraction".

Howeyer,there are a few design problems associated with

the use of having a wide size distribution. Zenz (227) suggested

that much. particle/particle contact is likely to occur when beds

of irregularly shaped particles of wide size distribution are

fluidised. Also,although the minimum fluidisation velocity and

the mode of fluidisation is quite clearly defined for closely si-

zed,regularly shaped particles,it can never be so precisely de-

termined for irregular material of wide size distribution.

Further studies (222) were attempted with larger size

particles. Although conversion data were obtained only with the

a, = 67 ym particles,the greatly pronounced influence of

particle size on the physical behaviourof the fluidised bed was

examined by Iacovides (222) in combined studies. The physical

properties of bismuth molybdenum particles employed in this exe-

reise are given in table V.l.a.
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Table V.l.a Physical properties of bismuth molybdate catalyst.

B,S, 410 Mesh No.| 60-85 85-120Physical

Properties

Mean particle diameter, a 239 m 169 m

Voidage fraction at fixed bed, ss 0.59: 0.59

Voidage fraction at Ue > Ene 0.60 0.62

Average sphericity , $3 0.54 0.53

Bulk density , e 1,966 2.015
s 2

g/cm g/cm

: 3
Density , p 5.54 g/cm
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V.2 MINIMUM FLUIDISATION VELOCITY-STATE OF FLUIDISATION

Values for the minimum fluidisation velocity were determined

by measuring the pressure drop across the catalyst bed,for increa-

sing velocity of the gas mixture of composition Nj ?0,:C,Hg in

the ratio of 8:1:1 . The experimental value for the minimum

fluidisation velocity without stirrer , 290 pe > was in

reasonable agreement with the calculated from theoretical equa-

tions (124,127) in which an absolute error of + 34% is ac-

ceptable. Additionally to obtain reliable results,the pressure

drop was measured as the gas flow rate through the bed was prog-

ressively reduced. Before hand,the bed was momentarily fluidised

in order to hreak down any internal structures remaining from

the fixed bed stage.

Experiments were also carried out with larger particles

and various bed heights (222). For a, = 169 ym ,the minimum

fluidisation velocity is found to be 2.04 cm/sec ,while

for a, = 239 ym the average Ue for two bed heights used

was 3.11 cm/sec .

Although the pressure drop versus gas velocity plot for

the a, = 67 pm particles ( Figure IV.2.a ) suggested the pre-

sence of non-fluidised regions within the bed however,the plot

for the bed of larger particles showed a characteristic "hump",

which was more clearly defined for the greater bed depth. The

observed values of the minimum fluidisation velocity for the two

larger particle sizes (222) are considerably smaller than the

theoretically calculated,exceeding the accepted deviation of +34 Z.
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Bergougnou (228) reported that the presently existing correlations

for minimum fluidisation velocity differ considerably from each

other,and prediction errors,in certain cases,can be as much as 100 %.

Difference hetween predictions based on different corre-

lations reflect the problem of making allowances for particle

shape and size distribution effects,and all of the present corre-

lations are inadequate in this respect.

Godart and Richardson (229) reported that the term minimum

fluidisation velocity only has a meaning for those systems with

a sharp transition from the fixed to fluidised bed state. It

has also strongly been suggested (230) that with fine particles

the transition is very indistinct or else the value indicated

from pressure drop versus gas velocity plot is so high that severe

chanefling must already be occuring.

On the other hand,when there is a wide size distribution,

the shape of the pressure drop versus gas velocity characteristic

curye may exhibit several minor peaks.

Since the catalytic system bismuth oxide and molybdenum

oxide used for the oxidation of olefins is of high density ,the

catalyst particle size is extremely important in order to achieve

smooth fluidisation. Extra fine particles will lead to a consi-

derable dense phase expansion before the onset of bubbling,and

additionally it is possible that much gas will by-pass due to

cloud formation (231) .Instead,larg: particles will require a higher

gas velocity to achieve fluidisation,which is certainly undesi-

rable for the oxidation process.

The bismuth molybdate catalyst particles employed , d= 67 um,
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gave rise to a condition in which the bed expanded above the

minimum fluidisation without bubble formation. The appearence of

this bubble-free region is in agreement with previous findings

(136, 139,140),

Without stirring,a smooth bubbling régime was imposible to

establish but preferential chan#lling: of gas through the catalyst

bed always occurted.As figure IV.2.a shows,the application of

stirring enabled the formation of a freely bubbling bed at low

superficial gas velocities, x

It has been previously reported (232) that for large

closely sized particles,the ratio between the minimum bubbling

velocity,and that for minimum fluidisation’ is small; however,for

smaller irregular particles it will be much longer, 2.8 , was

the value for 55 Fal particles.

Rowe (233)pointed out that it would require a 20 % incre-

ase above the minimum fluidisation,before there is sufficient gas

flow to support a stream of bubbles of 5mm diameter in a bed

of fine particles whereas,with bigger hewier particles,a much

smaller percentage in the total gas flow would be sufficient to

support free bubbling.

Geldart in 1973 (139) classified solid particles into

four characteristic groups. This classification enables identifi-

cation of the mode of fluidisation according to the size and densi-

ty of the particles, as shown in figure II.4.i .

Groups A and B are the two groups most frequently encoun-

tered in fluid bed operations. For the particles belonging to group

A considerable dense phase expansion exists before bubbling com-

merses. Particles within group B exhibit much less stable bed
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expansion,and free bubbling commences at or a little above mi-

nimum fluidisation velocity.

Geldart (139) also postulated that a simple relationship

exists between the gas velocity through the bed at which bubbles

begin to become apparent, Le ,and the mean particle diameter,

a » thus:
P

a W ol0.095ea D equation V.2.1

where the gas velocity is in mm/sec ,and the mean particle dia-

meter in pa.

Recently Baeyens and Geldart Q34) reasoned that for a

powder to belong to group B the Voy must be greater than uef°

mf
0 ey Up S equation V.2.2

q Sa

They also reported,using a correlation for the minimum fluidi-

sation velocity from a range of published tests in small scale

equipment,that a particle would belong to group B if:

1.17 5 ;(p.>Pg? i, > 906 ,000 equation V.2.3

with the densities expressed in e/a and the bed is fluidised

by air at room temperature and atmospheric pressure.

Although two of the catalyst fractions used , a= 169 ym

and a = 239 aa » satisfy equations V.2.2 and V.2.3 ,and

thus belong to group B_ ,the a, = 67 ye »particles occupy a
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Place near the bo rderline of groups A and B 3; however,equation

V.2.1 predicts values for the U lower than the values of
mb

minimum fluidisation velocity experimentally determined.

v.3

The common method of calculating the equivalent mean bubble

diameter from bed expansion data (159) proved inadequate for the

shallow bed of fine particles and thus the only available technique

was to measure the bubble eruption diameter as illustrated in

plates V.3.a ,V.3.b ,V.3.c. and V.3.d .

The bubble eruption diameter is assumed to be the size of

the bubble in the fluidised bed,considering that the bubble size

remains constant during their rise through the fluidised bed and

that no bubble coalescence takes place. It is also assumed that

there is only one bubble rising through the fluidised bed, i.e

there is no interaction between rising bubbles and that during

measurement,bubbles are considered as being spherical.

Bed expansion was determined for larger particles, a, = 169 ym

and 4, = 239 pm »in combined studies (222). Data were taken at

various air flow eeertuttecsed in stages by about 76 eae ate

above the minimum fluidisation velocity up to about wie 9di=

rectly from the photographs obtained,since the reactor dimensions

are exactly the same as tho used in the experiments.

The excess gas velocities and the ratio of the expanded bed

height to bed height at minimum fluidisation , H/H »were also

calculated,as it can be seen from the plots of figures V.3.a and

V.3.b.
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Geldart (235) and Streatfield (223) used expansion data

to calculate bubble diameters from the two phase theory and they

compared their results with measured bubble eruption diameters,

as shown in figure V.3.c . + The comparision of the

ratio of surface eruption diameter ,D,_ , to calculated bubble
bs

diameter , Dd, »for fine,medium and coarse sand (235) ,in fi-

gure V.3.c shows that this ratio was greater than one for fine

sand,approximately one for medium sand and less than one for coarse

sand, The correlation implies that bed expansion data used to ca-

lculate bubble diameters,according to the two phase theory only

give good agreement for particles of about 200 yn. Further evi-

denee on the applicability of the two phase theory for different

size fluidised particles is given by Mc Grath and Streatfield,who

classified solid particles in the categories of small site 200 ym

and large particle systems ,i.e <200 pa.

V.3.1 Small_particle systems

For the catalyst particles 85 - 120 mesh of which the

mean particle diameter is a, = 169 pm ,the observed eruption

diameter is about 2.6 times the theoretical one predicted by

the simple two-phase theory. In this case the bubble rise velocity

is greater than the dense phase velocity and recirculation of

gas occurs to the bubble. Thus due to cloud formation it is like-

ly that the eruption diameter is larger than the bubble diameter

in the bed,because the cloud erupts with the bubb’e. Bubble dia-

meter calculated from the two phase theory may well be a reasonable

estimate in this case,but the measured bubble eruption diameter

is too large as illustrated in figure V.3.4
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It can also be seen that for low excess gas velocities

the ratio Disb is very close to the two phase line which

means that in this case the two phase theory applies more ef—

fectively.

V.3.2 Large particle systems

For the particle system a, = 239 a »the observed bubble

diameters were consistenly smaller than the theoretically calcu-

lated ( figure V.3. e) . In this case,the bubble velocity is less

than the dense phase gas velocity. and the theory of Davidson (159)

predicts a through flow of gas in the bubble equal to three times

the minimum fluidisation velocity for a three dimensional bubble.

Thus,a fraction of the excess gas does not contribute directly to

the bubble phase volume.

In this flow régime the bubble is well defined because

there is no recirculation of gas to. the bubble. Thus although, the

values of calculated bubble diameters are too high.and make the

ratio shown in figure: V.3.d and V.s.e less than unity.in agreement

with the results quoted by McGrath and Streatfield (224),the bubble

eruption diameter is probably a good estimate of the bubble diameter

in the bed because of the well defined nature of the latter.

Finally it was generally observed ( 223 that the application

of the stirrer driven at 40 r.p.m and located at 0.5 cm abo-

ve the distributor,led to smaller bubble eruption diameters and was

observed for all particle sizes investigated.
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Figure
V.3.aRelationship  between  bed  expansion  ratio  and  excessgas  velocicy  for  the  oS  =  169  m  (  85-120  mesh  )1.5
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Figure  V.3.b  Relationship  between  bed  expansion  ratio  and  excessgas  velocity  for  a,  =  239  m  (  60-80  mesh  )1. 5
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Figure v.3,c Dependence of ratio of observed to calculated bubble

diameter on particle size as shown by Geldart and

Streatfield.
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dp = 169 pem (85-120 mesh) dp = 239 Bm (60-85 mesh)
Hmf = 2.031 cms Hm£ = 2.087 cms
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Fiqure V.3.d Dependence of ratio of observed to calculated bubble

diameter on particle size.
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@p = 239 um(60-85 mesh)

Hm£ = 35.60 mm,

126.08 g' 303.64 x!

182.75 h* 364.07 1' a

241.30 jt 397.42 m!

Figurey.3.e Dependence of ratio of observed to calculated bubble

ediameter on particle size.

-238-



Ree



Plate V.3.b Photograph No 5b ,particle diameter a= 239 pm ,

= 304 cm/min
£
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LPlate V.3.c Photograph No 7a ,particle diameter a= 67 ens

height of fixed bed 3.855 cm, ve 80 cm/min

Plate V.3.d Photograph No 8c ,particle diameter 4-67 ym,
I

height of fixed bed 3.855 cm , UUs = 135 cm/min .



v.4. STUDY OF THE KINETICS OF THE PARTIAL OXID,

PROPYLENE _AN! SOBUTYLENE OVER BISMUTH MOLYBDATE

The investigation of the kinetics for the catalytic oxi-

dation of olefins is normally complicated by the fact that dif-

fusion as well as chemical phenomena are usually involved; the

two are not easy to separate so as to determine the factors af-

fecting each. In addition, the large exothermicity of these reactions

introduces the problem causedbythe liberation and distribution

of heat.

Studies in -the chemical kinetics need to be acquired free

of physical transport limitations,if possible in order to interpret

the results correctly,and have some knowledge of dealing with

the data if mass transfer effects become important.

Kinetic models have been postulated without adequate appre-

ciation of the problem (23 6 237), but recently. ‘unconventional

typesof reactors have been postulated to operate under negligible

heat and mass transfer effects.

Kinetic measurements have been carried out in this labo-

ratory using an §.G.S. reactor yand mathematical models of

olefin oxidation over oxide catalysts have been derived ( 54, 72,

81) . A direct comparison of these models with experimental

conversions obtained for a fixed and a fluidised bed was made in

the present studies. ( pages 177 to 191) .~

Kinetic measurements were carried out in the temperature

range 405 °c - 465 °C ina packed fixed bed by a continous flow

method. This guaranteed isothermicity of the catalyst layer,
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in spite of the large heat effect of the processes. Preliminary

experiments showed that it was difficult to achieve completely

-isothermal conditions within the bed. However,by the use of a

diluent ,glass spheres, temperature gradients were minimised

within the bed. Radial temperatures were generally highest in the

centre ,decreasing towards the wall. The maximum recorded tempe-

rature difference between the bed centre and the wall was 4 oC.

The average temperaure of the bed was taken as the mean of the

three ~ thermocouples readings. All experiments were performed

at an olefin : oxygen ratio of 1.0 . This ratio was chosen to

ayoid over-oxidation of the olefin and is well above the lowest

possible oxygen level at which reduction of the catalyst can ta~

ke place ( page 178 ) . The effect of the reciprocal of space

velocity , W/F , on the conversion of both olefins was studied

at different reactor temperatures. An increase in temperature

increases the conversion ,whereas an increase in the overall olefin

flow rate causes the conversion to decrease ( Tables IV.4.a ,

Iv.4.6 , IV.4.c , IV.4.d , IV.4.e , and IV.4.f) .

Variation of the amount of oxygen in the inlet stream by

a factor of three did not affect the rate of the reaction,and thus it

was concluded that the reaction is independent ( zero order ) on

oxygen concentration. This is an agreement with previous findings

805 (56,725 129)

However during the catalytic oxidation of isobutylene over

bismuth. molybdate catalyst, Mann and Ko (119) reported that,while

the selectivity for methacrolein increased with increasing oxygen:

isobutylene ratios,the conversion decreased with increasing feed

ratios,contrary to our experiments. The most probable explanation
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for this was that their data were taken in a very small range.of

reactant feed ratios ( 0 = 1.2 - 2.4 ),where the diffe-2 3 C,Hy

rences between the recorded conversions were very small.

The order of reaction in olefin was tested using the ap-

Propriate inte:‘grated forms of zero,first and second order rate

expressions, by the linear regression method from the experimental

conyersion data.

The rate equation for a catalytic reaction in a flow sy-

stem may be written as:

at, Ne ( dx/dW) = p dx / d(W/F) equation V.4.1

Thus,the rate of conversion corresponding to any given value of

W/F will be given by the slope of the tangent to the curve Xy

versus W/F at that point.

On the assumption that the total moles of gas undergo no

change during the reaction,the reaction follows first order ki-

netics for which the equation is:

Regattas K Cl=x) equation \.4.2

when the equation V,4.2 is substituted into equation V.4.1 and

integrated for an idealised piston-flow reactor the rate constant

will be given by:

In (1-x)=-K (W/F) equation V.4.3

The above expressica gave the best agreement with the experimental
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Pre-exponential factor A

2

2 2 2 2 27.2
Block No|Temperature % 0 oF oF o,/o,, kK,

°

c -1 ,-1fnole g hr

L 405 8.23 9.40 8.80 12:2 0.712 8.6 x 10>

2 445 4.16 5.92 5.04 7.10 0.709 19.3x 10°

3 462 4.59 13.8 9.19 11413 0.825 27.3 x 101"

Activatin energy zB = 20.12 Kcal /mole

Se 3 2 ee ie ;
e725 ge sec mole 6 = 8.5% from the linearised equation
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data,relative to those of zero,and second order expressions. However,

the "goodness" of fit for the experimental data obtained during

the catalytic oxidation of propylene is rather poor,relative to

“that of isobutylene oxidation. This is because the experimental

error for propylene is smaller than that of isobutylene,which can

be seen from the tables V.4.a and V.4.b.

It is mentionable that if the experimental error is too

a :
big any kinetic orreaztor model can fit.

v.5 ATION OF CONDITIONS FOR THE SELECTIVE OXIDATION

To obtain high values for the selectivity of the conversion

of isobutylene to methacrolein,the catalyst weight, stirring, fluid

flow rate and total pressure in the reactor were kept constant,

while the reaction temperature was varied in the range 400 % -

537 °c and the fuel : oxygen moles ratio in the feed by a fac-

tor of 10.

The maximum conversion recorded was 85.6 % at 453.5 2c,

while the selectivity towards the main product was 85.2 % ,with

by products being mainly carbon oxides. Similar high values for

selectivity to methacrolein were recorded at all conversion le-

vels ( Table IV.5.a ,IV.5.b ,IV.5.c ,IV.5.d ,1V.5.e ,IV.5.£ ,IV.5.g,

IV.5.h.

Combination of bismuth oxide and molybdenum oxide with an

atomic ratio close to unity leads to a highly selective catalyst

system,for the oxidation of olefins to unsaturated aldehydes in

agreement with previous suggestions (57,59,60,29).
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Furthermore the suitability of the reactor as previously

investigated (208) ,did have a beneficial effect on the selecti-

vity of the total conversion of isobutylene to methacrolein. The

optimum ratio, bed height : total height of the reactor = 1 :7 3

was established (208) to minimise the effect of the free board

zone volume on the conversion of olefins to unsaturated aldehydes.

It is important to state that,at the temperature range where

maximum values of conversion ,and selectivity are attained,rela-

tively high gas phase oxidation of olefins to mainly acetone .and

carbon oxides occurs. If the latter could have been avoided,it

would result in even higher values of selectivity to the main product.

V.5.1 E

The conversion-selectivity plots given in figures IV.5.b ,

LVis0eC pLVe Ded 5 LV.5.6 5 1Vs 5. £ ,1V.5.g ,IV.5.h and IV.5.i » show

a general decline in selectivity at higher conversions,but they

do not seem to extrapolate to 100 % at zero conversions. It is

my hypothesis that if this istrue the carbon oxides are formed by

post oxidation of methacrolein as well as from the oxidation of

the initial olefin . Thus,the proposed (56) combination of paral-

lel and consecutive reactions for the oxidation of propylene

appears to be the most probable reaction «heme for the vapour

phase oxidation of isobutylene over bismuth molybdate catalyst.

K
1cio ee C,H.O

K co, S
+

co
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With increasing C,Hy $ oO, moles feed ratio the conversion

of isobutylene to products increases steadily,while the selecti-

vity to methacrolein decreases.up to the value C,H, /0, = 2.0/2

At higher feed ratios the conversion was observed to be unaffected

although a steady increase of isobutylene consumption was expected.

This can be explained in agreement with previous findings (58,59,

66,67,68) ,from the fact that the main source of oxygen for the

reaction is the bismuth molybdate catalyst alone.

We suggest that,at low C,Hg/0, ratio values , i.e gaseous

oxygen partial pressure is above the minimum point at which re-

duction of the catalyst is expected, the reaction proceeds through

the lattice oxygen of bismuth molybdate,which leaves the catalyst

in a reduced state. However,catalyst is fast re-oxidised by a

rapid diffusion to the surface of 0 anions from the chemi-

sorbed oxygen.

With increasing reactant feed ratios the conversion increases

steadily,as expected,due to the rate of the reaction dependence

on the partial pressure of gaseous isobutylene ( page 178 ).

We further suggest that ‘as-the value C,Hg/0. 232 (0/5 as

attained , i.e gaseous oxygen partial pressure is about the lewest

possible level at which reduction of the catalyst is avoided,

re-oxidation of the temporarily reduced catalyst does not occur

and thus the catalyst loses progressively its activity until

the lattice oxygen is totally consumed.

With increasing temperature from 390 °c to 465 °C the

conversion increases and selectivity to methacrolein decreases.

Contrarily,the effect of temperature on the yields of carbon oxi-

des is the opposite to that observed on the selectivity
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( Figures IV.5.j ,1V.5.k and IV.5.1 ) . Nevertheless,much

overoxidation does not occur as is evidenced by rather low

yields of by-products.

With further increase in temperature above 400 8c shigher

conversions of isobutylene to products were not obtained as

could be expected.

The most probable explanation for this behaviouwis that

bismuth molybdate catalyst,strongly dependent upon the structure

and the arrengment of the atoms within the crystal ,loses its

activity,apparently because of structure collapse. A total loss

of its activity was observed when the catalyst was heated above

650 °C to support previous findings (29,30).

During previous investigations in this laboratory (208),

kinetic data of propylene oxidation over mixed oxide catalysts

in wfluidised bed reactor,within the temperature range 380 % -

545 °c were obtained; mathematical treatment of the experimental

data was not carried out . The reason lies in the fact that in

fluidised bed reactors heat,diffusional and mass transfer effects

should be considered,even though these effects could be limited

to some extent,if the reaction is carried out in a one-phase

model ( fluidised bed at minimum fluidisation ). .

It was expected and subsequently found that in an incipi-

ently fluidised bed no gross by-passing occurs. However,the effect

of stirrer and reactor wall are considerable and lead to a rather

high degree of bacx-mixing in the particulate phase. As a result

all the conversion data at minimum fluidisation and below fall
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on the same single curve approwhing the completely mixed li-

ne ( figure IV.5.a ) . The data were fitted to a least-square

curve according to equation III.3.8 ,where the right hand side

‘of this equation was expressed as a combination of the following

terms , oe ( conversion for a plug flow reactor ) ,and

1 / 14+K' ( conversion for a perfectly mixed reactor ) . The

fitting error from the regression was tested over the experimen-

tal error calculated from the carbon.and oxygen mass balances

and the "goodness" of fit was related to the ratio , o,/ on :
as given amongst other statisticai quantities in table V.5.a.

Since the conversion values obtained for an incipiently

fluidised bed are higher than conversions calculated assuming

perfect mixing the degree of dispersion in the dense phase was

estimated from Dankwert"s dispersion model. (141) ,which gives

the degree of conveteion assuming that the passage of gaseous

reactants falls between the ideal states of piston flow and

complete back-mixing. Axial mixing through the bed is assumed

and is characterised by an effective dispersion coefficient. The

modified equation for a pseudo-first order reaction.is:

4a

X= 1- 7 7 equat. V.5.1

(1+a)“ exp ~FW(1-a)/2E, - (1+a)“ exp ~FW(1+a)/2E

where a= Wi+4 K. ¢ Eo /EW )

Values for the axial dispersion coefficient were assumed,

and a figure of 72.3 g mole br} gave the best agreement for

the experimental curve ( dashed line ) in figure V.5.a ,when2 8!

compared with the ideal case of a perfectly mixed reactor ( solid
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Table V.5.a Analysis of variance and regression table

( Results at minimum fluidisation velocity )

iz 2
5G 6.94 9 = 8.50

aan 2¢3
%s 8.50 oF = 7.81

Sum of squares total

Sum of squares of regression table

Sum of squares of residuals

Standard error of estimate

Corrected R

o,/o, 1.008,

9.030

8.837

0.194

0.078

0.979

Table V.5 b Analysis of variance and regression table

( Results at low suferficial gas velocities )

2 Os
oO igi2 oar CRs

Bnd 2a
oF 5.5 One Talo:

Sum of squares total

Sum of squares of regression table

Sum of squares of residuals

Standard error of estimate

2
Corrected R

=352—

0.709

2.463

2.453

9.0101

0.0278

0.9959
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line).

Since bubbling commenced at low gas velocities the expe-

rimental conversions were lower than those obtained from the

incipiently fluidised bed otherwise operating under the same

conditions,in agreement with Knudsen and Gilliland's~.(238) findings.

The conversions were found to be 20 % less than the case of a

perfectly mixed reactor indicating that the degree of by-passing

is relatively high at the low superficial velocities used (fi-

gure IV.5.m) .Again the dashed line in figure IV.5.m repre-

sents the least squares curve with the data fitted according

to equation III.3.8 ,where the right hand side of this

equation was expressed according to the simplified polynomial

due to Calderbank and Torr (170) ,initially suggested by Orcutt

et al (160). "Goodness" of fit and other statistical quantities

calculated from the regression table are given in table V.5.b.

As the formation and growths bubbles lead to an overall

lower efficiency of contacting in terms of selectivity,a less

selective oxidation would naturally result at higher fluidising

fluid velocities.

From the results obtained for the homogeneous oxidation

of isobutylene ( Figure IV.3.a ,IV.3.b and IV.3.c ) ,it was

found that acetone and formaldehyde are formed as the main

products and some acetaldehyde,methacrolein and carbon oxides in

smaller quantities,in agreement with published work (239,240)

Since rising bubbles contain only a small amount of parti-

culate material,it is expected that the reactant gases within

the bubble will react homogeneously,and to a lesser extent hete-

rogeneously,without considering any interchange between lean
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and dense phases and consequently the overall selecivity is re-

duced. We suggest that,during the catalytic oxidation of olefins,

the maximum selectivity of conversion‘to unsaturated aldehydes

will be obtained by minimising the void volume within the bed,

i.e the size of the bubbles ,and maximising the ratio volume

of bed : total volume of the reactor. The application of internals

or stirring devises will result in bubbles smaller in size,as

combined work reported (222) ,in agreement with previous extensive

studies (241,242) ,and thus will increase the ratio conversion

due to heterogeneous oxidation : conversion due to homogeneous

oxidation and thecefore increase the overall selectivity of the

raection. Additionally all fluidised bed reactor models combine

the rate of the reaction with the rates of most of the physical

phenomena involved in fluidised bed operation ,but exclude the

rate of the heterogeneous reaction. This may be significant if

the rat€ of the gas phase oxidation is relatively high within

the employed temperature range. Especially the probability of

homogeneous reaction within afluidised bed should be considered

when the rate of the heterogeneous reaction is low.

The maximum proportion of propylene conversion in the

gas phase at 437 °c ,using a fluidised bed reactor of total

height : bed height = 7 :1 ;and propylene to oxygen ratio of

3:1 was recorded at 5.9 % (208). Although,gas phase oxida-

tion did not affect seriously the total conversion and selectivity

of the reaction,however,the significance of the homogeneous re-
,

action would be more pronounced if the reactor height is increased,

i.e the free board zone is extended. When the oxidation of

olefins was carried out using a fluidised bed reactor of total

Se



height : bed height = 16 : 1 a markedly reduced selectivity

to unsaturated aldehydes was observed (208) .

The design of the laboratory reactor used does not allow

formation of large bubbles due in part to the shallow catalyst

bed and also,the use of a paddle stirrer. In this way,an equal

distribution of bubbles throughout a uniformly fluidised bed

was achieved.

The experimental conversions obtained were checked against

those predicted by the bubble model of Orcutt et al (160),assuming

pseudo first order kinetics. The fractional conversion taking

place in the perfectly mixed gas in the particulate phase is gi-

ven by:

Greenies
equation V.5.2

ie K' + (1-8 e "k)

On the other hand,when the reactant gas is in plug flow through

the particulate phase,the fractional conversion is:

1 mn, U mn, U

Kal fee (1 8E)- me a= AE ot
[>

equation V.5.3

where my and m, are the roots of the quadratic equation:

we -(¢ n, + K'/1-8 )m +(K' n,/1-8) =0 equation V.5.4

pase is equation V.5.4

6.34 H
2 me 1/2 1/4 .

De D, (ot? vie +1.3 a (g/D,) equation V.5.5
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and K!' = K w/e equation V.5.6

the limiting conditions of equations V.5.2 and V.5.3 are:

Lim ( K'—*e& ) X= 1-e TM ( fast reaction )

Lim ( K'-*0 ) X= 0 ( no reaction )

X=1-1/1+K' -yvery fast

Lim ¢ ree ) exchange

Rel cae through bubbles

In figure V.5.b a comparison of the experimental fractio-

nal conversions ( dashed line ) is made with theoretical conversions

calculated from Orcutt's fluid model assuming 1) piston flow

and 2) perfect mixing ( solid lines) . The theoretical conversions

were calculated at 8 = 0.4 whilst the number of transfer units

was estimated using bubble diameters determined by experimental

measurement of bubble eruption diameters in the same reactor.

The diffusion coefficient Bs for isobutylene into air

over the temperaure range used in the oxidationexperiments was

calculated using the Lennard-Jones relationship (5 ). Thus,

welnes far the diffusion coefficient over the whole of the tempe-

rature range reduces the error for data correlation using Orcutt's

flow model.

The assesment of the criterion of "goodness" of fit to

data was made by means of the ratio . o / on ,and in calculating

the experimental variance it is to be noted that the carbon variance

is always lower than the oxygen variance due to the difficulty
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Figure V25.b Test of experimental data with Orcutt's fluid-bed mode].
Plug flow

400 l/min ee  an  al  jatar  epic  f  ,  SaoPerfect mixing

Experimental

XK W/E+ K

510 ml/min°

0.5)

0.3

“0.4,
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in determining the amount of water.

At low kK. values,small errors in predicted bubble

diameters result in comparatively large deviations from predicted

conversions based on the two phase model. This becomes more

serious when the two phase theory is applied to the fluidisa-

tion of fine particles,as emphasised in an earlier study (223).

Nevertheless,as is expected at high K. values , i.e high reaction

temperatures ,the degree of conversion due to gas phase oxidation

will contribute more to the total conversion of the reaction, than

at low K. values. For this reason, it is not unexpected that

the lower part of the experimental curve in figure V,5,b » falls

outside the region bounded by the theoretically predicted curves.

V.6 FUTURE WORK

The selective oxidation of isobutylene to methacrolein

has been carried out in a shallow gas fluidised bed. Aiming to

to obtain the highest olefin conversion and selectivities to

unsaturated aldehydes,the optimum reaction conditions have been

established.

Recently fluidisation technology has seen tremendous

applications in a wide range of process industries. However,

most of the design background on large scale fluidised bed Peectone

is based on earlier experience obtained empirically,seemingly

without adequate theoretical understanding. This is due to the

fact that with most gas-solid systeys,achievement of comparable

results between laboratory and large scale equipment is often

difficult and sometimes even impossible.

For fluidised bed operatios the following information
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is needed if a confident scale-up is to be achieved.

i. Tendency of solid particles to agglomerate.

ii. Tendency of solids to sinter or brake.

iii.Behaviout of the bed during exothermic reactions.

iv. Tendency of solids to cover the wall of the free-board zone

v. Transport of solid particles out of the reactor at high

gas flow rates.

vi. The kinetics and the rate constant of the reaction in the

envimwent expected in the fluidised bed

vii.Investigation of the explosion limits for the existing

gas mixture in the operating temperatures of the bed.

If the experiments giving the above information are

carried out correctly,then we should be able to proceed in the

design of a pilot plant unit safely and certainly the labora~

tory results whould be applicable when scale-up is attemnted.

In some operations agglomeration of solid particles

will cause accumulation on the distributor and will disrupt the

proper distribution of gas in the bed. Therefore,special care

should be given to the selection of a suitable distributor

and to a method of discharge of agglomerates during steady

state operations. A profile of heat of the reaction at different

conversion levels is required to avoid hot spots and consequent

agglomeration of fines.

Phenomena such a$ channelling and sluging were observed

and overcome by controlling the behaviour of the bed with the use

of a stirrer. The application of stirrers within fluidised
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is the subject of present research (243, 244) ,however, the way

it improves the bed behaviour to a fluidised, channelling-free

and slugging-free bed where highest percentages of conversion

and selectivities occur is yet to be examined.

The elucidation of tue back-mixing of gaseous reactants

in fluidised beds of fine particles needs further investigasion.

especially when stirring is applied within the bed. Minimising

the degree of dispersion in the dense phase increases the

efficiency of reactor operation quite considerably.

The simple kinetic investigasion carried out during the

present work enables a direct comparison for the reaction rates

obtained from the fluidised bed and reactors operating under no

mass transfer gradients; thus,determination of the overall mass

transfer coefficient in fluidised beds is possible to be esti-

mated indirectly.

Finally,further studies on the extent of the homogeneous

reaction in the free-board zone region and the lean phase are

presently being carried out in this laboratory and its mathe-

matical treatment will complete the picture of such a complex

system as a fluidised bed reactor.

V.7 CONCLUSIONS

A. Reaction within. the bubble phase results in a less selective

oxidation of olefins to unsaturated aldehydes.

B- Large bubbles within fluidised catalytic beds give rise to

lower conversions and selectivities,

2b i=



C. Application of stirring within fluidised bed of small particles

leads to a smooth uniform régime.

D. The highest conversion value and selectivities to methacrolein

are obtained in the temperature range 440 °c - 460 °c and

a fuel:oxygen ratio close to unity.

=262—



CHAPTER VII

REFERENCES

=263—



VII. REFERENCES

1. Isaev,0.V.,Kuchmerov,M.Ya.,and Margolis,L.Ya., Dokl. Akad.

Nauk SSSR 119, 104 ( 1958 )

2. Popova,N.I.,and Vermel,E.E., Dokl. Akad. Nauk SSSR

124, 842. (C1959 )

3. Shapovalova,L.P.,Gorokhovatskii,Ya.B.,and Rubanik,M.Ya.,

Ukr. Khim. Zh., 28, 1031 ( 1962 ); C.A 59-6237£

4, Geldart, D., Chemy Ind., 1474 ( 1967 )

5. Hirschfelder,J.0., Curtiss,F.C.,and Bird,R.B., "Molecular

theory of gases and liquids", Wiley, New York, 1954.

6, Wheeler, A., Catalysis, 2, 105 ( 1955 )

7, Wheeler, A., Advan. Catalysis, 2s 200 (1955: )

8. Faraday, M., Plil. Trans., 114, 55 ( 1834 )

9, Mitscherligh, E., Liebings Ann., 44, 186 ( 1822 )

10. Langmuir, I., F. Am. Chem. Soc., 34, 1310 ( 1912 )

11. Langmuir, I., ibid , 38, 2221( 1916 )

12, Langmuir, I., ibid , 40, 1361 ( 1916 )

13, Miller, A.R., Proc. Camb. phil. Soc. math. phys. Sci.,

43, 232 ( 1947 )

14. Trapnell, B.M.W., "Chemisorption", Butterworths", London ( 1955 )

15. Hougen, 0.A.,and Watson, K.M., "Chemical Process Principles",

5, Wiley, New York, 1947

16. Hearne, G.W.,and Adams, M.L., U.S. Pat. 2,432,287 Dec. ( 1947 );

©.A 44-2012b

-264-



17.

18.

19.

20.

21.

22%

236

24,

25.

26.

27.

28.

29.

30.

31.

32.

ao6

Annalen der Chemie, Vol XX., 9 ( 1836 )

Annalen der Chemie, Vol LXVII., 8 (1843 )

Hearne, G.W.,and Adams, M.L., U.S. Pat. 2,451,458 (1948 );

C.A 43~2222f

Callaban, J.L.,Foreman, R.W.,and Veatch, R., U.S. Pat.

2,941,007 (1960 )

Lazukin, V.1I.,Belousov,V.M.,and Rubanic. M.Ya., Ukrainskii

Khim. Zhurnal , 32 , 231 (1966)

Kamiya, Y., Sekiyu Gakkaii Shi., 5, 18 ( 1962 ); C.A 57-9772a

Ghorokovatskii, Ya.B.,Vovyanko, I.I.,and Rubanik, M.Ya.,

Kinetica, i Kataliz,.. 7, 65 ( 1966 )

Margolis, L.Ya., Advan, Catalysis 14, 429 ( 1963 )

Kominami, N.,Shibata, A.,and Mikekawa,S., Kogyo Kagaku

Zasshi, 65, 1510 ( 1962 )

Margolis, L.Ya.,Enikeev, E.Kh.,Isaev, 0.V.,Krylova, A.V.,

and Kushnerov, M.Ya., Kinetika i Kataliz 3, 181 ( 1962 )

Popova, N.I.,Stepanova, R.N.,and Stukova, R.N.,

Kinetika i Kataliz 2, 916 (1961 )

Popova, N.I.,Vermel,E.E.,and Mil'man, F.A., Kinetika i

kataliz 3, 241 ( 1962 )

Adams, C.R.,Voge, H.H.,Morgan, C.Z.,and Armstrong, W.E.,

J. Catal, 3, 379 ( 1964 )

Adams, C.R., ibid., 3, 549 (1964)

Voge, H.H.,Wagner, C.C.,and Stevenson, D.P., J. Catal.

2, 58 ( 1963 )

Adams, C.R.,and Jennings, T.J., ibid., 2, 63 ( 1963 )

Zhdanova, K.P.,Filippova, A.A.,and Popova. N.I.,

=265—



34.

35.

36.

37.

38.

39.

40.

41.

42.

43.

44.

45.

46.

47.

Probl. Kinet. Katal. 12, 211 ( 1968 )

Adams. C.R.,and Jennings, T.J., J. Catal. 3, 549 ( 1964 )

Margolis, L.Ya., Advan. Catalysis 14, 429 ( 1963 )

Popova, E.N.,and Gorokhovatskii, Ya.R., Dokl. Akad.

Nauk SSSR 145, 570 ( 1962 )

Popova. E.N.,and Gorokhovatskii, Ya.B., Kinetika i

Kataliz 5, 134 ( 1964 )

Isaev, 0.V.,and Margolis, L.Ya., Kinetika i Kataliz

L237 (1960)

Belousov, V.M.,Gorokhovatskii, Ya.B.,and Rubanik, M.Ya.,

Kinetika i Kataliz 3, 221 (1962 )

Billingsley, D.S.,and Holland, C.D., Ind. Eng. Chem.,

Fundamentals 2, 252 ( 1963 )

Barclay, J.L.,Bethell, J.R.,Bream, J.B.,Hadley, D.J.,

Jenkins, R.H.,Stewart, D.G.,and Wood, B., British Pat.

864,666 ( 1960 )

Bream, J.B.,Hadley, D.J.,Barclay, J.L.,and Stewart, D.C.,

British Pat., 876,446 ( 1951 )

Barclay, J.L.,and Hadley, D.J., British Pat., 902,952 ( 1962 )

Bethell, J.R.,and Hadley, D.J., U.S Pat., 3,094,565 ( 1963 )

Belousov, V.M.,and Gershingorina, A.V., Kinetika i

Kataliz 12, 614 (1971 ); Eng. Trans.

Gobin, G.W.,McGain, C.C.,and Porter, E.A., In "Procceedings

of the ee International Congress on Catalysis, Moscow,

1968" (D.A. Kazanaskii, ed. ), Akademiai Kaido, Budapest,1971

Krylova, A.V.,Derlyukova, L.E., and Margolis,L.Ya.,

Dokl. Akad. Nauk SSSR 178, 79 ( 1968); Eng. Transl.

-266-



48.

49,

50.

51,

52.

53.

54.

55.

56.

57.

58.

59.

60.

61.

Germain, J.E., "Catalytic conversions of hydrocarbons"

Academic Press , 1969

Sampson, R.J., and Shooter, D., "Oxidation and Combustion

Reviws", 1, 223 ( 1965 )

Chatt, J.,and Duncanson, L.A., J. Chem, Soc., 2939 (1953)

Peacock, J.M.,Ashmore, P.G.,Parker, A.J.,Sharp, M.,and

Hockey, J.A., J. Catal., 15, 379 ( 1970 )

Dewing, J., "Chemical Society Symposium on Hydrocarbons

Oxidation", London, 1970

Pendleton, P.,and Taylor, D., J

Cartlidge, J.,McGrath, L.,and Wilson, S.H., Trans. I. Chem,

Engrs., 52, 222 ( 1974 )

Belousov, V.M.,and Gershingorina, A.V., Kinet. Katal.,

11, 942 (1970 ); Eng. Transl.

Adams, C.R., "Proc. of the 34 international congress

on catalysis", 240 ( 1964 ), Amsterdam.

Batist, Ph.A.,Derkinderen, A.H.W.M.,Leenwenburgh, Y.,

Metz, F.A.M.G.,and Schuit, G.C.A., J. Catalysis, 12,

45 ( 1968 )

Batist, Ph.A.,Van der Moesdijk, C.G.A.,Matsura, I.,

and Schuit, G.C.A., ibid., 20, 40 ( 1971 )

Bleijenberg, A.C.A.M.,Lippens, B.C.,and Schuit, G.C.A.,

ibid., 4, 481 ( 1965 )

Batist, Ph.A.,Lippens, B.C.,and Schuit, G.C.A., ibid.,

5, 55 ( 1966 )

Batist, Ph.A., Kapteijns, C.J.,Lippens, B.C.,and

Schuit, G.C.A., ibid., 7, 33 ( 1967 )

-267-



62.

63.

64.

65.

66.

67.

68.

69.

70.

Bike

72.

73.

74,

McGain, C.C.,Gough, G.,and Godin, G.W., Nature, London,

198, 989 ( 1963 )

Sachtler, W.M.H., Rec. Trav. Chim., Pays-bas Belg.,

82, 243 ( 1963 )

Lossing, F.P.,Marsdon, H.G.D.,and Farmer B.J., Can. J. Chem,

34, 701 (1956 )

Harrison, G.A.,and Lossing, F.P., ibid., 37, 1696 (1959 )

Keulks, G.W.,Rosynek, M.P.,and Daniel, C., Ind. Engn.

Chem., Prod. Res. Dev., 10, 138 (1971 )

Keulks, G.W.,and Rosynek, M.P., Am. Chem. Soc., Div. Petrol

Chem., 14, C55 ( 1969 )

Keulks, G.W.,and Krenzke, L.D., a Intern. Congress on

Catalysis" London, 1976

Gel'bshtein, I.A., Stroeva, S.S.,Kul'kova, V.N.,Bakshi,

M.Ya.,Lapidus, L.V.,Basil’ev, D.I.,and Sevast'yanov, G.N.,

Neftekhimiya, 4, 906 ( 1964 )

Gel'bshtein, I.A.,Bakshi, M.Ya.,Stroeva, S.S.,Kul'kova,

V.N.,Lapidus, L.V.,and Zadovskii, S.A., Kinetika i

Kataliz, 6, 1025 (1965 ); Eng. Transl.

Brisk, M.L.,Day, R.L. ‘Jones ,M.' and Warren,,J.B., Trans.I.

Chem, Engrs., 46, 3 ( 1968 )

Cartlidge, J.,McGrath, L.,and Wilson, S.H., Trans. I.

Chem. Engrs., 53, 117 (1975 )

Bretton, R.C.,Wan, S.U.,and Dodge, B.F., Ind. Eng. Chem.

46, 594 (1952 )

Mann, R.S.,and Rouleau, C., Can. J. Chem. Engng., 43,

178 ( 1965 )

-268-



75.

76.

dhs

78,

79.

80.

81,

82.

83.

84,

85.

86.

87.

88.

89.

90.

91.

92.

93.

Mann, R.S.,and Yao, K.C., Ind. Engng. Chem., Prod. Res.

and Dev., 6, 263 ( 1967 )

Mann, R.S.,and Yao, K.C., Adv. Chem. Ser., 76, 276 ( 1968 );

C.A 68-21457y

Mann, R.S.,and Yao, K.C., Ind. Engng. Chem., Prod. Res.

and Dev., 8, 331 ( 1969 ); C.A. 71-101233z

Mann, R.S.,and Yao, K.C., Ind. Engng. Chem., Prod. Res.

and Dev., 10, 25 (1971 )

Mann, R.S.,Yao, K.C.,and Dosi, M.K., J. Appl. Chem, Biotechn.

225) 9L5 (19725)

Ray, S.K.;and Chanda, M., Ind, Eng. Chem., Prod. Des. Dev.,

15, 234 ( 1976 )

Cartlidge, J.,McGrath, L.,and Wilson, S.H., Trans. I.

Chem, Engrs., 55, 164 (1977 )

Ohara, T.,Ueshima, M.,Nishinomiya, H.,and Yanigisawa, I.,

Ger. (Offen., 25129,0a2 V.CaL97Le)

Adams, C.R., Ind. Eng. Chem., 61, 30 ( 1969 )

Mitsubishi Rayon Co., Jap., 7019,485 (1970 )

Etherington, Ir., R.W., U.S Patend, 3,254,035 (1966 )

Takayama, Y.,Ikeda, T.,and Sunaoka, R., Jap., 6810,603 ( 1968 )

Narita, T.,and Nisijima, Y., Jap., 6914,928 (1969 )

Masaki, S.,and Kuwata, T., Jap., 6929,045 ( 1969 )

Izawa, M.,Ono, I.,and Noguchi, J., Jap., 6803,164 ( 1968 )

Cahoy, R.P.,and Coyne, D.M., U.S. Pat., 3,417,144 ( 1968 )

Cahoy, R.P.,and Coyne, D.M., U.S. Pat., 3,499,936 ( 1970 )

Brill, W.F.,and Besozzi, A.J., U.S. Pat. 3,271,459 ( 1966 )

Besozzi, A.J.,and Brill, W.F., U.S. Pat., 3,301,906 ( 1967 )

=269—



94. Rohmu.Haas G.m.b.H., Fr. Pat., 1,554,240 ( 1969 )

95. Oda, Y.,Uchijima, K.,and Fumami, F., Jap., 6913,488 ( 1969 )

96, Nakayama, Y.,0gawa, Y.,and Uchida, T., Jap. 6913,129 (1969 )

97, Takenaka, S.,Shimizu, H.,and Yamamoto, K., Ger. Offen.,

2,155,411 (1972 )

98. Isaev, 0.V.,and Kushnerev, M.Ya., Proc. Accad. Sci. USSR ,

Phys. Chem. Sec., 124, 129 ( 1958 ); Engl. Transl.

99. Kernos, Yu.D.,and Moldavskii, B.C., J. Appl. Chem. USSR ,

33, 2555 ( 1960 ); Engl. Transl.

100.Rienacker, G.Z., Acta Chim. Acad. Sc. Hung., 14, 173 (1958 )

101.Continental Co. Ltd., British Pat., 805,776 (1958 ); C.A 53-17905g

102 Farbenfabriken Bayer, A.G., British Pat., 839,808 ( 1960 )

103.Hadley, D.J.,and Heap, R., ( to Distillers Co Ltd.) British

Pat., 704,388 (1954 )

104.Mantecatini, G., British Pat., 847,564 ( 1960 )

105,Hadley, D.J.,and Distillers Co Ltd., British Pat., 648,386

C1951); CA 45=57134c

106.Distillers Co Ltd. ,Hadley, D.J.,Head, R.,and Nichol, R., British

Pat., 655,210 ( 1951); C.A 46-6668c

107.Mann, R.S.,and Rouleau, C., Ind. Eng. Chem., Prod. Res.and Dev.,

3, 94 ( 1964 )

108.Gorokhovatskii, Ya.b.,and Vovyanko, I.I., Katal. Katal. Akad.

Nauk. SSSR , Resp. Mezh. Sb., 5, 18 ( 1969 ); C.A 72-48003s

109.Gorokhovatskii, Ya.B., Katal. Katal. Akad. Nauk. SSSR ,

Resp. Mezh. Sb., 1, 71 ( 1965 ); C.A 64-4894f

110.Popova, N.I.,Mil'man, F A.,and Latysheva, L.E., ( Inst. Chem.

Irkutsk ) Izves. Sibir. Otdel. Akad. Nauk. SSSR , 7, ( 1961 )

=210=.



111.0da, Y.;Uchijima, K.,and Fumani, F., Jap. 6913,488 ( 1969)

112.Hagiwara, K., Ger. Offen. 2,038,998 (1971 )

113.Nariya, T.,and Nisijima, Y., Jap. 6914,928 ( 1969 )

- 114.Deutsche Erdoel A-G., Fr. Pat., 1,558,233 ( 1969 )

115.Shel1 International Res. Maatsh. N. Y., Neth. Appl,

6,605,325 (1966 )

116.Tichy, J.,and Zavodsky, P., Chem. Prum. 22, 348 ( 1972 )

117.Uchijima, K.,and Oda, Y., Asahi Gavasu Kenkyu Hokoku

18 , 11 (1968); C.A 70-67334a

118.Mann, R.S.,and Yao, K.S., Dech. Monogr. Band, 68 ,329 ( 1971 )

119.Mann, R.S.,and Ko, D.W., J. Catalysis, 30 , 276 ( 1973 )

120. Mathur, N.B., In " FLUIDISATION " ( Dayidson & Harrrison, eds )

Academic press, London and New York (1971) .

121. Ergun, S., Chem. Eng. Prog. 48 , 89 (1952 )

122. Kozeny, J., Uber Kapillare Leitung des Wassers im Boden

S. B. Akad. Wiss. Wien, Adt. Ila, 136, 271 ( 1927 )

123. Carman, P.C, Tran. Inst. Chem. Eng. London, 38 ,79 ( 1937 )

124. Kunii & Levenspiel " Fluidisation Engineering " J. Wiley

& sons , New York, ( 1969 ).

125. Leva, W.K., " Fluidisation " , Mc Graw Hill, New York, ( 1959 ).

126. Zenz, F.A., " Encyclopedia of Chemical Technology " .

first supplement volume, ed. Kirk, R.E.

127. Richardson, J.F., In " FLUIDISATION " ( Davidson & Harrison, eds )

Academic Press, London and New York , ( 1971) .

128. Wen, C.Y,,and Yu, Y.H., A.I.Ch.Engrs. Jl., 12 , 610 ( 1966 )

129, Shirai, T., Ph. D thesis, Tokyo Institute of Technology,

C1954 ).

See



130.

131.

432.

aS

134,

135

136.

137

138.

139.

140.

141.

142.

143.

144.

145.

146.

147.

148,

Hiraki I., Personal communication. from Kunii & Levenspiel (124)

Withelm, R.H.,and Kwauk, M., Chem. Eng. Progr., 44 , 201 (1948)

Richardson, J.F.,and Zaki, W.N., Trans. Inst. Chem. Eng.

32 , 35 (1954 )

Richardson, J.F.,and Zaki, W.N., Chem. Eng. Sci. 3 , 65 ( 1954 )

Adler, I.L.,and Happel, J., Chem. Eng. Prog. Symposium

Series, 58 ,98 ( 1962 ).

Happel, J., A.I.Ch.E. J1., 4 , 197 ( 1958 )

Richardson, J.F.,and Davies, L., Trans. Inst. Chem. Eng.,

44 , 293 ( 1966 )

Rowe, P.N.,Partridge, B.A. ,Cheney, A.G.,Henwood, G.A. ,and

Lyall, E., Trans. Inst. Chem. Eng., 43 , 271 ( 1965 ).

Kunii, D.,Yoshida, K.,and Hiraki, I.,"Proceedings of Interna-

tional Symposium ahd Fluidieation, Amsterdam 1967 , ( Nether-

lands University Press. )

Geldart, D., Powder Techn., 7 , 285 ( 1973 )

De-Jong, J.A.H.,and Nomden, J.F., Powder Techn., 9 ,91 ( 1974 )

Danckwerts, P.V., Chem. Eng. Sci. 2,1 ( 1953 )

Wehmer, J.F.,and Wilhelm, H.R., Chem. Eng. Sci., 6 ,89 ( 1956 )

Ishii, T.,and Osberg, G.L., A.I.Ch.E. J1., 11, 279 (1965 )

Singer, E.,Todd, D.B.,and Guinn, V.P., Ind. Eng. Chem.

49 , 11 (1957 )

Qvercashier, R.H.,Todd, D.B.,and Olney, R.B., A.I.Ch.E. Jl.,

5 , 54 (1959 )

Gilliland, E.R.,and Mason, L.A., Ind. Eng. Chem., 41 ,1191 (1949)

ibid. ,44 , 218 ( 1952 )

Brammer, K.R.,Schugerl,K.,and Schiemann, G., Chem. Eng. Sci.

22, 573 ( 1967 )

=272—



149.

150.

151.

152.

153.

154.

155.

156.

157.

158.

159.

160.

161.

162.

163.

164.

165.

Toomey, R.D.,and Johnstone, H.F., Chem. Eng. Prog.,

48 , 290, (1952 ).

Johnstone, H.F.,Bachelor, J.D.,and Shen, C.¥., A.I.Ch.E. J1.,

1, 318 C1955}

Shen, C.¥.,and Johnstone, H.F., A.I-Ch.E. J1., 1 ,349 (1955)

Toomey, R.D.,and Johnstone, H.F., Chem. Eng. Prog.,

48 , 5 (1952 )

Mathis, J.F.,and Watson, C.C., A.I.Ch.E. Jl., 2 »518 ( 1956 )

Lewis, W.K.,Gilliland, E.R.,and Glass, W., A.I.Ch.E. Jl.,

5 , 419 C1959 }.

May, W.G., Chem. Eng. Prog-, 55 , 49 (1959 }

Morse,R.D.,and Ballou, C.0., Chem. Eng. Progr., 47 ,199 (1951).

Yashui, G.,and Johanson, L.N., A.I.Ch.E. J1., 4 ,445 (1958 ).

Baumgarten, P.K.,and Pigford, R.L., A.I.Cu.E. J1.,

6 , 115 ( 1960 ).

Davidson, J.F., Trans. Inst. Chem. Engrs., 39 , 230 ( 1961 ).

Orcutt, J.C. ,Davidson, J.F.,and Pigford, R.L., Chem. Eng.

Progr. Symposium Series, 58 , 1 ( 1962 ).

Davies, R.M.,and Taylor, I.G., Proc. Roy. Soc., A200,

375 (1950 ).

Baird, M.H.I.,and Davidson, J.F., Chem. Eng. Sci., 17, 87 (1962).

Orcutt, J.C., Ph. D. thesis, University of Delaware.,

Newark, Delaware ( 1960 ).

Harrison, D.,and Leung, L.S., Trans. Insts. Chem. Engrs.,

40 , 146 ( 1962 ).

Rowe, P.N.,Partridge, B.A.,Lyall, E.,and Arden, G.M.,

Nature , 195 , 278 ( 1962 ).

Lt 3



166.

167.

168.

169.

170.

171.

172.

173.

174,

175.

176.

177.

178.

179.

180.

181.

182.

Toei, R.,and Matsumo, R., "Proceedings of International

Symposium on Fluidisation " ,Amsterdam, 1967, ( Netherlands

University Press. ).

Lancaster, F.H., Ph. D. thesis, University of Edinburgh (1965).

Toor, F.D., Ph. D. thesis, University of Edinburgh ( 1967 ).

Angelino, H.,Charzal, C.,and Williams, R., Chem. Eng. Sci.

19 , 289 ( 1964 ).

Calderhank, P.H.,and Toor, F.D., In "FLUIDISATION" ( Davidson

& Harrison, eds. ) Academic Press, London and New York, 1971

Hougen, 0.A.,and Marshall, W.R., Chem. Eng. Progr.,

43 , 197 ( 1947 }

Gamson, B.W.,Thodos, G.,and Hougen, 0.A., Trans. Am. Inst.

Chem. Eng., 39,1 (1943 )

Wilke, C.R.,and Hougen, 0.A., Trans. Am. Inst. Chem. Eng.

41 , 445 (1945 ).

Hurt, D.M., Ind. Eng. Chem., 35 , 522 ( 1943 )

Amundson, N.R., Journal Physical and Colloid Chemistry,

5275) 4153, 1948)

Dbids ,o6 54 % (812) C1950.)

Kasten, P.R.,and Amundson, N.R., Ind. Eng. Chem., 42 ,1341 (1950)

Kasten, P.R.,Lapidus, L.,and Amundson, N.R., Journal of

Physical Chemistry , 56 , 683 (1952 ).

Rosen, J.B., Journal of Applied Physics , 20 , 387 ( 1952 ).

Beek, J.W., In "FLUIDISATION" ( Davidson & Harrison,eds)

Academic Press, London and New York , (1971)

Jottrand, D.,and Grunchard, F., Third Congress of the Eur.

Fed, of Chem. Engrs., London , 74 ( 1962 )

Jaganadharaju, G.I.,and Rao Venkata, C., Indian Jl. of Techn.

35. 201 ©1965.)

-274-



183.

184.

185.

186.

187.

188.

189.

190.

193",

192.

193.

194.

195.

196.

197.

198.

199,

200.

Coeuret, F.,Le Goff, P.,and Vergens, F., Proc. of the International

Symposium on Fluidisation, 537, Eindhoven ( 1967 ).

Gupta, A.S.,and Thodos, G., A.I.Ch.E. Jl., 9 ,751 ( 1963 ).

Ziegler, E.N.,and Holmes, J.T., Chem. Eng. Sci.

21 , 117 (€ 1966 )

Chu, J.C. ,Kalil, J.,and Wetteroth, W.A., Chem. Eng. Progr.,

49 bd GL 953")

Gamson,B.W.,and Thodos, G., Trans. Am. Inst. Chem. Eng.,

38,1 (1943)

Mc Cune, L.K.,and Wilhelm, R.H., Ind. Eng. Chem., 41 ,1124 (1949)

Fan, L.T.,Yang, Y.C.,and Wen, C.Y., A.I.Ch.E. Jl.,

Gy) 482 =C.1960 ).

Riccetti, R.E.,and Thodos, G., A.I.Ch.E. J1., 7 , 442 ( 1961 )

Petrovic, J.J.,and Thodos, G., Can. J. of Chem. Eng.

46 , 2 ( 1968 )

Richardson, J.F.,and Bakhtiar, A.G., Trans. Inst. Chem. Eng.

36 , 283 (1958 ).

Chu, J.C., "Fluidisation" ( Othmer, D.E., eds ), New York ,1956

Thones, D.,and Kramers, H., Chem. Eng. Sci., 8.52712 C1558)..

Richardson, J.F.,and Szekely, J., Trans. Insts. Chem. Eng.

39 , 212 9( 1961 ).

Gupta, S.A.,and Thodos, G., Chem. Eng. Progr., 58 , 58 ( 1962 ).

Van Deempter, J.J., Chem. Eng. Sci. 13 , 143 ( 1961 )

Lanneau , J.F., Trans. Inst. Chem. Eng. 38 ,125 ( 1960 )

Mamuro, T.,and Muchi, I., Intern. Chem. Eng.

D532. @ 1965")

Muchi. I., Memories of the faculty of engineering,

Nagoya University, 17 , 79 ( 1965 )

—275—=



201.

202.

203.

204.

tion

205.

206.

207.

208.

209.

210.

211.

212.

213%

214.

215.

216.

217,

218.

219,

Kobayashi, H.,Arai, F.,Chiba, T.,and Tanaki, Y.,

Kagaku Kogaku, 33 , 274 ( 1969 )

Mireur, J.P.,and Bischoff, K.B., A.I.Ch.E. J1., 13 ,839 (1967)

Rowe, P.N., Chem. Eng. Progr. 60, 75 (1964 )

Toor, F.D.,and Calderbank, H.P., In "Proceedings of the Interna-

tional Symposium on Fluidisation" 373 , Netherlands University

Press, Amsterdam ( 1967 )

Partridge, B.A.,and Rowe, P.N., Trans. Inst. Chem. Eng.,

44 , 335 ( 1966 )

Mori, S., and Wen, C.Y., Paper presented at International

Fluidisation Gonference. Pacific Grove , III-5 ( 1975 )

Chiba, T.,and Cobayashi, H., Chem. Eng. Sci. 25 , 1375 ( 1970 )

Mekewi, M., Ph. D. thesis, The City University , London 1977.

Paple, Me, JL. cf Gas Cnr. 6.493 . XC 3966 3

PYE UNICAM Technical Manual, Booklet 14,9.

Ambrose,D,, "Gas chromatography" ,Buterworth ,London ,1971

Hollias, 0.L., Anal. Chem., 38 , 309 ( 1966 ).

Cross, R.A.,. Nature, 211 , 409 (1966)

Hollins, 0 L.,and Haynes, W.V., " Gas Chromatography ",

Littlewood, A.B., Elsevier , 1967 .

Hrunaer, S.,Emmet, P,,and Teller, E., J. Am. Chem, Soc.

60 , 309 (1938)

Brunaer, $.,Deming, L,S.,and Teller, E., J. Am. Chem, Soc.

62 , 1723 (1940) .

Brunaer, $., "The Adsorption of Gases and Vapours" v.1

Princeton University Press, New Jersey (1945).

Enmet, P.H., Advances in Colloid Sci. 1 , 1 (1942)

Emmet, P.H,, and Brunaer, S., J, Am. Chem. Soc.

59 , 1553 (1937)

216 —



220.

221.

222,

223,

224,

225.

226.

Ly

228.

229.

23h.

232.

233.

234.

Brown, G.G., "Unit Operations" , J, Wiley & sons New York ,1957

Dev, » Project report , The City University, London, 1978 .

Iacovidies, A., Project report, The City University, London

1979.

Streatfield, R. E., Ph, D, thesis , The City University,

London , 1970 .

Mc Grath, L,,and Streatfield,R .E ., Trans. Inst, Chem. Eng,

49 , 70 (1971)

Clark. G.M.,and Doyle, W.P., S,ectrochim. Acta 22 31441 (1966)

Ykeda, Y., Chem. Eng. Tokyo , 34 , 1013 (1970)

Zenz, F.A., Hydrocarbon Processing , 46 , 171 (1967)

Bergougnou, M.A., A.I.Ch.E. ,Symposium Series , 70 ,7 (1971)

Godard, K.,and Richardson, J.F., In Pirie, "Fluidisation" ,

Trip. Chem. Eng. Conference, Mondreal ,114., Inst. Chem. Engrs.

London, 1968

. Alferson, P.G.,and Doig, I.D., In "Chemica 70" , sl ,117,

Butterworths and Inst. Chem. Engrs., 1970

Rowe, P.N.,Partridge, B.A.,and Yates, J.G. in Drinkenburg,A.H.H.,

eds, "Proceedings of the International Symposium on flui-

disation", Eindhoven 1967 , p711 ( Amsterdam: Netherlands

University Press )

Godard , K., and Richardson, J.F., Chem. Eng. Sci. 24 ,663 (1969)

Rowg P.N., Chem. Eng. Sci., 24 , 415 (1969)

Baeyens, I.,and Geldart, D., "La Fluidisation et ses

Applications" , Toulouse 182, Societe Chimie Industriele (1973)

cay oe



235.

236.

237.

238.

239.

240.

241.

242.

243.

Geldart, D., Powder Tec.:nol. , 1 , 335 (1967)

Gagbiostro, D.E., Ph. D. thesis , University of California ,1968

Margolis, L..a.,Malvarova,E.P.,and Roginskii, S.Z.,

Invest. Akad. Nauk S.S.S.R , Otdel. Khim. Nauk, 6 ,958 (1954)

Gilliland, E.R., and Knudsen, C.W., A.1.Ch.E. Symposium

Series, 67 ,168 (1971)

Skirrow, G.,and Williams, A., Proc. Roy. Soc. (London) ,

1962, A268,p537 .

Hay,J.,Knox, J.H.,and Turner, M.C., 1055 Symposium on

Combustion, 331 (1965)

Godard, K.,and Richardson, J.F., Chem. Eng. Sci., 24 »194 (1969)

Volk, W.,Johnson,C.A.,and Statler, H.H., Chem. Eng. Progr.,

58 , 44 (1962)

Kl8psch, H.,and Weinspach, P., Chem. Ing. Techn. 49 , $11 (1977)

+ Novosad, J.,$mid, V.,and Smid, J., Chem. Ing. Techn., 49 ,915 (1977)

Fre



APPENDICES

=279-



II.2.a

II.2.b

TL,2-¢

‘Ee i) a

TI.2.e

eee en

TI.2.g

LIST_OF FIGURES

Specific rates of formation of 1) acrolein

2) co, 3) acids and 4) CO as functions

of the atomic ratio of tin to molybdenum

Selectivity of the conversion of propylene

into 1) acrolein and 2) acids as functions

of the composition of tin-molybdenum oxide

catalysts.

Specific rates of formation of 1) acrolein

2) co, 3) the selectivity of the conversion

to acrolein as functins of the atomic ratio

of Sn to Sb.

Specific rates of formation of 1) acrolein

2) co, 3) the selectivity of the conversion

to acrolein as functions of the atomic ratio

of Sb to Mo.

Specific rates of formation of 1) acrolein

2) co, 3) the selectivity of the coversion

to acrolein as functions of the atomic ratio

Of ) Shin toe Ba.

Percent 165 acrolein in the total acrolein

formed in propylene + a reaction on Sn:Sb

(1:3) catalyst ( T= 623 % )

Percent ey in oxygen of co, formed in

-280- -

Page No

20

20

2y

21

22

35

35



Ii.2.h

R24

Il.3.a

II.3.b

II.3.c

ITiAca

II.4.b

II.4.¢

Il.4.d

II.4.e

TDs

IL.4.g

I1.4.h

IL.4.i

Ith.

II.4.k

EL.4.1

Il.4.m

II.4.n

propylene + 18) reaction on Sn:Sb (1:3)

catalyst (T= 623 K Yrs

Propene conversion variation with gas volu-

me per hour

Variation of selectivity percentage with that

of conversion

Variation of conversion and selectivity with

reactants feed ratio.

Effect of the reciprocal of the flow velocity

on conversion and yields.

Variation of conversion, Xo and selectivities

&m ? ®co * *co, » with temperature

Fixed bed

Minimum fluidised bed

Expanded bed

Bubbling bed

Slugging bed

Ideal pressure drop in fluidised beds (129)

Effect of presence of non fluidised regions

in bed

The slugging phenomenon ( results by Hiraki (130))

Classification of solid particles by Geldart (139)

The bubble free region (140)

Application of the dispersion model (170)

Test of data with the dispersion model (143)

The two phase model

Flow of gas around a rising bubble in fluidised

beds

28 1—

45

45

a?

oF

61

65

65

65

65

65

74

74

aS

eS

AQ,

83

83

88

88



II.4.0

IL.4.p

ELS4Sg

Il.4.r

Il.4.s

IL.4.t

II.4.u

Il.4.v

IL.4.w

Ilf.l.a

TII.1.b

IIl.2.a

TIL.2.b

IIl.2.¢

TII.3.a

TITs3.6

IIT.3.¢

III.3.d

Iv.l.a

Iv.1.b

IV.2.a

Iv.3.a

Test of Orcutt's results with the bubble model

Test of Orcutt's results with the bubble model

Test of Orcutt's results with the bubble model

Test of Orcutt's results with the bubble model

Comparison between experimental data and the

bubble assemblage model (170)

Comparison between experimental data and the

bubble assemblage model (170)

Comparison between experimental data and the

bubble assemblage model (170)

Comparison between experimental data and the

hubble assemblage model (170)

Schematic diagram of the experimental setup

for the oxidation experiments

The reactor system

Functional diagram of gas sampling valve

Typical chromatogram.

N.M.R. spectrum for distilled methacrolein

Data processing computer program

Calculations computer programm

Regression analysis routine.

Computer plot routine.

i.r spectrum of Bi:Mo 1:1 catalyst (nujol null)

i.x spectrum of Bi:Mo 1:1 catalyst (KBr disc)

Pressure drop variation with gas velocity

( Weight of catalyst 30.1 g )

Conversion,selectivity and yields variation with

-282-

89

89

90

90

94

94

95

95

120

125

127

130

134

145

148

150

154

163

164

167

174



Iy.3.b

IV.4.a

Iv.4.b

IV.4.c

IV.4.d

Iv.4.e

IV.4.£

IV.5.a

Iv.5.b

Iv.5.¢

Iv.5.d

temperature during the gas phase oxidation of

isobutylene ( Cig / o, = 0.983 )

Conversion,selectivity and yields variation

with temperature during the gas phase oxi-

dation of isobutylene. ( C,H,/0, = 0.467 )

Conversion,selectivity and yields variation

with temperature during the gas phase oxida-

tion of isobutylene ( C,Hg/0, = 0.272 )

Isothermal first order plot for the oxidation

of isobutylene to methacrolein ( T = 405 °c )

Isothermal first order plot for the oxidation

of isobutylene to methacrolein ( T = 445 2c yi

Isothermal first order plot for the oxidation

of isobutylene to methacrolein ( T = 462 °c )

Isothermal first order ,lot for the oxidation

of propylene to acrolein ( T = 405 ecay

Isothermal first order plot for the oxidation

o£ propylene to acrolein ( T= 445 2g )

Isothermal first order plot for the oxidation

of propylene to acrolein ( T = 462 2a)

Comparison of experimental with theoretically

predicted conversions ( Results at minimum flui-

disation velocity )

Effect of conversion on selectivity and yields

(7 = 402 0).

Effect of conversion on selectivity and yields

CT = 442°C).

Effect of conversion on selectivity and yields

CT = 453.5 °c )

=—233—

175

176

182

183

184

189

190

191

202

203

204

205



Iv.5.e

TVs Ove

Iv.5.g

Iv,.5.h

Iv.5.i

IV.5.5

Iv,5.k

Iv,5.1

Iv.5.m

V.3.¢

Effect of conversion on selectivity and yields

(T= 463 °c) .

Effect of conversion on selectivity and yields

( T = 469.5 °c )

Effect of conversion on selectivity and yields

(T= 471 °c )

Effect of conversion on selectivity and yields

( T = 500 °c )

Effect of conversion on selectivity and yields

( T = 537 °c )

Effect of temperature on conversion,selectivity

and yields ( C,H, /0, = 0,983).

Effect of temperature on conversion,selectivity

and yields ( C,H,/0, = 0.465) .

Effect cf temperature on conversion,selectivity

and yields ( C,Hg/0, = 052100 s

Comparison of experimental with theoretically

predicted conversions ( Results at low super-

ficial gas velocities )

Relationship between bed expansion rationand

excess gas velocity for the a, = 169 m

( 85 - 120 mesh )

Relationship between bed wxpansion ratio and

excess gas velocity for a, = 239 m

( 60 - 80 mesh )

Dependence of ratio of observed to calculated

bubble diameter on particle size as shown by

Geldart and Streatfield

~286-

206

207

208

209

210

212

213

214

219

234

235

236



V.3.d

V.5.a

V.5.b

Dependence of ratio of observed to calculated

bubble diameter on particle size

Dependence of ratio of ovserved to calculated

bubble diameter on particle size

Test of experimental data with the dissersion

model

Test of experimental data with Orcutt's fluid-bed

model

ee,

237

238

253

258



ye Il.2ca

I1.2.b

IL.2.¢

1I.2.d

TI.2.e

II.3.a

I1.3.b

Il.4.a

IL.4.b

III.l.a

ILd, 2.4

TLL. 2:b

ILE.2.¢

LIST OF TABLES

Page

Classification of catalysts by

Rubanic et al (21)

Activation energies for various cata>

lyst compositions. (46)

Oxidation of feccorrenenerl (62)

Oxidation of propene by a deuterated

catalyst at 450 °C (62).

Specific radioactivities r of CO

and Cou, ex photochemical decomposi-

tion of acrolein ex catalytic oxidation

of propylene.

Proposed catalysts for the selective oxi-

dation of isobutylene to methacrolein.

Activation energies and pre-exponential

factors for pseudo-first order kinetics

Fluid-bed reactor models "GROUP I"

Fluid-bed reactor models "GROUP II"

Calibration table of the flow-rate control

valves

Operating conditions for the chosen column

packings

Calibration factors for compounds identified

by F.1I.D. gas chromatograph

Calibration factors for compounts identified

by katharometer gas chromatograph.

=286-

No

23

32

39

39

42

49

61

98

103

123

129

16

136



IvV.1l.a

Iv.1.b

IV.2,a

Iv.2,b

IV,3.b

Iv.4.a

IV.4.b

Iv.4.c

Iv.4.d

IV,4.e

Iv.4.f£

IV.5.a

Iv.5.b

Iv.5.c

Iv.5.d

Iv.5.e

IV.5.£

IV. 5ug

Iv.5.h

Determination of surface area, Bi:Mo

particles 67 wm,

Physical properties of Bi:Mo catalyst

Effect of stirrer on bed behavior ( Weight

of catalyst 30.1 g).

Catalyst transport at varying gas flow-rate

( Weight of catalyst 30.1 g).

Gas phase oxidation of isobutylene.

Oxidation of isobutylene to methacrolein

at 405 °C ( fixed-bed data ) .

Oxidation of isobutylene to methacrolein

at 445 °C ( fixed-bed data )

Oxidation of isobutylene to methacrolein

at 462 °c ( fixed-bed data) ,

Oxidation of propylene to acrolein

at 405 °c ( fixed-bed data )

Oxidation of propylene to acrolein

at 445 °C ( fixed bed data) .

Oxidation of propylene to acrolein

at 462 °c ( fixed-bed data) .

Oxidation of isobutylene by Bi:Mo at 402 °c.

Oxidation of isobutylene by Bi:Mo at 442 Pc.

Oxidation of isobutylene by Bi:Mo at 453.5 “i

Oxidation of isobutylene by Bi:Mo at 463 2G

Oxidation of isobutylene by Bi:Mo at 469.5 ee

Oxidation of isobutylene by Bi:Mo at 471 oc

Oxidation of isobutylene by Bi:Mo at 500 ec

Oxid-tion of isobutylene by Bi:Mo at 537 %

=287—-

162

165

168

170

173

179

180

181

186

187

188

193

194

195

196

197

198

199

200



EV Ded. Catalytic oxidation of isobutylene by Bi:Mo 216

at various gas flow-rates ( T = 400 % eS

TV.543 Catalytic oxidation of isobutylene by Bi:Mo au

at various gas flow-rates (T = 463 °c ).

; Iv,5.k Catalytic oxidation of isobutylene by Bi:Mo 218

at various gas flow rates

Neda. Physical properties of bismuth molybdate catalyst 226

V.4.a Analysis of variance for the oxidation of

propylene over Bi:Mo catalyst ( fixed bed results) 245

V.4.b Analysis of variance for the oxidation of isobu-

tylene over Bi:Mo catalyst (fixed bed results) 246

V.5.a Analysis of variance and regression table 252

(results at minimum fluidisation velocity)

Vie5s Analysis of variance and regression table (re- 252

sults at low superficial gas velocities)

~ -288-



Til.1.a

Iv.l.a

Iv.1.b

V.3.a

V.3.¢

V.3.d

page No

Laboratory layout of the apparatus

Photomicrograph of a sample of Bi:Mo

catalyst . Magnification x89.4

Photomicrograph of a sample of Bi:Mo

catalyst , Magnification x103.8
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D1 eff

Catalyst pellet size ( equation II,1.8) , cm

Constant of bubble frequency relationship ( equation II.4.26 )

Cross sectional area of bed , ore

Constant of bubble frequency relationship ( equation I1I.4.26 )

Gas concentration in the bubble phase

Exit gas concentration

Inlet gas concentration

Gas concentration in the particulate phase

Particle diameter , cm

Average particle diameter , um

Diffusion coefficient , ae sec

Diffusion coefficient for bulk diffusion of species 1

in a mixture of species 1 and 2 5 ae sect

Diffusion coefficient for bulk diffusion of species 1

in a multicomponent mixture , ene Seca
Effective diffusion coefficient for a porous solid

under conditions of bulk or ordinary diffusion,based

on total cross section of porous solid normal to direction

of diffusion , cme aeece

Calculated bubble diameter from the simple two phase model ,cm

Observed bubble eruption diameter ,cm

Knudsen diffusion coefficient for a straight round pore

. ena sec?

* . : Ae ==)
Axial dispersion coefficient , g mole hr or cm sec

Molar velocity , mole rae

-290- .



iso

ae th

ox

Acceleration due to the gravity , 980 cm Bere

= ke

Conversion factor , 980 g cm sec “ g iu
; = <2

Mass velocity , g sec cm

Galileo number ( equation II.4.6 ) , dimensionless

Molar velocity , M/G , g Ala ane

Bed height , cm

Bed height at minimum fluidisation , cm

Rate constant

Number of reaction units , dimensionless

Rate constants

First order rate constant ( equation II.1.8) , secu:

. Adsorption coefficients

Overall mass transfer coefficient , cm sec

Mass transfer coefficient between fluid and particles

=,
>» cm sec

Mass transfer coefficient between wall and bed , cm sec

Adsorption coefficient for isobutylene

Adsorption coefficient for methacrolein

Adsorption coefficient for oxygen

e al Aes
First order rate constant , mole g hr

Molecular weight

Molecular weights

Average molecular weight for diffusing species (equation II.1.8)

Number of transfer units ( equation II.4.23 )

Froude number ,dimensionless

Peclet group ,dimensionless

Reynolds number , dimensionless
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N Schmidt number , dimensionless
Se

Noe Stanton number , dimensionless

ie Pressure , at or g* cutie

pe Initial pressure , at or g* oy

PyrPpeee Partial pressure for component A,B... , at or g* cme

Pe Total pressure in the reactor ( equation II.1.1) , at

q Total rate of interface gas exchange

‘T Absolute temperature , a

. Temperature of the reaction , Sc

Ty, Critical temperature , oe

u Interstitial velocity » cm sec”

U Superficial gas velocity ’, cih sec

We Absolute rise velocity of bubbles , cm sec”

uy Natural rise velocity of bubbles > cm is

U; Value of fluid velocity at voidage of unity ( equation II.4.11 )

som sec

ve Minimum velocity at which the bed is fully supported , cm sec =

Ue Gas velocity at the point of minimum fluidisation , cm sec

Lar Minimum bubbling velocity , cm sec >

wT Gas velocity through a bed of particles , cm sec.

UL Terminal free-falling velocity of particles ( equation II.4.11 )

male
>» cm sec

vy Bubble volume , em?

vy Linear velocity ( equation II,1.8 ) , cm sec >

W Weight of particles 7s

x Fractional conversion , dimensionless

Y: Mole fraction , dimensionless

Mi Logarithmic mean fraction of inert nondiffusing component

in a mixture ( equation I1,4.31 )
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Greek symbols

os

Dimensionless number defined in page 114

Dimensionless number defined in page 114

Dimensionless number defined in page 115

Dimensionless number defined in page 115

2
Pressure drop » mm CCL or g* cm

4

Void fraction ,dimensionless

Lennard-Jones force constant ( equation II.1.5 ),dimensionless

Void fraction for a packed bed , dimensionless

Void fraction at minimum fluidisation , dimensionless

Porogity of the catalyst ( equation II.1.9 )

ae pores / a pellet

Fraction of sites occupied by adsorbed gas,dimensionless

Viscocity of the fluid ae sec! a

Density , g cafe!

Density of solids , g nie

Density of gases , g cm.

Variance , dimensionless

Variance for carbon , dimensionless

Variance for oxygen , dimensionless

Experimental variance , dimensionless

Fitting variance ,dimensionless

Lennard-Jones force constant ( equation II.1.2° ), g

Radus of the pores ( equation II.1.10) , cm

Tortuosity factor,an empirical factor to correct for
ie

"turtuosity" and non uniformity of pores cross section

Average sphericity of particles ,dimensionless

"Collision integral" ( equation II.1.2 ) ,dimensionless
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